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Summary

The 2% century has been named ah& Century of Water Shortdgand its first and
second decades have been calledTag ‘Water Crisis Decadés

The world’s potable water supply, available to sappghe human, agriculture and
industrial needs, is being depleted at an alarmatg and the forecasts are for an
increased water scarcity in many regions aroundgtblee by the year 2020 due to: (i)
the continuous growth in population, tourist infrasture and industrial development,
(ii) the deterioration of water quality as a conssace of indiscriminate discharge of
both domestic and industrial effluents without asktq treatments. Water usage is
globally increased bgix times in the past 100 years and wiblubke again by 2050.
Water scarcity, however, encouraged the developrokmiternative water resources
and, because 97% of planet available water is septed bysalty water unavoidable
was the recourse to sea for alleviating worldwidertage water problem.

Nowadays, the global installed desalination cagatitinds at 52 million Fd and it is
expected to increase until to 107 million*ch in 2016. Among the desalination
technologies, membrane based systems are becoh@nmdst widely used processes,
whose installations account for close to 80% ofdalbalination facilities and provide
about 50% of the total capacity of desalinatiom{da

On the other hand, seawater desalination plantsecigally some negative impacts on
the environment due to the dumping of their conegtatwaste streams, often into
surface waters or into the oceans. It is therefogeessary to develop alternative
methods to ensure a more sustainable grow of desaln processes.

Ensuring safe future worldwide water supplies demands, today, ddvanced and
environmentally acceptable processes addressedeserpe water and to reduce its
consumption. The way to satisfy the increasing walemand under the constrains
imposed by the concept sifistainable developmeista complex problem. The solution
can be found in the innovative, low-cost, non-ptiy, defect-free and perfectly safe
industrial production processes pointing towafcess Intensification Strategy
avant-garde cycles whose design support the reduct pollutant emissions and a
more rational use of natural resources. An intergsind successful possibility to more
sustainable fresh water production is one more btffered byMembrane Engineering
whose basic aspects satisfy the requiremen®rotess Intensificationin particular,
the possibility to couple different membrane opereat in integrated systems provides
unprecedented opportunities in order (i) to develowre cost effective and
environmentally acceptable processes, (ii) to bee synergic effects in terms of better
performance of the overall system, (iii) to incredke recovery factor of the water
treatment system thus reducing brine disposal protdnd approaching the concept of
“zero-liquid-discharge; "total raw materials utilization” and ‘low energy
consumption” The integration of diverse but complementary memé units in the
Reverse Osmosis (RO) pre-treatment and post-treasteps, from the more traditional
pressure driven units (as Nanofiltration (NF), Blliliration (UF), Microfiltration
(MF)), to the membrane contactors (as Membraneill2aigin (MD) and Membrane
Crystallization (MCr)), offers the possibility ofvercoming the limits of the single
operations and is able to solve problems from waitaity, to brine disposal, to water
cost, to the increasing of the recovery factor, etc



In this work, the possibility of using integratedembrane desalination systems for
improving the current design and operation prastisemembrane operations used for
water desalination/purification has been investidafThe proposed approach is based
on the coupling of different membrane systems infR&treatment and post-treatment
stages.

In the pre-treatment steps, the selection of thetrappropriate pre-treatment processes
leads to the minimisation of membrane fouling peoblthereby reducing the operating
costs. Moreover, the recourse to NF as RO prertreatt process has implications on
the desalination process itself and not only on dbality of feed water because it
decreases the osmotic pressure of the RO feedhdnpbst-treatment stages, the
presence of MCr and/or MD, thanks to their intinsharacteristic of temperature
driven membrane processes, allow to produce fregbrvalso from highly concentrated
feeds (such as the brine streams) with which ROhaanperate due to the osmotic
phenomena. Therefore, the introduction of a MD/M@it downstream RO and/or NF
retentate allows to increase the overall recovewtofr, thus reducing the volume of
concentrated streams usually discharged by thdidasan plants and, in the case of
MCr, recovering the dissolved salts in the fornhigih-quality crystals. Moreover, since
MD/MCr technology operates on the principles of mapliquid equilibrium, only
volatile components are transferred through the bmane. This means that MD can be
also used for the treatment of waters containing-vaatile pollutants, in order to
convert them into pure waters. Therefore, parhefpresent research activity has been
addressed to study the potentialities of MD andawious integrated membrane systems
for boron (B) and arsenic (As) removal from poltlteaters.

Since various combinations are possible, differfiotv sheets (FS), for water
purification before and for seawater desalinatidtera have been analyzed and
compared in the present work.

For what concerns the problem of boron and arsemnoval, it is difficult to bring their
concentrations down their maximum recommended gal@3 mg/L and 1Qug/L,
respectively) due to their small sizes and neutnakge. Therefore, it becomes of great
importance the selection of a proper membrane @hie. obtained results have shown
that: only RO membranes or tight NF membraneseakyrefficient if arsenic is mainly
present as As(lll); As(V) can be effectively trehtey both RO and NF; the boron
rejection of the current RO membranes ranges fréft 8 96%, high values but not
sufficient for lowering the boron concentrationiufit3 mg/L; a membrane process that
allows to achieve the total boron and arsenic (fill) and As(V)) removal from
waters is instead MD; an integrated system RO+MDwhich a fraction of the RO
permeate is treated in a MD module, has been prtavée able not only to reduce the
concentration of these contaminants below theirimasm recommended values, but
also to produce fresh water at a cost competitiite that of the used conventional
processes.

For what concerns seawater desalination, the fatigpweven membrane systems have
been considered: FS1, constituted by RO precedembiwyentional pre-treatment; FS2,
in which RO operates on NF permeate; FS3, in whMé&hand NF have been introduced
as pre-treatment and load reduction to the follgWR®O unit. In the remaining four flow



sheets, at the basis scheme represented by FS3y add been added: MCr operates on

NF brine in FS4, on RO brine in FS5, both on RO Hikdbrine in FS6. In FS7, MCr

has been introduced on NF brine while MD operateRO brine.

The proposed desalination systems have been cothparthe basis of their energetic

requirement, exergetic efficiency, water cost, amiaf discharged brine, fresh water

and salts produced. Moreover, the use of the deec8listainable Metrichas allowed
to compare the processes with respect to their, swalularity, plant efficiency and
environmental impact. The achieved results havevsitbat:

v the introduction of a MCr unit, on one or on botentate streams, increases plant
recovery factor so much to reach 92.8% in FS6,dridgiitan that of a RO unit (about
40%) and much higher than that of a typical Mudiigt Flash (MSF, about 10%).

v' The presence of a MCr unit (in FS4, FS5, FS6 a8d)Rntroduces a thermal
energy requirement for heating the brine stream w&hath increases the global
energy demand and the water cost. However, in MD/M@cesses the required
operating temperatures are lower than that of cainweal evaporation processes
because it is not necessary to heat the processddigabove their boiling
temperatures. Therefore, low-grade, waste andfernative energy sources can be
coupled with MD/MCr systems. In this condition, egyeconsumption and desalted
water cost of the systems with MD/MCr units deceegesaching competitive values
with those of the other processes.

v Among the desalination systems without MCr unit3FSthat to prefer because of
the lowest cost and better quality of the produdeshlted water.

v Among the desalination process with MCr unit, F&&i¢h means the system with
MCr operation on NF and RO retentate streams)asotie to prefer when thermal
energy is available in the plaot the gain for the salts sale is considered beciause
Is characterized by:

- the highest recovery factor (92.8%),

- the lowest amount of drained off retentate stream,

- the lowest specific energy consumption and desaltddr cost,

- the highest modularity (M),

- productivity/sizeatio higher than FS7 and slightly lower than B84 FS5.

v' If thermal energy isot available in the plardr if the gain for the salts sale net
considered, FS5 (which means MCr operating only R@ brine) is the
desalination system with MCr unit to prefer for wltncerns specific energy
consumption, desalted water cost apbductivity/sizeratio. However, FS6
remains the best process for what concerns recdaetgr, waste production and
modularity.

As a consequence, the choice of the most converaent suitable membrane
desalination system depends by many parametess,ofirall by the possibility to use
alternative energy sources (solar, wind, geotheratal) and by seawater composition,
the latter of extreme importance because it infbesnthe amount and the quality of the
produced salts. In fact the carried out experinlemg¢ats have proved that the
crystallization kinetics, the sizes and the shapeaalium chloride and magnesium
sulphate heptahydrate (the salts that can be fofmoed the crystallization of NF and

RO brine) are linked to the nature and amount bkwotons and foreign substances

present in the crystallizing solutions. For exampla the concentration and

crystallization of NF retentate, the growth rateNafCl is accelerated by the presence of



other ions while it is inhibited by the presencehaimic acid (the main component of
the Natural Organic Matter contained in waterspnirthere the necessity to control the
composition of the MCr feed through the selectidntiee most suitable RO pre-
treatment, because humic acid as well as some esthEstances present in seawater,
besides causing fouling on RO membranes, can te#uetdeceleration of growth and
to the production of salts exhibiting undesirecsiz
The produced crystals have been characterized ansnef crystals size distribution
(CSD), middle diameter {J, cumulative function and coefficient of variatig@V); the
distribution of crystal dimensions, nucleation ayrowth rate have been studied as a
function of the retention time and slurry densitie kinetic parameters have been
joined in a power law relation describing the natlen rate as a function of the growth
rate and magma density. Moreover, the experimesttt have also allowed to test
fluid-dynamic effect on solvent trans-membrane #und crystals growth rate.
The achieved results have shown that rising reterflaw rate and temperature, trans-
membrane flux increases while the time for reachsougersaturation and crystals
formation decreases. The values of the obtainefficeat of variations are lower than
those from conventional equipments (equal to abb0%) and are therefore
characteristic of narrow crystal size distributicarsd of qualitatively better products.
The achieved kinetic parameters are in substaagaeéement with those reported in
literature for conventional crystallizers; the smaliscordances are due to the
differences in the hydraulic characteristics of ttmmpared crystallizers and to the
presence, in the MCr, of a membrane that impravesiticleation process.
During the carried out experimental tests special$ has been placed on the stability
and control of the MCr process by avoiding crystdposition inside the membrane
module and/or on membrane surface.
In the built lab plant, this problem has been agdith three different ways:

v" by re-circulating the solution in order to remowartitles eventually deposited

on the membrane surface;
v" by recovering the produced crystals through thgstals recovery system”;
v' by controlling the temperature of the solution flogr along the membrane
module given that the solubility of solids in sadut depends on temperature.

The achieved results have been encouraging: the-trembrane flux is kept almost
constant during all the experimental tests. Thismseno crystals deposition inside the
membrane module and/or on membrane surface.
For what concerns the problem of membrane foulmdViCr operation, it has been
controlled and managed by means of a proper memtmi@aaning: rinsing of the fouled
membrane with clean water and chemical solutiors digen about 100% of flux
recovery.

In conclusion, adoption of the integrated membmesalination systems with MCr unit
seems to have the potentiality of improving watesalination operations, by increasing
plant recovery factor, producing valuable crysfatsmedical/domestic/agricultural use,
reducing brine disposal problem and, above alhégative environmental impact.



Sommario

Il XXI Secolo é stato definito comdl“Secolo della Carenza di Acqua i suoi primi
due decenni comd Decenni della Crisi Idrica’

Le riserve di acqua potabile del pianeta, in gradsostenere le esigenze umane,
industriali e dell'agricoltura, si stanno esaurendd una velocita allarmante. Le
previsioni sono per un ulteriore carenza di acquaolte parti del mondo entro il 2020
a causa (i) della continua crescita della popotezie (ii) della deteriorante qualita delle
risorse idriche attualmente disponibili in segudiocontinui e spesso indifferenziati
scarichi degli effluenti domestici e industrialinga adeguati trattamenti. Il consumo
medio pro-capite & aumentato di circa sei voltelingitjmi 100 anni e si prevede
raddoppiera entro il 2050.

La carenza di acqua, comunque, ha promosso lopgdldi fonti idriche alternative e,
dato che il 97% della quantita di acqua utilizzaliel pianeta e presente sotto forma di
acqua salatainevitabile é stato il ricorso al mare per aliei il grave problema della
mancanza di acqua nel mondo.

Oggigiorno la quantita di acqua dissalata in tuttonondo si aggira intorno ai 52
milioni di m*d e ci si aspetta che aumentera fino ad arrivat®7amilioni n¥/d nel
2016. Per quanto riguarda poi la tecnologia adottegli impianti di dissalazione,
I'80% di questi utilizzano come tecnologia di sgz@one un processo a membrana e
forniscono circa il 50% della quantita totale dijaa dissalata.

D’altra parte, pero, il proliferare degli impiardi dissalazione causa impatti negativi
sull’'ambiente. Essi infatti producono correnti alente concentrate (retentatbaneg
che necessitano di essere smaltite e che, spemsgono direttamente scaricate nelle
acque superficiali o negli oceani. E’ necessariogie sviluppare processi alternativi
per assicurare la crescgastenibiledegli impianti di dissalazione.

Al momento, assicurare in futuro rifornimenti diga@a che siancicuri, significa
puntare ad utilizzare processi avanzati ed eco-atibip, atti a preservare la qualita
delle riserve idriche e a ridurne il consumo.

I modo di soddisfare la crescente domanda di asqpitd le limitazioni imposte dal
concetto diSviluppo Sostenibileé un problema complesso. Una possibile soluziarie p
essere trovata in quei processi innovativi, ecosgnmon inquinanti e sicuri che
soddisfano le richieste della strategia dé?rdcess Intensification” tecnologie
all'avanguardia pensate per ridurre le emissiomjuinanti e per un piu razionale
utilizzo delle risorse naturali. Un’interessante pessibile soluzione per una piu
sostenibile produzione di acqua potabile e offaraora una volta dalllngegneria
delle Membranele cui peculiarita soddisfano le richieste Bebcess Intensificatiarin
particolare, la possibilitd di accoppiare diverggerazioni a membrana in sistemi
integrati fornisce rilevanti opportunita (i) perilsppare processi economicamente piu
efficienti e con meno impatti sul’ambiente, (iigputilizzare i loro effetti sinergici in
termini di migliore rendimento globale del sistent@) per incrementare il fattore di
recupero degli attuali sistemi di trattamento acgigeicendo, di conseguenza, Il
problema di smaltimento dbtine e accostandosi ai concetti“dcarichi nulli”, “totale
utilizzo delle materie primeé “basso consumo energeticol’integrazione di diverse
ma complementari unita a membrana negli stadi el prpost-trattamento alla Osmosi
Inversa (RO), dai piu tradizionali processi a meamnlarindotti dalla pressione (quali la
Nanofiltrazione (NF), I'Ultrafiltrazione (UF), la Mrofiltrazione (MF)), ai contattori a
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membrana (come la Distillazione a Membrana (MDa €fistallizzazione a Membrana

(MCr)), offre la possibilita di superare i limitietle singole operazioni ed € in grado di
risolvere problemi come il miglioramento della dtéaldelle acque, la riduzione del

problema di smaltimento dddrine e del costo dellacqua, 'aumento del fattore di
recupero, ecc.

Nel presente lavoro di tesi € stata analizzatassipilita di utilizzare sistemi integrati a
membrana per migliorare il rendimento degli attyalbcessi a membrana usati nella
purificazione/dissalazione delle acque. L'approgmioposto si basa sull’accoppiamento
di diversi sistemi a membrana negli stadi di pegtmento e post-trattamento alla RO.
Un opportuno pre-trattamento riduce infatti i pexbi di sporcamento delle membrane
e, di conseguenza, i relativi costi operativi. trell'introduzione della NF come step di
pre-trattamento alla RO ha implicazioni sul procestesso di dissalazione e non solo
sulla qualita dell'acqua in alimentazione poichéaesduce la pressione osmotica della
corrente in alimentazione alla RO. Negli stepsaditgrattamento la presenza della MCr
e/o della MD, grazie alle loro caratteristiche iméeche di processi a membrana
promossi da una forza spingente di origine termazmsente di ottenere acqua ad
elevato grado di purezza anche da soluzioni alttsanemncentrate (come le correnti di
retentatg con le quali la RO non potrebbe operare a cawsdi @ffetti osmotici.
Pertanto, quando vengono inserite sulle correntietkntato della RO e/o della NF
consentono di incrementare il fattore di recupeeti’ichpianto riducendo, quindi, il
volume delle correnti concentrate solitamente saéeidagli impianti di dissalazione e,
nel caso della MCr, recuperando i sali presentaincorrenti sotto forma di cristalli di
alta qualitad. Inoltre, poiché la MD e la MCr opesasul principio dell’equilibrio
liquido-vapore, solo i componenti volatili vengotrasferiti attraverso la membrana.
Cio significa che la MD puo anche essere usatdapeurificazione di acque contenenti
sostanze inquinanti non-volatili. Pertanto, pa#adpresente attivita di ricerca e stata
rivolta a studiare le potenzialita della MD e drivsistemi integrati a membrana per la
rimozione di boro (B) e arsenico (As) dalle acquguinate.

Dato che varie sono le combinazioni possibili, diveflow-sheets (FS), per la
purificazione dell’acqua prima e per la dissalagiaell’acqua di mare dopo, sono stati
analizzati e confrontati nel presente lavoro.

Per quanto riguarda il problema della rimozionéalio e arsenico, e difficile abbassare
le loro concentrazioni nelle acque al di sotto tlelite massimo raccomandato
(rispettivamente 0.3 mg/L e 1@y/L) a causa delle loro piccole dimensioni e della
carica neutra. E’ pertanto di estrema importanzglggre un opportuna operazione a
membrana. | risultati ottenuti hanno mostrato dodtanto moduli a membrana da RO o
da NF con pori stretti sono realmente efficientaigdio I'arsenico € presente nelle acque
principalmente come As(ll); As(V) puo essere difetmente rimosso sia tramite la RO
che la NF; la reiezione del boro delle attuali meamle da RO varia tra I'89 e il 96%,
valori molto alti ma non tali da abbassarne la eom@zione fino a 0.3 mg/L; un
processo a membrana che consente, invece, di wtémeotale rimozione di boro e
arsenico dalle acque (sia As(lll) che As(V)) é I®MI sistema integrato RO+MD, in
cui parte del permeato della RO viene trattato inmodulo MD, si e dimostrato in
grado non solo di ridurre la concentrazione di¢alnponenti al di sotto del loro limite
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massimo ma anche di produrre acqua a costi conwpetitn quelli dei processi
convenzionali attualmente utilizzati.

Per quanto riguarda la dissalazione delle acquenatie, i seguenti sette sistemi a
membrana sono stati considerati: FS1, costituitbtadRO preceduta da un pre-
trattamento di tipo convenzionale; FS2, in cui [a Bpera sul permeato della NF; FS3,
in cui MF e NF sono state introdotte come predra@nto e riduzione del carico al
successivo stadio di RO. Nei restanti quattro flsheets, allo schema di base
rappresentato da FS3 e stata aggiunta la MCr: dhe-Stata inserita sul retentato della
NF, in FS5 su quello della RO, in FS6 sia sul retiendella NF che su quello della RO,
in FS7 sul retentato della NF mentre su quelloadBID e stato inserito uno stadio di
MD. | sistemi di dissalazione proposti sono statnfcontati in base alla loro richiesta
energetica ed efficienza exergetica, in termirgaito dell’acqua prodotta e in base alla
guantita di retentato scaricato, di acqua dissgleddotta e di sali ricavabili dalle unita
di cristallizzazione a membrana. Inoltre, l'utilzzlei cosi detti Sustainable Metrics”
ha permesso di confrontare i processi rispetto kl@ dimensione, modularita,
efficienza e impatto ambientale. | risultati ottédanno mostrato che:
v l'introduzione dei cristallizzatori a membrana, sa o su entrambe le correnti
di retentato, fa aumentare considerevolmentetfatdi recupero globale fino a
raggiungere il valore di 92,8% in FS6, ben piu ditquello ottenibile dalla sola
unita di RO (circa il 40%) e, comunque, molto pltoali quello di un tipico
impianto termico quale la Distillazione a Flash kgiadio (MSF, pari a circa il
10%).

v' La presenza del cristallizzatore a membrana (in, AS35, FS6 ed FS7)
introduce una richiesta energetica termica, necespar riscaldare la corrente
di retentato e che fa aumentare la domanda eneamggtobale e il costo
dellacqua. Tuttavia, nei processi di MD/MCr le teenature di esercizio sono
piu basse dei processi di evaporazione convenzipeathé non & necessario
riscaldare i liquidi di processo al di sopra dédleo temperatura di ebollizione.
Pertanto, fonti di energia alternativa e/o di St@dssono essere accoppiate con
i sistemi MD/MCr per sopperire ai fabbisogni eneigedel processo. In tali
condizioni il consumo di energia e il costo deljaa dissalata dei sistemi con
unita di MD/MCr si abbassano notevolmente raggimdgevalori competitivi
con quelli degli altri processi di dissalazione.

v' Tra i sistemi di dissalazione senza MCr, FS3 ¢ Ilqueh preferire perché
caratterizzato dal costo piu basso e dalla migloralita dell’acqua dissalata
prodotta.

v' Tra i sistemi di dissalazione con unita di MCr, K8%vero il processo con MCr
sulle correnti di retentato sia della NF che dé¥@) é quello da preferire
guando energia termica € disponibile nell'impiamtpuando si tiene conto del
ricavo proveniente dalla vendita dei sali perclog@llo caratterizzato

- dal fattore di recupero piu alto (92.8%),
- dal piu piccolo volume di retentato da scaricare,
- dalla piu bassa richiesta energetica e costo dgllia dissalata,
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- il pit modulare,

- il cui rapportoproduttivita/dimension& maggiore di FS7 e leggermente
inferiore di FS4 e FS5.

v' Se energia termicaon e disponibile nellimpiantco non si tiene conto del
ricavo proveniente dalla vendita dei sali, FS5 @ravil processo con unita di
MCr solo sul retentato della RO) € il sistema disdlazione con unita di MCr da
preferire per quello che riguarda il consumo spexifdi energia, il costo
dellacqua dissalata e il rapportproduttivita/dimensione Comunque, FS6
rimane il processo migliore per quello che riguaildéattore di recupero, la
guantita di prodotto di scarico prodotto e la madite.

Di conseguenza, la scelta del sistema di dissalaz&o membrana piu conveniente e
adatto dipende da molti parametri, innanzituttdadalossibilita di utilizzare fonti di
energia alternativa (solare, eolica, geotermice,)ecdalla composizione dell’acqua di
mare, questa ultima di estrema importanza perdhéeimeza la quantita e la qualita dei
sali prodotti. Difatti gli esperimenti condotti ham mostrato che le cinetiche di
cristallizzazione, le dimensioni e la forma delralo di sodio e del solfato di magnesio
eptaidrato (i sali che si possono formare dallatallizzazione del retentato della NF e
della RO) sono legati alla natura e alla quantitaltti ioni e sostanze estranee presenti
nelle soluzioni da cristallizzare. Per esempio)anebncentrazione e cristallizzazione
del retentato della NF, la velocita di crescitaalCl & accelerata dalla presenza di altri
ioni mentre € inibita dalla presenza di acido um{docomponente principale del
Materiale Organico Naturale contenuto nelle acqe)qui la necessita di controllare la
composizione della corrente in alimentazione d&ii@r attraverso la scelta del piu
adatto pre-trattamento alla RO, poiché l'acido umi le altre sostanze presenti
nellacqua di mare, oltre a causare sporcamentte meembrane da RO, possono
provocare la decelerazione della crescita e la ymiode di sali di dimensioni
indesiderate.

| cristalli prodotti sono stati caratterizzati trisenla distribuzione della dimensione dei
cristalli (CSD), il diametro medio {g, la funzione cumulativa e il coefficiente di
variazione (CV); la distribuzione delle dimensiodei cristalli, la velocita di
nucleazione e crescita sono stati studiati in fumzidel tempo di ritenzione e della
densita di magma; i parametri cinetici sono stattiun una relazione di potenza che
descrive la velocita di nucleazione in funzioneaeklocita di crescita e della densita
di magma. Inoltre, le prove di laboratorio hannoltenpermesso di testare I'effetto della
fluidodinamica sul flusso di trans-membrana di eabe e sulla velocita di crescita dei
cristalli.

| risultati ottenuti hanno mostrato che, aumentaladportata e la temperatura, il flusso
di trans-membrana aumenta mentre il tempo per waggre la sovrassaturazione e la
formazione dei cristalli diminuisce. | valori ottgn per il coefficiente di variazione
sono risultati piu bassi di quelli dei cristallizaa convenzionali (circa uguali al 50%) e
sono pertanto caratteristici di distribuzioni detlanensioni strette e di un prodotto
cristallino qualitativamente migliore. | parametinetici ottenuti sono in sostanziale
accordo con quelli riportati in letteratura perstallizzatori convenzionali; ovviamente
alcune discordanze sono presenti e sono dovuteddflerenze nelle caratteristiche
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idrauliche dei cristallizzatori confrontati e apjgesenza, nel MCr, di una membrana che
favorisce il processo di nucleazione.

Durante la conduzione delle prove sperimentali igheattenzione e stata rivolta al
controllo e alla stabilita del processo di MCr peitare che si crei accumulo di cristalli
sulla superficie della membrana e/o all'internomeldulo a membrana.

Nell'impianto di laboratorio, tale problema é statatato in tre diversi modi:

v’ ricircolando la soluzione in modo da rimuovere igaite eventualmente
depositate sulla superficie della membrana;

v recuperando i sali prodotti attraverso wistema di recupero cristalli

v controllando la temperatura della soluzione chesdk lungo il modulo a
membrana dato che la solubilitd dei solidi in smoe dipende dalla
temperatura.

| risultati ottenuti sono stati incoraggianti: iu$so di trans-membrana si € mantenuto
pressoché costante durante tutte le prove spemte@uesto significa che non si é
verificato I'accumulo di cristalli all'interno dehodulo a membrana e/o sulla superficie
della membrana.

Per quanto riguarda poi il problema dello sporcamelelle membrane nel processo di
MCr, questo problema e stato tenuto sotto conttoedimite un opportuno procedimento
di pulizia delle membrane: pulendo la membrana gpaon acqua pulita e con
soluzioni di alcune sostanze chimiche si & avuteegnpero del flusso di circa il 100%.

In conclusione, il ricorso a sistemi di dissalagdntegrati a membrana con unita di
Cristallizzazione a Membrana sembra avere le pahtazdi migliorare le operazioni di
dissalazione dell’acqua di mare, incrementandaattofe di recupero dell'impianto,
producendo cristalli di buona qualita per uso ddroesnedico/agricolo, riducendo il
problema di smaltimento dbline e, soprattutto, il suo negativo impatto sull’anmbe
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Introduction to the work

Together with the supply of energy and the envirental protection, fresh water is one
of the three keys elements for the sustainableldprent of every society. Fresh water
IS needed in agriculture, as drinking water, angr@sess water in a large variety of
industries. Where the availability of water canhetcarried out by using conventional
sources, unavoidable appears the resort of thermajter source: the sea. As a matter
of fact, desalination processes represent a valittisn to the water shortage problem
and their application has completely changed theason in many arid zones in the
world. The current global installed desalinatiopaeity stood at 52 million ffd. The
principal desalination processes are enclosed m mwain categories: thermal and
membrane separation methods. At present, Revens®<s (RO) is the most widely
used process, whose installations account for dlm$89% of all desalination facilities
and provide about the 50% of the total capacitgesfalination plants.

Despite the great success of membrane technologye sritical problems still remain
open, such as: improving the water quality, indrepsthe recovery factor of
desalination processes, reducing the global castis minimizing the brine disposal
impact. In effect, seawater desalination proceasepositively contributing to solve the
problem of water shortage but, at the same timey ttause locally some negative
impacts on the environment that need to be minidchize particular, nowadays, the
majority of desalination facilities discharge theancentrate waste streams into surface
waters or oceans. Currently, this disposal metepdesents the most effective and least
expensive option for both small and larger systdotated near coastal regions.
However, the promulgation of more and more strihgenvironmental protection
regulations is reducing progressively this oppatjunit is therefore necessary to
develop alternative methods not only for decreatiiegwater cost but also for ensuring
a more sustainable grow of desalination processes.

At present, the most interesting development fdugtrial membrane technologies are
related to the possibility afoupling different membrane operaticius overcoming the
limits of the single units and using their synergifects in terms of better performance
of the overall system. Thmtegration of various membrane unitsay contributeto
decreasen particularproblems related to water recovery factor, brinsposal, cost
and quality of waterandfor reachingall the important benefits in the logic Bfocess
Intensification This is a new strategy which consists in the tgraent of avant-garde
techniques that, compared to those commonly ustal/t@re expected to bring drastic
improvements in manufacturing and processing, salisily decreasing equipment
size/production capacity ratio, energy consumptorrwaste production.

As a matter of fact, in the last years the religbitf RO is greatly increased also as a
consequence of the development of other various breeme operations (such as
microfiltration (MF), ultrafiltration (UF) and naffigiration (NF)), that can be combined
with RO in thepre-treatment steps: MF is an obvious technique fer rémoval of
suspended solids and large bacteria thus provaliR@ feedwater of good quality with
consequent extension of membranes life time andctexh of their maintenance and
replacement costs; the introduction of NF as peattnent step leads to significant
improvement in the reliability of RO because it gses the osmotic pressure of the
RO feed stream thus allowing to the unit to opesdthigher recovery factors without
scaling problems.
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In this logic well fit in also Membrane Distillatio(MD) and Membrane Crystallization
(MCr) techniques that can be combined with RO mpbsttreatment steps. MD is a
temperature-driven membrane operation which is hited by concentration
polarization phenomena as it is the case in presduven processes. This means that it
allows to obtain fresh water also from highly camicated aqueous solutions with
which RO cannot operate. Therefore, when MD operateRO brine, more fresh water
can be produced thus increasing the recovery fafttre desalination plant. MCr has
been recently proposed as one of the most integesind promising extension of the
MD concept, an innovative process for the quasltogcovery of the desalted water
combined to solid salts production. As a mattefact, this innovative technology uses
evaporative mass transfer of volatile solvents uglo microporous hydrophobic
membranes in order to concentrate feed solutiomwealtheir saturation limit, thus
attaining a supersaturated environment where dsystay nucleate and grow. When a
MCr follows an NF or an RO stage, the highly corae brine does not represent
waste but the mother liquor in which crystals caultleate and grow.

Membrane crystallizer has another advantage: raductl to eliminate brine disposal
problem.

In the concentration and crystallization proceks, knowledge and the control of the
composition of the feed solutions are of extrem@adrtance in order to aim to the
production of salts of high quality, whose struetirand morphologies (size, size
distribution, shape, habit) are adequate to reptese valuable product thus
transforming the traditional brine disposal coshinew and profitable market.
Moreover, new problems are recently gaining widerdion in the water treatment
community, such as those related to pollutants vaiimom water (like boron, arsenic
and pharmaceuticals compounds) due to their adedfsets both on human health and
on agriculture, and to their growing consumptiorcurrent industry, as in the case of
arsenic whose use as an intermediary in the matuuéaof electronic products has been
growing with total use up 13% between 1990 and 196ce MD operation operates
on the principles of vapour-liquid equilibrium, gntolatile components are transferred
through the membrane. As a consequence, MD orratisd) membrane systems with
MD units can be used for the treatment of pollweder in order to convert it into pure
water and in a concentrate containing the subssgm@sent in the parent solution.

The work presented in this thesis has four maireahjes. The first purpose is to
propose and analyse different possible flow shemtseawater desalination based on
integrated membrane operations. In order to relaishgbal, a good knowledge of each
membrane unit is necessary in order to find thetroosvenient integration and for a
systematic analysis of possible advantages or drekgbdue to the introduction of a
membrane stage instead of a conventional unit.

The second purpose is the comparison of the prdpdssalination systems on the basis
of the quality and characteristics of the produtesh water and salts, of the discharged
brine, of the desalted water cost, of the energuirement and exergy efficiency. The
third and main purpose of the present work is 8, texperimentally, the potentialities
of membrane crystallization for the exploitation ®dme components contained in
seawater, in terms of amount and characteristitiseoproduced crystals and in terms of
control of the stability of the process. Finallhetfourth objective is related to the
analysis of the efficiency of an innovative intdégchmembrane based process for water
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purification. In the proposed system, conventigraksure driven membrane separation
units are combined with membrane contactor tectyyofor the production of water
streams with boron and arsenic concentrations beélmvWHO (the World Health
Organization) and EPA (the U.S. Environmental Rrodé Agency) maximum
recommended values.

The thesis is composed of seven chapters. TheCliapter briefly emphasises the role
of desalination technologies as reliable remedydter shortage and gives an overview
on the existing thermal and membrane desalinatroegsses. Moreover, the various
membrane operations are described in terms of nsmbistructure, separation
mechanism, limits and potentialities in integratibsalination schemes. The different
integrated desalination systems are presented asdrided in the Second Chapter,
where energy and mass equations are applied im todietermine the composition of
the different streams and the energy consumptiorthefvarious flow sheets. The
comparison of the proposed desalination systemesalged in the Third Chapter.

The Fourth Chapter gives the off to the sectionreskked to the experimental study
through the description of the built and utilized) iplant.

The evaporative crystallization of sodium chlorated magnesium sulfate heptahydrate
from aqueous solutions has been used as vehiclegrdtiminary experimental study in
the Fifth Chapter. The interest for NaCl and for 3@ 7H,O crystallization is due to
the fact that they are the salts naturally presetite highly concentrated streams of the
desalination plants. Results of the crystallizatiests carried out on NF and RO
retentate streams, in terms of crystals qualitgleation and growth kinetic rates, are
presented and discussed in the Sixth Chapter. &haenth Chapter is instead dedicated
to the analysis of the efficiency of MD and of difént integrated membrane processes
for boron and arsenic removal from water.
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1. Introduction

Water is one of the simplest and most indispensable cotds in the world, whose
growing scarcity and declining quality negativelyeat the overall quality of human
life and the industrial andustainabledevelopment of our society.

On the other side, curremtater increasing scarcity and deteriorating qualdye the

expected outcomes of the continuous growth in adpon, tourist infrastructure and

industrial development of our World: water usagegl@bally increased bgix times in
the past 100 years and willoubke again by 2050 [1], driven mainly by industry,
irrigation and demands of agriculture. This cauge@duction in theéenewablewater
resources per capita of up to about 80% in thel@sl5 years, particularly in some of
the countries of the Mediterranean and Middle East. The forecasts are for an

increased water scarcity in many regions aroundglibiee by the year 2020:

v' US Filter is predictingvater stres®nly 15 years from now in China, southeast and
southwest Asia, India, the Middle East, North AdriSouth Africa, and the western
United States. Water stress is a global measurgvatér available for socio-
economic development and agricultural production.

Mathematically water stress indeis the ratio of a country’s total water withdrawal

its total renewable freshwater resources and caxpeessed as volume per person per

year [n¥/ply] or as percentage [%]: with values less th@golor below 1,700 fply,
water stress is considered low; a ratio in the eaofy10-20% or between 1,700 and

1,000 ni/ply indicates that water availability is becomiagonstraint on development

and that significant investments are needed toigeoadequate supplies; when the

volume per person per year is below 1,000pfy or the water stress index is above

20%, comprehensive management efforts to balangelysand demand are supposed

to be necessary.

v' Average per capita water availability in MENA reggois today: 1,200 ni/p/y and
it is projected to beconte500nT/p/y by 2025 (WBO, 2004);

v' moreover, approximately half of the European caasfrrepresenting almost 70%
of the population, are facing water stress isswemyt [2]. Figure 1 ranks the
European countries according to their water stiretex.
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Figure 1: Water Stress Index for the European countries [2].
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Water scarcity, however, encouraged
the development of water productio
technologies. As can be seen
Figure 2, the planet’s available watt
resources do not provide man
alternatives: because much of th
precious limited supply is eithe
locked in the polar ice, or it is fount
in a limited number of lakes ani
rivers throughout the world, the
largest potential source of alternativ
water is represgnted salty water Easily accessibl Eaicaii"'-a
(97% of available water) anc g rface fresh tar o
requires desalination.

In a lot of the countries of the World Accessible water

. . . . . in plants 1% ———_

such as in .Chlna, Spain, Californi Rivers 1%

and Australia, the governments ha s

already issued large-scale prograr = Almasnharmwatm vapor 8%

to d_esa”nate sea-, brackish- ar frigure 2: Distribution of the World’s Water (Sourc
marginal-water sources (margin:é Lean & Hinrichsen 1994 (107) available on-line at

water include industrial, agricultura http://www.infoforhealth.org/pr/m14/m14.pdf).

and municipal effluents as well as

contaminated surface and well waters). Accordinght® International Desalination
Association [3-5], through the first eight monthks 2007 the year’'s new contracted
capacity was 5 million ftd (a 28.9% increase over 2006) and the instabgacity was
3.8 million n¥/d (a 17% increase). The global installed desatinatapacity stood at 46
million m*d in the first eight month of 2007 (representimgamnual increase of 8.8%
over 2006's total), and it is expected to increfasm the current 52 million ftd to 107
million m%d in 2016 (Table 1). In the current and future-sesckish water desalination
plants, membrane based systems are the most widedd processes, whose
installations account for close to 80% of all deslon facilities and provide about the
50% of the total capacity of desalination planis [6
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Table 1: How the desalination market is growing
Installe_d Annual . New Annual
Year CaP"?‘C'ty Increase Year contrapt ALY capacity | Increase
[million [%] capacity | Increase [%] [Mm¥/d] [%]
m°/d] [Mm?/d]
1997 22.6 8 1997 1.3 1.7
1998 24 6.3 1998 1.6 17.4 1.4 -15.1
1999 25.2 4.7 1999 1.8 12.6 1.1 -20.9
2000 26.9 6.8 2000 2.6 46.2 1.7 53.1
2001 28.5 6.2 2001 3.0 15.6 1.7 -3.5
2002 31.6 10.8 2002 2.2 -25.9 3.1 86.8
2003 33.7 6.4 2003 3.5 59.1 2.0 -34.4
2004 36.9 9.7 2004 2.6 -24.5 3.3 61.2
2005 39.4 6.7 2005 4.6 75.1 2.5 -24.2
2006 42.6 8.1 2006 3.9 -16.4 3.2 29.6
2007 2007
(8 months 46.4 8.8 (8
data only) months 5.0 28.9 3.8 17.0
2008~ 52 12.1 data
2016* 107 13.2 only)

*projections.

Without a doubt, the use of desalination is nomgsround the world:

v

v

in Algeria, the government is currently acting e belief that the best way to
jump-start the economy is to provide water for atés consumption and for
industry.

According to a plant jointly issued by the StatevBlepment & Reform
Commission, the National Bureau of Oceanography #rel Ministry of
Finance, desalinated seawater is expected to bateril6 to 24% of the water
supply in Chinese coastal areas in 2010, with by dapacity of 800,000 to one
million m® [7]. The daily capacity is expected to reach 2.3 tmillion n? in
2020.

The California Department of Water Resources (DWR)November 2002,
was authorized to administer a 50US$ million desdion grant program aimed
to assist water utilities state-wide in the implesagion of brackish and
seawater desalination projects. The first rounthaf program was carried out
in 2005 by awarding 24.75US$ million to 24 differelesalination projects. The
second round of the DWR program awarded anoth& Z3$ million of grants
to 23 projects in June 2006. The funded projecg&@nned to be completed by
2009 and are expected to yield practical soluttornlsey environmental, energy
and cost challenges facing desalination today. Tadifornia desalination
initiative is expected to yield over 20 new progestate-wide which would
supply up to 10% of the total water demand alorggdbast by year 2020 and
would produce approximately 2 million*rof new drinking water by 2030 [8].

In realty, since the biggest issue in the waterustiy is indeedsustainability

govern

ments need to look at how their new desatingilants can be more efficient to

' Source: aftewater Desalination RepoandIDAnews3-5].
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reduce water usage, to conserve water supply aneldicce the environmental effects
that often arise in term of both energy consumpéiod disposal of the residual brine. In
fact, for every litre of water taken from the sksss than half becomes desalted. The
remaining brine has about twice the salinity ofvgstar and it is usually returned to the
sea.

The way to satisfy the increasing water demand wtti® constrains imposed by the
concept of sustainable developmeris a complex problem. An interesting and
successful possibility to more sustainable freshewg@roduction is one more time
offered by Membrane Engineeringwhose basic aspects satisfy the requirements of
Process Intensificatianin fact, as described with more details in th&tnaragraphs,
some characteristics of membrane operations offier possibility of completely
redesigned water production, water treatments atdrvdistributions systems, based on
the concept ofntegrated Membrane Operationsoupling several membrane processes
in order to overcome the limits of the single umitgl to increase the performance of the
overall system, for the optimization of water ues minimization of water leaks and
for its reuse in a timeframe much shorter tharotihe we are used today.

2. Process Intensification Strategy

Process Intensificationis a strategy which refers to advanced and inmoat
technologies aiming to replace large-, expensivengrgy intensive-, polluting-
equipments and/or processes, with avant-gardeoverdhat are smaller, less costly,
more efficient, less polluting, highly safe and aawoatized. Therefore, Process
Intensification Strategy means pointing towardshitetogies and processes that are
compact and that reduce energy consumption, mhtesage and waste production. In a
few words, this strategy aims fwoduce much more with much lej® for more
sustainablandustrial processes. This leads to select prosessteonly on an economic
basis, but also aspects such adnhesased selectivitgndenvironmental impadtnked

to the process itself are important parameterakke into account. Therefore, nowadays,
it is become necessary to promote innovative, logtcnon-polluting, defect-free and
perfectly safe industrial production processesntgarde cycles whose design could
support the reduction of pollutant emissions andnare rational use of natural
resources. This is particularly true when, for tluenan necessities and in the industrial
cycles, water (and often high-purity water) is usethrge amount.

Currently, advances in nano-scale science and eagng are providing unprecedented
opportunities to develop more cost effective andrenmentally acceptable processes.
Membrane operations respond efficiently to the iregoent of Process Intensification
because they have the potential to replace cororaitienergy-intensive techniques
(such as distillation and evaporation), to reatize selective and efficient transport of
specific components, to reach advanced levels tfnaatisation and remote control.
Nowadays, membranes techniques are essential igpsrato a wide range of
applications, including the production of potablater, energy generation, tissue repair,
pharmaceutical production, food packaging, and $eparations needed for the
manufacture of chemicals, electronics and a rahg¢her products [10]. At the heart of
every membrane processes there is an interfacehwaclearly materialized by a nano-
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structured/functionalised thin barrier that cordrifie exchange between two phases, not
only by external forces and under the effect ofdflproperties but also through the
intrinsic characteristics of the membrane mateitself. Membrane technology has
already gained a huge importance in the last twaadies and now is competing with
other separation technologies in terms of enerfjgiefcy, high separation capacity,
selective separation and more investments. In abeumof occasions, commercial
conventionalseparation processes in industry were convertedetmbraneseparation
processes. This is what happened in water desalndthe oldest desalination methods
were thermal technologies (that is Multi Stage FHASF, Multi Effect Distillation-
MED, Vapour Compression- VC), based on evaporatwader and collecting the
condensate. The newest desalination technologeebamed on membrane treatment, in
particular on Reverse Osmosis (RO) which now dotesdhe desalination market
because more efficient, requiring less physicacepand less energy consuming than
vaporization or distillation [6].

At present, the most interesting developments fembirane technologies are related to
the possibility ofintegrating different membrane operationgvhich means coupling
several membrane processes in order (i) to overdbméimits of the single units and
(ii) to use their synergic effects in terms of betperformance of the overall system for
decreasing water cost and brine disposal problesa gsection 4. This offers new
opportunities in the design, rationalization andirajzation of industrial processes and
it is recently emerging as an essential requisiteapproaching the concept ‘tfero-
liquid-discharge”, "total raw materials utilization” and “low energy consumption”
according to Process Intensification Strategy,si@ming the traditional brine disposal

cost in a new and potential profitable market.

3. Potentiality of membrane processes in desalinath schemes

The idea that pure water could be made from seavamealized thirsty humans for
hundreds, if not thousands, of years. In 1961natvent to mark the start-up of the first
seawater to freshwater conversion plant in the ddntates at Freeport (Texas), the
then president of the United States, John F. Kennedmmented: Today is an
important step towards the achievement of one of'snaldest dreams, to secure
freshwater from saltwat&f11]. The original premise was based on the fhaat boiling

or evaporating water separates water from salt.

At the beginning, in the ‘60s, the only process $aawater desalination was the
distillation.

The first large-scale desalination plants that s{@® in the desert areas in 1960s were
thermal processes. These areas were lacking i Wwatevith plenty of fuel to burn. In
fact, energy requirements for thermal processepditicular MSF and MEE) are high
because they consume heating steam to drive thkirl and evaporation processes,
and also they use a considerable amount of eletpmwer to drive the pumps. After
about 10 years two new processes were developel: Bfiect Distillation (MED) and
Reverse Osmosis (RO).

Researchers began to study the possibility of uaimgembrane to separate salts from
seawater since the early 1900s. The principle ettsis of the new strategy was the
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osmotic nature of cell walls: semi-permeable memésaallow water to pass through,
creating an equilibrium between a highly conceettasolution on one side of the
membrane and a diluted solution on the other. Withright amount of pressure and
with the correct membrane design, this natural phemon could be reversed: instead
of flowing from the diluted to the concentratedugimn, the concentrate can be forced
to pass through the membrane. The first RO desmimanembranes were developed in
the second half of the $@Century. Desalination by RO entered the commeriaiket

in the late 1960s when the membrane manufacturnocess became efficient enough to
produce desalted water that was competitive wighntfal processes. However, though
more efficient than vaporization or distillationdarequiring far less physical space for
the same operation, the first plants demandedladmngrgy input. Over time, engineers
developed Energy Recovery Systems (like PeltonrartPressure Exchanger System,
etc.) that take advantage of the high pressureeoRO waste brine streams. This led to
sheer drops in the energy consumption and, asseqaence, in the desalted water cost.
At the same time also the cost of the RO membrahmepped of about 50%. An
example can be found in some SWRO elements dewklbogethe Dow Chemical
Company in the 1980s and 1990s. In 1996 the compdmyduced in the market the
SW30HR-380 element as the improvement of its SW3@88) element (another
SWRO membrane of nine years older, with a nomihad fower than 25% and a salt
passage lower than 33%): the market price of a S¥R3B80 element in 1996 was
about 50% that of an SW30HR-8040 in 1985 [11].

In 1996, the MSF total market share of sea andkistaavater accounted for more than
54% while the RO process was slightly above 36%th&tend of 90s, these numbers
became more close with 42.4% and 41.4% for MSFR@d respectively [12]. In the
middle of 2000s, the new MSF and RO contracts adeou for 32% and 54%,
respectively. Today there are more than 15,000lidesan plants in the world and the
number of membrane desalination installations astsodor close to 80% of all
desalination facilities (90% of which use RO tedbgg) [6]. These values represent an
opposite trend with respect to the past period.wawy it should be noted that MSF
projects are limited to seawater desalination;emdf RO contracts include various
applications such as seawater, brackish water bh&svaver water treatment.

Table 2 summarizes the main advantages of membrarsus thermal desalination
techniques.

Table 2: Conventional and membrane separation methods: asopa

Thermal desalination processes for seawatg Membrane desalination processes for seawater

(MSF, MED, VC) (RO)

Desalted water with low total dissolved solii Desalted water with total dissolved solids

concentrations (10-20 ppm) concentrations between 100 and 550 ppm

Energy consumption (MSF and MED) | Energy consumption = 2.2 6.7 kWh/ni (6.7

25.7-26.4 KWh/ni kKWh/m® using the steam cycle generation |of
electricity with an efficiency of only 33%) [14]

Recovery factor 10% Recovery factorx 40 % (using a 65 bar feed
pressure)

High capital costs Low capital costs

High operating costs Low operating costs

Desalted water cost [13]1.0-1.4 $/n? (MSF) + | Desalted water cost0.50 = 0.70$/n? (in the most]

2.34%/nT (MED, TVC) part of SWRO plants [15, 16]) and 0.36$/tim the
modern plants [17])
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Table 3 shows some of the largest seawater deBahnglants using reverse osmosis

technology in the world.

Table 3: Some of the World’s Largest SWRO Plants.

SWRO plant

Capacity [MGPD]

The Rongcheng of Shandong and Dalian Petrochemidah( 1.3
Tajura City, Libya 2.6
Gela, Sicily 4.4
Curacao, Antilles 4.8
Las Palmas, Telde 9.2
Dhekelia, Cyprus 10.6
El Coloso (Chile) 12
Alicante, Spain 13.2
Almeria, Spain 13.2
Madinat Yanbu Al-Sinaiyah (Red Sea) 13.3
Larnaca, Cyprus 14.3
Marbeilla, Spain 14.5
Jeddah (two plants), Red Sea 15
Palma de Mallorca 16.6
Cartagena, Spain 17.2
Murcia, Spain 17.2
Jubail, Red Sea 20
Tampa Bay 25
Trinidad and Tobago 28.8
Carboneras, Spain 32
Madina-Yanbu, Red Sea 33.3
Singapore 36
Campo de Mauricia 37
Fujairah, Emirati Arabi Uniti 45
Ashkelon (Tel Aviv) 84.4
Rishon Letzion (Israel) 100

The research and the experience developed over thareforty years, have brought
that nowadays, only in China, there are about Zaldetion plants. In 2006, market
analysts Global Water Intelligence put the onlinstalled capacity (including Hong
Kong and Macau) at about 380,000t the most part of which through SWRO plants
(see Table 4 which lists some large-scale SWROytsdacessfully operating in China
[18, 19]). The daily capacity is expected to reac¢hto 3 million niin 2020 (Table 5).
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Table 4: Large-scale SWRO in China.

Year Place Yield of fresh water [rfid]
1997 Zhoushan Shengshan Island 500
1997 Shensi County of Zhejiang Province 500
1999 Changhai County of Liaoning 1000
1999 Da Changshan Island 1000
2000 Changdao County of Shandong Province 1000
2000 Changhai County of Liaoning Province 500
2000 Long Land of Shandong Province 1000
2000 The Rongcheng of Shandong and Dalian Petrochemi 5000
2001 Shensi County of Zhejiang Province 1000
2001 Weihai City of Shandong Province 2000
2001 Daliang City of Liaoning Province 2000
2001 Cangzhou County of Hebei Province 18,000

* (for brackish water)

Table 5: Additional desalination in China by 2010 and 2(20).

Province/city 2010 (‘000 ni/d) 2020 (‘000 ni/d)
Dalian 80-100 150-200
Fujian 0-5 30-50
Guangdong 10-20 50-100
Guangxi 0-5 10-20

Hebei 150-180 200-250
Hainan 0-5 30-50
Jiangsu 0-5 10-20
Liaoning 60-80 150-200
Ningbo 10-20 100-150
Qingdao 180-200 350-400
Shandong 200-250 450-500
Shanghai 0-5 30-50
Shenzhen 10-20 30-50
Tianjin 200-250 450-500
Xiamen 0-5 30-50
Zhejiang 100-150 450-500
Total 800-1,100 2,520-3,090

Recent climatic changes and population growth tipnout Australia have produced the
state’s first large-scale desalination facilityrtheSeawater Desalination Plant (PSDP),
to be built at Kwinana and with a peak capacitil 44,000 n¥day. The PSDP will also
hold the title of the largest desalination planthe southern and eastern hemispheres
into the foreseeable future. But, most importanitlyyill provide a secure supply of
water that does not depend on rainfall. Also ther SDP facility uses seawater
reverse osmosis technology. Its low energy consiemigan overall 24MW requirement
and a production demand of 4.0 kwh/kL to 6.0 kWh/ki. comparison with those of
the other conventional desalination technologidwa that the electricity for the
desalination plant will come from the new 80 MW Emowns Wind Farm (a wind
farm which consists of 48 wind turbines). The powapply arrangement makes the
desalination plant the largest facility of its kind the world to be powered by
renewable energy.

By November 2006, Gold Coast City, Sydney, AdelaBiesbane and Gosford-Wyong
are among other coastal Australian cities consideseawater desalination.
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3.1 Pressure driven membrane operation

Aim of this section is to give an overview on theegsure driven membrane
technologies commonly used in desalination processe

Pressure driven membrane operations can be diuntie@dour overlapping categories of
increasing selectivity: Microfiltration (MF), Ultfdtration (UF), Nanofiltration (NF)
and Reverse Osmosis (RO). In all four processesxture of different components is
brought to the surface of a semi-permeable membrarter the driving force gradient,
some components permeate the membrane while aheeraore or less retained. Thus,
a feed solution is separated into a filtrate whichlepleted of particles or molecules,
and a retentate in which these components are ostated.

As we go from MF through UF to NF and RO, the giktolecular Weight) of the
particles or molecules separated diminishes andsemuently, the pore size of the
membrane becomes smaller. This implies that thistaese of the membranes to mass
transfer increases and the applied pressure (wisicthe driving force) has to be
increased to achieve the same flux.

A schematic drawing of the membrane process chaisiits is given in Figure 3.
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Mote: 1 micron (micrometer) = 4 x 10-5 inches = 1 x 104 Angstrom units
Figure 3: Membrane process characteristics [21].
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The pressure-driven membrane processes differ edwdr for membrane structure,
separation mechanism, applied pressure.

3.1.1 Microfiltration

The membranes used for MF are usualynmetricmicroporous structures with pore
size in the range of 10-0.Qm [22]. The membrane thickness can extend fromol0 t
more than 15Qum. MF is used in a wide variety of industrial applions where
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particles with diameters in the range of 0.1 tquh®have to be retained from a solvent.
Separation is accomplished by MF membranes via arechl sieving and particles are
separated solely according to their dimensions. ijligostatic pressure difference used
as driving force is low (less than 2 bar).
The flux J through the membrane can be describddaogy’law:

J=AIAP (2)
where the flux is directly proportional to the apgl pressure through the permeability
constant A, parameter which contains structuraiofacsuch as viscosity, porosity and
pore size distribution. In the case of convectamihar flux both Hagen-Poiseuille and
Kozeny-Carmen equation can be used. If the memlransists of straight capillaries,
the following Hagen-Poiseuille equation can be used:

2
_sf AP )
8n 1 AX

where r is the pore radiuAx the membrane thikness,the dinamic viscosityr the
tortuosity. When a nodular structure exists, tHvang Kozeny-Carmen equation can
be employed:

3

J= € > A_P (3)

KnS AX
where K is a constant which depends from the gegnadéithe pore, S is the superficial
area of the spherical particles per unit voluméhe porosity. From equations (2) and
(3) it appears that in order to optimize microéition is essential a porosity as high as
possible and a pore size distribution as narrowp@ssible. MF membrane can be
prepared from a large number of different materiddased on organic materials
(polymers) or inorganic materials (ceramics, meglssses).
Two mode of process operation exist: dead-end firchwthe feed flow is perpendicular
to the membrane surface so that the retained |[e@r@ccumulate and form a cake layer
at the membrane surface) and cross-flow filtrafilarwhich the feed flow is along the
membrane surface so that part of the retained esla@tccumulate). Moreover,
hydrophobic MF membranes were observed to be maneepio foul than hydrophilic
MF membranes, especially in the case of proteinsydfophilic neutral and colloidal
components of the Natural Organic Matter (NOM) eamtd in sea/surface-waters [23].

3.1.2 Ultrafiltration

Ultrafiltration is used for the separation of susghed solids, colloids, bacteria and virus.
This technigue uses membranes with pore size bativd®0nm.

The most part of UF membranes used commerciallypegpared from polymeric or
inorganic (ceramic) materials. In UF, like in MF, teembranes can be considered as
porous membranes, with rejection determined by dilze and shape of the solutes
relatively to the pore size in the membranes andrevtthe transport of the solvent is
directly proportional to the applied pressure. Asbasequence, the flux through an UF
membrane can be described with the same mathemeatiocalation (1) as for a MF
membrane. However, an important difference betwdErand UF is that ultrafiltration
membranes are mostly asymmetrically structuredlfrthe hydrodynamic resistance is
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mainly determined within a small part of the tot@mbrane thickness (generally less
than Jum) facing the feed solution, whereas in MF virtuahg whole of the membrane
thickness contributes towards the hydrodynamicstasce [22]. The hydrostatic
pressures generally used in UF are in the range tof 0 bars because the osmotic
pressure of the feed solution is small.

UF membranes have originally been developed andepréor many years in a wide
range of much more difficult liquid environmentsithseawater, such as highly polluted
municipal and industrial wastewaters [24]. UF membraprovide a positive barrier to
particulates, pathogens, macromolecules, colloi$ smaller bacteria and not only
towards suspended solids and large bacteria & icase of MF membranes.

According to the dependence of permeate flux orafyied pressure, the operation of
a pressure driven ultrafiltration process can beddd into three distinguishable
pressure ranges: (1) linearly increasing flux (sightly low), (2) intermediate, (3) and
limiting flux (sufficiently high) as shown in Figuek
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In the linearly increasing flux pressure range, tésistance to permeate flux comes
only from the membrane because the concentratiolaripation layer is not
significantly developed. On the other hand, perediaix in the limiting flux pressure
range is independent on the applied pressure. AMIN these boundary layer
phenomena mainly determine the process performagea. consequence, the success
of membrane operations and the number of theiriegmns increased and will
increase as much as they become more resistattt {file various kind of chemicals
necessary for cleaning procedures and (ii) to @&waghge of pH.

3.1.3 Nanofiltration and Reverse Osmosis

Nanofiltration and reverse osmosis are used folicee wange of applications, most of
which are in the purification of water to produaatgble water, mainly desalination of
sea (TD$35,000ppm) and brackish water (TDS in the range ,600-5,000ppm).
Another important application is in the producti@i ultra-pure water for the
semiconductor industry.
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Both the processes are based on the same prinégpleng a solvent through the
molecular structure of a membrane, while trappmgurities and salts. In nature, when
a semi-permeable membrane separates two compastatedifferent concentration, the
water tends to flow from the lower to the highencentrated compartment according to
the natural osmosis phenomenon. Thus, the contedtsalution will be diluted until
when the equilibrium between the compartments a&hred and the trans-membrane
flux becomes zero. Reverse Osmosis is when watessfthrough the membrane from
the concentrated to the diluted solution. To obthia an external pressure higher than
the osmotic pressure has to be applied to the otraded solution (Figure 5).

AP Membrane

Figure 5: Reverse osmosis phenomenon.

During water transfer, the molecules and ions teappy the membrane tend to

accumulate along the membrane and increasing asnpoéissure. This reversible

phenomenon, called “concentration polarisationSutes in high energy costs and could
cause precipitation if the solubility product ofeoaf the cation-anion pairs is exceeded
in the membrane layer.

The water flow ,} can be represented by the equatign= A [(AP—G[An) (4)

while the solute flux can be described ly= B[Acg (5), where A and B are the water

and solute permeability coefficients, respectije].

In NF and RO operations, in contrast to UF and MF ctingice of membrane material
directly influences the separation efficiency tigbuhe constants A and B. In fact, in
order to have high water recovery factor and solejections, the membrane material
has to have a high affinity for the solvent (thisans A high) and a low affinity for the
solute (which means B low). The difference with UFMbased on sieving
mechanisms, where the dimensions of the poresmieterthe separation properties and
the choice is mainly based upon chemical resistaaabvious. Thus, whereas MF and
UF are destined for raw water clarification/partigdinfection, RO and NF are used to
remove environmental micro-pollutants, organic evadéind dissolved salts.

3.1.4 Membrane materials and module for NF/RO

For efficient processes, membranes should dispigly fhix and high rejection. NF and
RO membranes are similar with the exception thatstticond have a tighter structure.
This means that NF membranes is generally usedfiensng, disinfection, removal of
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organic materials, metals and bivalent ions whereasovalent species (like Nand

CI") are retained only by 10-50% depending on the bmane properties.

Not all the materials are suitable for every NF/R#2ration because the constant A and

B must have optimal values for a given applicatidioreover, solvent flux through the

membrane is approximately inversely proportional tte membrane thickness.

Therefore, NF/RO membranes have an asymmetric stgyatith a thin dense top layer

(thickness< 1um) supported by a porous sub-layer (thickness e rdmge of 50-

150um). The selectively permeable layer is reduced vers fine skin in order to limit

the resistance to transfer related to the layakti@ss. This layer rests upon another
thicker substrate that has much larger pores whitdnds to provide the membrane
with satisfactory mechanical properties withoutngigantly impeding the flow of
water.

In the early 1960s the first asymmetric reverseassimembranes were produced by

Loeb and Sourirajan [25]. These membranes showei AP0 times higher flux than

any symmetric membranes known. This developmentgéve way for the commercial

success of reverse osmosis.

On the basis of the internal structure, there ave main types of asymmetric

membranes for NF/RO: asymmetric homogeneous mendraarel composite

membranes.

v" In asymmetric homogeneous membranes both top-tayasub- layer consist of the
same material. Cellulose esters (especially cedtuldiacetate and triacetate) were
the first commercially used materials, in particular water desalination due to
their high permeability towards water and low sdigb towards salts.
Unfortunately, these material have poor chemicabity and tend to hydrolyse
over time depending on temperature and pH operatonglitions. They are also
subjected to biological degradation. Other matefiatjuently used for RO/NF
membrane are aromatic polyamides, polybenzimidazgbelybenzimidazolones,
polymidehydrazide and polyimides [22].

v' Composite membranes are made by assembling twmdligtarts composed of
different polymeric materials: a very fine layerQ®um to 0.5um), representing
the salt barrier of perm-selective material (i.polyamide) obtained through
interfacial polymerisation of the microporous lay(0 to 50 um) made, for
example, in polysulphone, which is itself often rasyetrical and all of which is
attached to a support medium (100 to uft).

Composite membranes can combine various matemalpeovide optimum properties

depending on their use, therefore most RO membrameactually of this type.

The application, efficiency and economics of an Bf@cess also depends on the

packaging of the membranes. There are four possiblebranes geometries:

1. Spiral wound membran@-igure 6), which consists of consecutive layerdaofe
membrane and support material in an envelope tygsgd rolled up around a
perforated steel tube. This design tries to maxensarface area in a minimum
amount of space. It is the less expensive but mensitive to pollution due to its
manufacturing process. Spiral membranes are onlyd use NF and RO
applications.
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Figure 6: Spiral wound module [26].

Plate and frame modul&vhich is normally used for bad quality water. Jlage set
up with a stack of membranes and support plates.

. Tubular membrangFigure 7). Generally used for viscous or bad dudluids,
tubular membranes are not self-supporting membrafnlesy are located on the
inside of a tube, made of a special kind of microps material. This material is the
supporting layer for the membrane. Because the $sdation flows through the
membrane core, the permeate passes through theramamdnd is collected in the
tubular housing. The main cause for this is thatdttachment of the membrane to
the supporting layer is very weak. Tubular membsdme/e a diameter of about 5 to
15 mm. Because of the size of the membrane surfpltgyging of tubular
membranes is not likely to occur. Therefore, thesedules do not need a
preliminary pre-treatment of the water. The mairavdvack is that tubular
membrane is not very compact and has a high coshpiastalled.

Figure 7: Tubular membranes [27].

4. Hollow fiber membrane The modules contain several small tubes or fibers

(diameter of below 0.1 um), consequentially thencles of plugging of a hollow
fiber membrane are very high. The membranes canlmnlused for the treatment of
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water with a low suspended solids content. The ipgclensity of a hollow fiber

membrane is very high. Hollow fiber membranes aarly always used merely for
NF and RO.

Table 6 presents some general characteristicedbtir basic membrane-module types,
Table 7 shows examples of some RO industrial menasta

Table 6: Qualitative comparison of membrane configuratidzfy.
Module type
Tubular Plate-and-frame Spiral-wound Hollow-fibre
Characteristics
Packing density low -~ Frmmmm sy » very high
Investment high - f-mimimime b low
Fouling tendency low | | » veryhigh
Ease to cleaning good _| | »  boor
Operating cost high IR SRR > low
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Table 7: Examples of RO industrial membranes [21, 28].

Element Size Flow Stqb|l|ged
Rejection
Product Description Diameter Length O
. - Surface gpd
inches inches 3 %
Area (m=/d)
(mm) (mm) ft2 (mZ)
FILMTEC SW30-| SWRO elements
5514 for marine systems 2.4(61) 14(356) 6.5(0.6) 150 (0.4) 99.4
FILMTEC SW30- | SWRO elements
5521 for marine systems 24 (61) 21(533) 13(1.2) | 300(1.1) 99.4
FILMTEC SW30- | SWRO elements 40
2540 for marine systems 2.4 (61) (1016) 29 (2.8) 700 (2.6) 99.4
FILMTEC SW30- | SWRO elements
2021 for marine systems 3.9(99) 21(533) 33(3.1) | 800 (3.0) 99.4
FILMTEC SW30- | SWRO elements 40 1950
4040 for marine systems 3.9(99) (1016) 80 (7.4) (7.4) 994
FILMTEC SWRO element 40 1600
SW30HR LE-4040] 88 () (1016) 69 (7-5) (6.1) k(e
Koch Membrane | Membrane elemen
Systems, for:
MegaMagnurfi « Brackish Water
RO Element Treatment 61
* Municipal Water 18 (457) (1549)
Reuse
e Seawater
Desalination
TM820-370 Standard RO
element for sea 8 (23) 99.75
water applications
TM820-400 High productivity
RO element for se 8 (25) 99.75
water applications
TM820L-370 High flow RO
element for sea 8 (34) 99.7
water applications
TM820L-400 High flow RO
element for sea 8 (37.9) 99.7
water applications
TM820H-370 High pressure
resistant RO 8 21) 99 75
element for sea
water applications
TM820A-400 High Boron
Rejection RO 8 (22.5) 99.75
element for sea
water applications

3.1.5 Limits of membrane processes

Membrane fouling together with concentration paation phenomena are some of the
major problems in membrane separation systems,hwtem considerably affect the
economy of the processes and whose control is aortant problem in the design of
membrane systems.
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When in a mass separation procedure a moleculauraixs brought to a membrane
surface, some components will permeate the memhuwader a given driving force
while others are retained and accumulated at thabrene/solution interface. Thus, a
concentration gradient between the solution atntfeenbrane surface and the bulk is
established which leads to a back transport ofrthterial accumulated at the membrane
surface by diffusion. This phenomenon is refereddconcentration polarisationThe
adverse effects of the concentration polarisation iatensified when a deposition
and/or an adsorption of certain feed constituerdsus at the membrane surface,
causing a decline in flux over time when all op@gatparameters, such as pressure,
flow rate, temperature and feed concentration & konstant. This phenomenon is
referred to asnembrane foulingMembrane fouling may be the results of conceiainat
polarization but it may also be only the conseqeeot adsorption of feed solution
constituents at the membrane surface and, espemiathicrofiltration, also within the
membrane structure.

For what concerns concentration polarization, wthke causes are identical in MF, UF
and RO, the consequences are rather differenevarse osmosis mainly low weight
materials are separated from a solvent such ag.wite feed solutions often have a
considerable osmotic pressure. For example, sealasean osmotic pressure of about
24 bar. In reverse osmosis, concentration polanisdtads to an increase in the osmotic
pressure which is directly proportional to the $®lgoncentration at the membrane
surface, and thus a decrease in the trans-membuanat constant applied hydrostatic
pressure. Furthermore, the quality of the filtredempaired since the solute leakage
through the membrane is also directly proporticiwathe solute concentration at the
membrane feed side surface.

In MF and UF only macromolecules and particles ataimed by the membrane. The
osmotic pressure of the feed solution is generadyas high as in solutions treated by
reverse osmosis. However, the applied hydrostatissure is also quite low and, under
certain conditions, the increased osmotic pressiuie to concentration polarisation
phenomenon could effect the trans-membrane fluxe Buthe rather high molecular
weight of the components separated in UF and MFt thiusion from the membrane
surface back, into the bulk solution, is relativedjow. Therefore, the retained
components often are precipitated and form a dalidr at the membrane surface. This
layer, which often exhibits membrane propertie®lifscan affect the membrane
separation characteristics significantly by redgdime membrane flux and by changing
the rejection of the lower molecular weight compase This is especially problematic
in the fractionation of different molecular weighaterials.

As described in detail in the following paragrapfisnembrane operation in which, on
the contrary, concentration polarization hasn’'t faene limiting effect is membrane
distillation. Therefore, in this type of processdh water can be recovered also from
highly concentrated solutions with which RO woulok he able to operate due to the
osmotic effects. On the contrary, in MD temperatyvelarization, similar to
concentration polarization, arises from heat transfirough the membrane and it is
often the rate limiting step for mass transfer.

While concentration polarisation can be minimisgdpdrodynamic means, such as the
feed flow velocity and the membrane module desilya,control of membrane fouling
is more difficult.
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Membrane foulants can be classified into four catieg depending on the material
deposited on membrane surface [29]:

a. Chemical foulants, which cause scaling.

b. Physical foulants or particulate matter, which eglated to deposition of particles
and colloidal matters on the membrane surface.

c. Organic foulants, which can interact with the meaniar.

d. Biological foulants, which can either deterierdhe membrane or form a biofilm
layer, which inhibits flux across the membrane daegrowth of bacteria on the
membrane surface.

Although for the first three foulants exist welkt@slished, chemically-based and
membrane-based pre-treatments, biofouling remairsod the most tenacious and least
understood forms of membrane fouling.

Chemical foulantsScaling of a reverse osmosis membrane occursnfertdrations of
sparingly soluble salts, i.e. divalent and multrdlions exceed their solubility level.
Concentrations in the feed channel inside a moduteease, and with increasing
recovery, the risk of scaling grows. However, sdityblevels only define the minimum
concentration level at which scaling might occur ptactical operation, even at higher
concentrations, scaling may not occur due to thg laduction times of crystallisation.
However, it is common practice not to exceed sditybdimits [29].

2+ 2+ 2. 2. .
Dissolved inorganic most likely to cause scaling @a , Mg Cq, , SO, , silica and

iron. If solubility limits are exceeded, Cag;Csquhates of calcium, strontium and
barium, Cal2: and various silica compounds are the most likelpnpounds found as

scaling on the membrane surface. Hydroxides of ¢, and Mn are normally
precipitated before contact with the membrane. Magural surface and groundwater
display high Cacg)concentrations close to saturation. Therefore sttading tendency

of a given feed water is often evaluated usinglLtiegelier saturation index (LSI) for
brackish waters and the Stiff and Davis StabilityedS&DSI) for seawaters [29].
Carbonate, sulphate and calcium fluoride scaling ba avoided by addition of
antiscalants such as organic polymers, surfaceeaatients, organic phosphonates and
phosphates, e.g. polyhexametaphosphate (Calgomhwiterfere with the kinetics of
crystal nucleation, formation and/or growth. Thegance of silica greatly complicates
an RO desalting process. Threshold limits of siBcale precipitation are difficult to
predict as they are influenced by a large numbgraohmeters. Another difficulty is the
lack of a silica anti-scalant that can be confitlensed to extend water recovery limits.
Moreover, silica scales deposited on a membraneliffreult and costly to remove. In
the presence of silica it is customary to restiint recovery limits below the silica
saturation limit of about 120 mg/L.

Antiscalants may allow operation to a silica coricaion of at most 220 mg/L [43].

Physical foulants or particulate matteParticulate fouling is the deposition of

suspended solids, colloidal and mieboganisms matters on the membrane surface
originating from the raw water. Whereby, the susigehsolids and colloidal matter are
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clay minerals, organic materials, coagulants sichRegOH} and Al(OH}), algae, extra
cellular polymer substance (EPS) and transparentolyopr particles [29].
Particulate matter in natural waters can be cla&skifnto four different categories
depending on particle size:

v’ settable solids > 100m,

v’ supracolloidal solids 2= 100um,

v colloidal solids 0.00% 1 um,

v' dissolved solids < 10 A°.
The most problematic feeds are those containinigidal particles not easily removed
by granular beds either because of their minute gizbecause of electrostatic repulsion
effects of the media. In such cases it is necessagdd a coagulant or flocculating
agent (such as ferric chloride, alum and cationidyipers, the latter can cause
membrane fouling difficulties). Particles largerria 25um can be easily removed by

various pretreatment prior to RO unit such as screens, cagarifilters, duamedia

filters etc., whereby the presence of suspendeidssabn be monitored by the silt
density index (SDI) test, turbidity analysis, zetatemtial measurement and particle
counting. Membrane manufacturers require a tufpititU (Nefelometric Turbidity

Units) < 0.2, zeta potential >30 mV and SDI < 3 5 to prevent membranes from

particulate fouling. Indeed, beach well raw wataérs much less loaded with colloidal

material and often no further reduction of collo@htent is needed [29].

Additional source of colloidal matter in systemsynaise from corrosion products

from carbon steel pumps, piping and filters priorthe membrane filtration system.

Analysis of the colour of the filter after filtrat is also interesting for the identification
of sticky or particular deposit. Table 7A gives soexamples of the filter appearance
and the indications about the possible correspanfitinling origin. This is essential to

determine whether only suspended solids were iwtter or whether it was adsorbed
organic matter .

Table 7A: Origin of the fouling compounds according to SDIimiane appearance.

Color Identification
Yellow/brown | Organics
Red/brown Iron

Dark/grey Activated carbon
Particles Suspended solids

(Source: Mosset et alThe sensitivity of SDI analysis: from RO feed wadeaw water
Desalination 222 (2008), 2227-23.)

Organic foulantscan be defined as interaction between organic oomg present in
the feed water with the membrane surface. Orgaratters components consist of
proteins, carbohydrates, fats, oil and greasesaammatic acids such as humic acids. In
reality, the humic substances represent the orgaimic natural waters, whose
concentrations range from 0.5 and 20 mg/L in bistckvater and up to 100 mg/L in
surface seawater [29].

Dissolved organics, e.g. humic acids, proteinshalaydrates and tannins are the most
serious foulants and they are difficult to remoieeconventional treatment.
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Organic matter present in natural waters is undbkarbecause it is responsible for

colour in the water, formation of carcinogenic dfsiction byproducts (DPB's) during

water disinfection, complexation with heavy metalsd calcium, etc. Moreover, the
adsorption of organics on the membrane surfacdtsesupermeability decline, which
even can be an irreversible process. It was fotad mainly the hydrophobic humic
substances are deposited on the membrane surfdcthanthe adsorption process is
favoured with positively charged, high molecularsss@ompounds. Similarly, the most
hydrophilic membranes have been found less prordeuiing by organic colloids, i.e.
humic acids [29].

In recent years membrane processes have been advésrcthe removal of natural
organic matter (NOM) for potable and other wateesusSeveral aspects of such
processes have been the subject of intense reseticts with emphasis on NOM
removal efficiency and on the inevitable foulingtbé membranes, which limits their
performance and lifetime. Important NOM propertigglating to membrane
performance are the nature of organic compouneg;, tlydrophilicity and charge, and
the molecular weight distribution. Equally, impartamembrane properties are their
pore size or MWCO, surface charge and hydrophylidin addition, water properties
such as pH and ionic strength, as well as the peesef specific ions such as calcium,
have been recognized to play a prominent role invVN&dsorption and fouling of
membranes. Natural organic matter compounds ardedivinto humic substances or
poly-hydroxy aromatics, and non-humic such as jpmstepolysaccharides and amino-
sugars. Humic substances are more hydrophobic tlwemhumic and constitute a
significant fraction of surface water NOM. NOM isgarded as a carbon skeleton to
which various functional groups are attached. Tl@momponents of this skeleton are
Aliphatic units “straight chained or branched carhmits” and Aromatic units “based
on benzene ring”.

Biological foulants.The presence of microrganisms is ubiquitous. All raw waters

contain micreorganisms such as bacteria, algae, fungi, virused,higher organisms
such as protozoa, living or dead, or biotic debtish as bacterial cell wall fragments.
The difference between mickrganisms and neliving particles is the ability of

micro-organisms to reproduce and form a biofilm underoteeable conditions.
Consequently, biofouling is due to the growth adfibn (bacterial) on the membranes

surfaces. Micreorganisms entering a RO/NF system find a large mmangb surface

where dissolved nutrients from the water are eedatiue to concentration polarization,
thus creating an ideal environment for the fornmatd a biofilm. Biological fouling of
the membranes may seriously affect the performahtiee RO system. The symptoms
are an increase in the differential pressure freedfto concentrate, finally leading to
telescoping and mechanical damage of the membréemaerts and a decline in
membrane flux. Sometimes, biofouling develops eventlee permeate side, thus
contaminating the product water. A biofilm is diffit to remove because it protects its
micro organisms against the action of shear foarekbiocide chemicals. In addition, if

not completely removed, remaining parts of a hiofilead to a rapid rgrowth.
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Therefore, enhance pteeatment process and microbiological activity contead to
biological fouling prevention.

In conclusion, fouling adversely affects membraystesms for the following reasons:

- membrane flux declineesulting from the formation of a permeability-vethg
film on the membrane surface;

- membrane biodegradatiatue to the production of acidic by-products by nmic
organisms, which are concentrated at the membraneface where they can
cause the most damage;

- increased salt passagkerebyreducing the quality of the product water

- increase in energy consumptiod.o maintain the same production rate
differential pressure and feed pressure must beeased to counteract the
reduction in permeability brought on by the inceeas resistance that the
fouling causes. But damage to the membrane elemmatg occur if the
operating pressure exceeds the manufacturer’'s reeowations.

Fouling can be prevented through the following meane-treatment of the feed
solution; modification of membrane surface; hydnoaipic optimisation of the
membrane module; recourse to proper chemical agenthe cleaning; back-flushing.
Particulate fouling in current practice is inhibitbg mechanical pre-treatment of the
RO feed water by use of screens, sand filtratiah @artridge filters or membrane pre-
treatment. Biological fouling, caused by microongams sticking to the membrane
producing a gel like layer, is a serious problenoperation of a RO plant and has to be
prevented by chlorination in pre-treatment priothte actual RO stage.

Fouling can never fully be prevented even with opéd pre-treatment. Therefore,
periodical membrane cleaning has to be performednglete removal is not possible
and fouling has to be tolerated up to a decreaseast flux down to 75% of original
flux [30].

Good operating practice calls for chemical cleanofgthe membranes if either
normalised permeate flow decreases by 10%, feedneharessure loss increases by
15% or normalised salt rejection decreases by 1@ initial conditions during the
first 48 h of plant operation [31].

3.1.6 Reverse osmosis desalination process: teclahidescription

Reverse osmosis is by far the most widespread ¢fpeembrane based desalination
process. It is capable of rejecting nearly all @dkl or dissolved matter from an
agueous solution, producing a concentrate brine armermeate which consists of
almost pure water. Although reverse osmosis hask@sn used to concentrate organic
substances, its most frequent use lies in seawasalination applications.
The core of the process is based on Reverse OsMesibrane technology, but stand
alone, it doesn't provide safe drinking water:
v' Pre and Post-treatment steps are required to comaitider before and after the
RO membrane process to make it suitable to thecapioin;
v" Brine disposal can be an environmental and ecoranssue in some areas
where the fauna and flora are sensitive to localvag¢er salinity increase. Brine
disposal should be studied and engineered casadey c
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v' Energy consumption is one of the term which mofuémces desalted water
cost and the application of energy recovery systénsurrently usual in
desalination plants.

A typical flow sheet of a simplified RO desalinatiplant with energy recovery system
and open seawater intake is shown in Figure 8.

The process includes the following stages:

Water abstraction

Pre-treatment

Pumping system

RO membrane unit

Energy Recovery Devices

Post-treatment

Low pressure brine
{ Brine backtozea -+ 4
Bactiwash

ok wnE

—) ! -
w hEke pump Hgh pressure brine
hulti media

Filter

NaOH —{ Ei=Ts) By-pass
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He=
Pass 2
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r4— Coz2

Femineralisation
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Fresh water tank
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Figure 8: Simplified reverse osmosis scheme with energyvegosystem.

1. The abstraction of feed water can be realisexlitih open seawater intake systems or
coast- and beach wells.

2. Pre-treatment step includes all activities tousidjntake water in order to reduce
membrane fouling and deterioration.

3. Before entering the SWRO membrane, clarifiedvsg¢er has to be pressurized by the
High Pressure Pump, typically between 55 and 85 bi@gending on the temperature
and the salinity of the water (Figure 9).
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Figure 9: Pressure variations vs. salinity at different wadenperatures [27].

4. The RO membrane is capable of separating satft fwater with a rejection of 98—
99.5%, depending on the membranes in use. Genedalbalination can be carried out
by a single pass configuration or double-pass R@ngements.

Retentate
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; =
Fermeate

Figure 10: Double-pass RO process.

In a single pass configuration, one o more moduwestaining highly rejecting
membranes are installed in parallel to give permeater that can be directly utilised.
In double-pass operation each stage is fed by dfextrof the previous stage. This
arrangement is shown in Figure 10.

5. The pressure drop over the RO membranes is &6ub 1 bar, depending on the
number of element per pressure vessel, so the ctate is released at high pressure.
Thanks to Energy Recovery Devices (ERD), it is flideg0 reuse the energy from the
concentrate flow.

The concentrate is directed to the ERD, whereréatly transfers its energy to part of
the incoming feed water which otherwise would bested. Depending on overall
recovery and efficiencies of ERD and pumps, this sabstantially reduce the specific
energy consumption (SEC) of an RO plant.

The specific energy consumption of a RO plantrigdly dominated by two factors: the
amount of trans-membrane pressure difference rmedjuin order to achieve the
necessary permeate flow rate at various mass @nanshditions, and the design and
efficiency of the feed water pump in combinatiorthMihe respective energy recovery
system. For a given recovery rate, the required feedsure is determined by the feed
water properties, mostly temperature and feed isgliwhich may vary significantly
throughout the year due to seasonal influences. Meddr properties together with
hydraulic losses from feed to brine also deterntiveeoutlet pressure of the membrane
array, i.e. the inlet pressure for the energy recpdevice.
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While the operating conditions for larger seawalD plants clearly indicate a
centrifugal type feed pump, the selection of aadlé energy recovery device (ERD) for
such a plant is not so obvious [32].

There are two main energy recovery concepts:

- Energy Recovery Turbine (ERT), which mostly arghex Pelton wheel or
turbocharger systems (Figure 11). These systemsedopwtential energy from the
brine to mechanical energy either supplied to gedlfpump as auxiliary power supply
or directly to the feed water [29]. Turbine systesns the older option of the two types
of ERD and work at efficiencies in the range of-®B% [33].

- Pressure Exchanger (PX) which directly transfeesgure from the brine to part of the
feed water achieving efficiencies of around 96%—982%% (Figure 12).
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Figure 11: Process scheme with Energy Recovery Turbine [27].
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Figure 12: Process scheme with Pressure Exchanger [27].

6. In post-treatment the permeate is re-minerglisedhardened, disinfected by
chlorination and adjusted to drinking water staddar

3.2 Membrane Contactors

Among the large variety of membrane operations, brame contactors (MCs)
represent relatively new membrane-based devicésatkagaining wide consideration.
Membrane contactors are systems in which micropotoudrophobic membranes are
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used not as selective barriers but to promote tassniransfer between phases on the
basis of the principles of phase equilibrium. Athditional stripping, scrubbing,
absorption and liquid—liquid extraction operationas well as emulsification,
crystallization and phase transfer catalysis, canchrried out according to this
configuration.

Starting from the description of the basic principlef this technology, the most
promising perspectives in membrane distillation ameimbrane crystallizers in water
treatment processes are addressed in the follguaragraphs.

3.2.1 Membrane Distillation Technology

Membrane distillation (MD) is a relatively new pess, introduced in the late 1960s,
and it is investigated worldwide as a potential lowst, energy saving alternative to
conventional separation processes such as distilland reverse osmosis (RO).

The defining phenomenon

of MD is relatively
simple. A heated, aqueou
feed solution is brought

food Sc8)  of a _

hydrophobic,
microporous membrane
The hydrophobic nature 7

of the membrane prevent %/////
penetration of the
agueous solution into the
pores, resulting in a 7
vapour-liquid interface at

ea_Ch pore  entrance Figure 13: Membrane distillation process.
(Figure 13).

DISTILLATE
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dis,

The driving force for the process is linked to btk partial pressure gradient and the
thermal gradient between the two membrane sides.
A variety of methods may be employed to imposeviq@our pressure difference across
the membrane to drive flux and, according to thtungaof the permeate side of the
membrane, MD systems can be classified into foafigarations (see Figure 14):
(1) direct contact membrane distillation (DCMD), which the membrane is in
direct contact only with liquid phases (saline wair one side and fresh water on
the other, for example);
(2) vacuum membrane distillation (VMD), in whichetirapour phase is vacuumed
from the liquid through the membrane, and condengedeeded, in a separate
device;
(3) air gap membrane distillation (AGMD), in whidm air gap is interposed
between the membrane and the condensation sudiade;
(4) sweeping gas membrane distillation (SGMD), inchta stripping gas is used as
a carrier for the produced vapour instead of vacaanm VMD.
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Figure 14: Common configurations of the Membrane Distillatiprocess that may be utilized to
establish the required driving force [34].

The type of employed MD depends upon permeate csitire, flux, and volatility:

« SGMD and VMD are typically used to remove volatitganic or dissolved gas
from an aqueous solution;

e Because AGMD and DCMD do not need an external awsele they are best
suited for applications where water is the pernmggafiiux;

» the DCMD configuration, which requires the leastiipgnent and is simplest to
operate, is best suited for applications such aalo@tion or the concentration
of agqueous solutions (orange juice), in which wagerthe major permeate
component;

« AGMD, which is the most versatile MD configuratiazgn be applied to almost
any applications.

Regardless of the MD configuration used, water soldte (if the solute is volatile)
evaporate from the liquid-vapour interface on teedf side of the membrane, diffuse
and/or convect across the membrane, and are enelensed or are removed from the
membrane module as vapour on the permeate side.

The documented and expected benefits resulting M@rapplication are as follows:

1. The nature of the driving force, coupled with thyelto-repellent character of the
membrane, allows, at least theoretically, the ceteptejection of non-volatile
solutes such as macromolecules, colloidal speicies, etc.

2. The required operating temperature is much lowan ttihat of a conventional
distillation column because it is not necessariaat the process liquids above
their boiling temperatures. Typical MD processesn dae conducted at
temperatures below 70°C and driven by low tempeegatlifference (20°C) of
the hot and the cold solutions, thus permittingeffeient recycle of low-grade
or waste heat streams, as well as the use of alieenenergy sources (solar,
wind or geothermal) for a cost and energy efficlenid separation system.

3. Since MD is a thermally driven process, operatirgspure are generally on the
order of few hundred kPa, relatively low comparegitessure driven processes
such as RO. Lower operating pressures translal@aer equipment costs and
increased process safety.

4. Membrane fouling is less of a problem in MD than ather membrane
separations because the pores are relatively ggared to the pores in RO
and UF.

5. MD permeate flux is only slightly affected by thencentration of the
feedwater, and thus, unlike other membrane prosespeoductivity and
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performance remain roughly the same for high comagon feed-waters. This
means that, by membrane distillation, pure water aso be obtained from
highly concentrated feeds with which RO cannot afgerTherefore, MD can be
preferentially employed whenever high permeate wvegofactors or retentate
concentrations are requested.

6. Robust membranes: since the membranes in MD aalynas a support for a
vapor-liquid interface, they do not distinguishveeén solution components on a
chemical basis, do not act as a sieve and dceact electrochemically with the
solution, then they can be fabricated from almasy ahemically resistant
polymers with hydrophobic intrinsic properties. $htharacteristic increases
membrane life.

Polypropylene (PP), polytetrafluoroethylene (PTFE) palyvinylidenefluoride

(PVDF) are preferentially used in the preparation ntémbranes for such
applications. PP in isotactic configuration exhikatecellent solvent resistant
properties and high crystallinity. PTFE membranes laghly crystalline and
show very good thermal stability and chemical tesise (they have low
solubility in practically all common solvents); PVIpelymer, soluble in aprotic
solvents such as dimethylformamide (DMF), dimethgtamide (DMAc) and

triethylphosphate (TEP), also demonstrates good midlerand chemical
resistance [35, 64]. New amorphous perfluoro pessn(as Hyflon, Teflon,
etc.) can be also utilized neglecting their stigjihcosts.

7. The high flexibility of MD operations offer the edttive opportunity to
integrate them in various important industrial proibn cycles with consequent
benefits due to the synergic effects that can aehed.

Table 8 shows some MD applications reported imditee.

Table 8: Membrane Distillation applications reported irf#ture.

Reference Application Configuration
Calabro et al. [53] Wastewater treatment DCMD
Nene et al.[54] Concentration of raw cane sugar DCM
Calabro et al. [55] Concentration of orange juice CNID
Bandini et al. [56] Concentration of must VMD
Lagana et al. [57] Concentration of apple juice oM
V.D. Alves, .M. Coelhoso [58] Concentration ofucsose solution, | DCMD

used as a model fruit juice
Corinne Cabassud, David Wirth [59 Seawater deatidin VMD

MD has been applied for separation of non-volatdenponents from water like ions,

colloids, macromolecules [35-42], for the removatrace volatile organic compounds

from water such as benzene, chloroform, trichldrglehe [35, 43 -48] or the extraction

of other organic compounds such as alcohols frdatedaqueous solutions [35, 49-52].
As a consequence, MD is suited for both conceptmatif aqueous solutions and water
production. In fact, MD has been applied for biomabapplications (such as water
removal from blood and treatment of protein solutp water desalination, wastewater
treatment and food processing (concentration egjand raw cane sugar) [34].
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Some of the technologies conventionally used tooperfsimilar operations are: multi-
effect distillation (MED), multi-stage flash (MSF),ewerse osmosis (RO),
electrodialysis/electrodialysis reversal (ED/EDR). comparison with conventional
MSF process, a MD plant is more compact and estatagsahe height of the MSF
stage usually is in the range of 4-6 m, high comgawith thex 1 cm height of a MD
cell. 1 nf of MD membrane has a volume of 0.0 and produce, with current
generation configurations, up to 129 kdfmyielding a volumetric production rate of
12,900 kg/rh. The corresponding production rate pérahplant surface area for MSF
is 306.7 kg/rfh, and considering a 4-m stage height, the MSF m®bas a volumetric
production rate of 76.6 kgffth, about 40 times lower [60]. The dimensions of a
conventional distillation column are orders of miawgghe larger than those of a
comparable MD plant because the large vapour sgapered by a distillation column
is replaced in MD by the pore volume of a micropmanembrane, which is generally
on the order of 10@um thick [35]. Moreover, where conventional distiken relies on
high vapour velocities to provide intimate vapoguld contact, MD employs a porous
membrane to support a vapour-liquid interface. Assailt, MD process equipment can
be much smaller, which translates to a savingrmgeof real estate [35].

The most interesting perspectives for the developmef MD technology in
desalination are related to the possibility of dowgpMD with other processes, such as
NF and RO, (i) for reducing the amount of oxygertamon dioxide dissolved in water
streams, and (ii) for increasing both the qualitg &ii) the recovery factor of the water
treatment plants:

(i) In desalination, the content of oxygen and oarbdioxide in the seawater
considerably affects the performance and the natéfé of the desalination plants.
Carbon dioxide also affects the pH and the condigtiof the water and could
influence the salts precipitation. Removal of thgases is usually made by stripping in
a packed column and the final water pH is adjustgdneans of caustic soda. This
operation is difficult to fine control - due to tiwery low dosing rates- and is not well
accepted by end users who do not prefer chemidadigted waters. Membrane
contactors working on the reverse osmosis pernsatéor feed can efficiently lead to
the desired control of the oxygen and carbon dexidntent avoiding the final use of
chemicals. Membrane contactors can be also apgbedachieving a bubble-free
efficient water ozonation.

(i) Since MD operation operates on the principlés/apour-liquid equilibrium, then
only volatile components are transferred throughrttembrane. As a consequence, MD
process can be used for the treatment of polluetémio convert it into pure water and
in a concentrate containing the substances présehe parent solution. For example,
as described irChapter 7 MD can and has been also used for boron and iarsen
removal from water, in order to obtain substanp@llutants reduction in the permeate
streams of the water treatment plants [61].

(iif) Because MD is not limited by concentrationlgzation phenomena as it is the
case in pressure driven processes, when it opesat®d~/RO brine, more fresh water
can be produced.
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3.2.1.1 The Membrane Distillation Process: vapor-djuid equilibrium, negative flux
and membrane wetting

The driving force in MD is a vapour pressure difiece across the membrane, which
can be imposed by a temperature difference achessnembrane, or by a vacuum or a
sweep gas on the permeate side of the membrane.

One of the first assumptions made when modelling p8cess is that kinetics effects
at the vapour-liquid interface are negligible. lihner words, the vapour and liquid are
assumed to be in the equilibrium state correspgndm the temperature at the
membrane surface and the pressure within the memlpares. Further, the curvature
of the vapour-liquid surface is assumed to havdigibte effect on the equilibrium as
compared to the flat surface state. A measureegffect of curvature is given by the
Kelvin equation [35]:

PO = plexf =1L _|  (g)
reR T

where Bis the pure liquid saturation pressure above aeofiquid surface with radius

of curvature r,Pg is the pure liquid saturation pressure above tasfiaface,y, is the

liquid surface tension, c is the liquid molar dénsR is the gas constant, T is the
temperature. Generally, the effect of curvaturesddeovercomes 2%, then it can be
considered negligible. As a consequence, therétaignificant influences on vapour-

liquid equilibrium and it can be mathematically déised by the equality between the
fugacity of i-component in vapour phase and fugagitthe same i-component in liquid

phase according to the following well-known theriypoamic equations:

A

fir=fiv
fir=xi &P (7
fiv =yl

where x and y are, respectively, the molar fraction of i-compdneniquid and vapor
phaser is the total pressureg, the activity coefficient of i in solution (whicls function
of temperature and composition, can either be estunftom available experimental
data or it can be calculated from one of a larggetyaof available equations -such as

Van Laar or Wilson or UNIQUAC or NRTL equationsB’-,0 is the vapour pressure of

pure i. In the equations (7), the effects of thespure on the liquid (poyting factor) and
the non-ideality of gas phase are neglected. Thgpethesises are acceptable in the
range of temperature and pressure usually usednmbname distillation process.

In MD the phenomenon akversed or negative fluxas been also observed. Negative
flux results from a negative pressure drop acroesmbmbranﬁpﬁ - ppi)< 0 caused by

a difference between the feed and the permeatee SiINDCMD feed must be an
agueous solution and the permeate is generally water, the permeate has a higher
osmotic pressure than the feed. As a results, eshiotd temperaturdifference AT®
must be overcome before positive flux is observeD process. FortunatelAT® is
generally on the order of 1°C or less for typicaDMolution concentrations and
operating temperatures [35]. TRE® can be calculated by the equality of the partial
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pressures at the two membrane sides (conditiomidfflux), using Clausius-Clapeyron
equation to simplify the vapour pressure-tempeeatatationship:

A_PpoA_HZ (8)
AT RT
2
aTo=RTZ X 1 ()
AH | (1-x)

where (8) is Clausius-Clapeyron equation. Equaf@)ris obtained when the following
approximation for ideal dilute solutions is intradual in (8):

pi =R°(l-x) (10)
where x is the molar solute concentration.
Another problem in MD is themembrane wettingvhich occurs when the liquid
penetrates into and through the membrane pores @more has been penetrate it is
said to be “wetted” and the membrane must be cdelpldried and cleaned before the
wetted pores can once again support a vapor-ligtedface.
The Laplace (Cantor) equation provides the relatigm between the membrane’s
largest allowable pore size&y) and the related operating conditions [35, 65]:

-2B v, cod
= APrertace< APy =—— = (11)

max
where B is a geometric factor determined by pangcsire,y, the liquid surface tension
ando is the liquid/solid contact angle.
When the hydrostatic pressure on the feed side MfDamembrane exceedSPeny,
liquid penetrates the pores and is able to passiginthe membrane.
As stated earlier, in MD process membrane foulghgat a relevant problem such as in
other membrane separations but fouling particleloutes attached to the membrane
surface might cause plugging of the membrane pot@mces causing first some flux
decay and, then, may lead to membrane pore wettinfgct, the increased deposition
of the fouling species at the membrane surface nagéntually lead to an increase in
the pressure drop to levels that the hydrostagsgure may exceed thA€enuy.

I:)quuid- IDvapor nterface
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3.2.1.2 Heat transfer in membrane distillation proess

Figure 15 illustrates the possible heat transfeistences in MD with an electrical
analogy.

T

— AN
aq /Ii hqg
h y . 1/h,
1/hy
Tf Tfm Tpm Tp

Figure 15: Heat transfer resistances in MD.

Heat is first transferred from the heated feed tsmiuof uniform temperature;across
the thermal boundary layer to the membrane sudbteeate Q =t AT:. At the surface

of the membrane liquid is vaporized and heat isstiexred across the membrane at a
rate Q = hy - AT, = N- AHy (where N is the rate of mass transfer Ahtj is the heat

of vaporization). Additionally, heat is conductéddugh the membrane material and the
vapour that fills the pores at a rat@ € hy - ATy Wherehy, =& lhpyg +(1-&)hms (& is

the membrane porosityy,,; andh,s represent the heat transfer coefficients of theowa

within the membrane pores and the solid membrarterrah respectively). Conduction
is considered a heat loss mechanism, because mesponding mass transfer takes
place. Total heat transfer across the membrane s @ + Q. Finally, as vapour
condenses at the liquid-vapor interface, heatnsoxeed from the cold-side membrane
surface through the thermal boundary layer atea@athy AT,

The overall heat transfer coefficient of the MD gess is given by:

i+, ,t_1, ! oL (12)
U hy hp+h, h

hy (KgBHKm(l—e)j+ N [AH,, h,
6 Tfm _Tpm

where eachh and eachTl represent the corresponding heat transfer coefiisi and
temperatures shown in Figure 15.
The total heat transferred across the membranigas ty:

Q=U-AT (13)
Equation (12) illustrates the importance of minimgzthe boundary layer resistances
(maximizing the boundary layer heat transfer coedfits). A commonly used measure
of the magnitudes of the boundary layer resistameksive to the total heat transfer
resistance of the system is given by the tempezatalarization coefficient (TPC):
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Ter =T
TPC=—M__PM (14
T -T

f='p
v if TPC - 1, the MD system is well designed and it is limitgdmass transfer;
v if TPC - 0, the MD system is poorly designed and it is limiitey heat transfer
through the boundary layers.

In literature, the recommended range of TPC is fiosh to 0.7 for well designed
systems [35].
The boundary layer heat transfer coefficients amost always estimated from
empirical correlations such as the followings:

» Sieder-Tate correlation for turbulent liquid flomside circular tubes

NulK'
h:u—

0.8 1/3 0.14
! C
h—g = o,ozstﬁd—ej EELT“J [EL] (15)
K u K Hw

where d is the tube diameter! 6 the thermal conductivity of the liquid, G istmass
velocity equal to w/S =pv>, u is the bulk liquid viscosity, is the liquid viscosity at
the wall, g is the liquid heat capacity, is the heating/cooling correction factor.
Equation (15) should be used for Re > 6000 andutoes with large ratiols/d (where L
is the tube length). For short tubes (L/d < 50)vesal corrections are available,
including:

, Nu = 0,023[Re®*Pr" 30" or

07
h ’ . - .
o :1+(%j where b, is the heat transfer coefficient given by eq. (15)
[ee)
For the case of a non-circular flow channel, theseelations can still be used if the
equivalent diameter.@f the flow channel is substituted:
d, =40, = 4D§ —40 across sectlonahrgaof theflow channel (r., = hydraulicradius)
Lp lenghtof thewettedperimeterof theflow channel

» Sarti correlation for laminar liquid flow in circal tubes with constant wall
temperature:

mc
Nu=3.66+ 200762 \here Gz=  (16)

1+0.041GZ%® KTL
where G is the Graetz number is the mass flow rate, ¢s the liquid heat capacity,
K" is the liquid thermal conductivity, L is the lehgif the tubes.
However, several empirical correlations exist whallow to estimate the boundary
layer heat transfer coefficients for other geonestand heat transfer mechanisms.
The heat transfer across the membrane has beadyblescribed.
For what concerns the heat transferred by conveetithin the membrane pores, this
can be also considered but is negligible becauseention accounts for, at most, 6% of
the total heat lost through the membrane and or8%00of the total heat transferred
across the membrane [35].
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3.2.1.3 Mass transfer in membrane distillation proess
Figure 16 illustrates the possible mass transfsistances in MD using an electrical

analogy.

1/h Knudsel molecular 1/h,
PANVANIVAN

V VvV VvV
surface

Figure 16: Mass transfer resistances in MD.

The resistances shown in Figure 16 are arrangetbsyibed by the dusty-gas model
(DGM), which is a general model for mass transpogorous media.

v' Mass transfer across boundary layers
A mass balance across the feed side boundary yasles the relationship between
molar flux N, the mass transfer coefficientand the solute concentrationsandc,
at the interface and in the bulk, respectively [68]:

N ok mnsm a7

p Ch

wherep is the solution density.

The method that is used in literature to deterntiveemass transfer coefficient is to
employ an analogy between heat and mass trandferefbre, egs. (15) and (16)
can be used to estimate boundary layer mass trasw#ficients by substituting the
Sherwood number for the Nusselt number, the Schimidhe Prandtl, and the mass
transfer Graetz number for its heat transfer famgeneral, the used correlations
are as follows:

Sh=aR S  (18)

where Sh = Sherwood number (k,d},)/D (ch hydraulic diameter, D diffusion
coefficient in the liquid), Sc = Schmidt number &(pD) (u is the bulk liquid
viscosity, p is the solution density), Gz, = mass transfer Graetz number

=Gz = (m is the mass flow rate, L is the tube length).

PDag
As a result of the solvent trans-membrane flux s€ithe membrane, when aqueous
solutions containing non-volatile solutes are coesed, the concentration of the
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non-volatile solutes at the membrane surfdlg, becomes higher than that at the
bulk feed Cgp) with time as long as the separation processkiadaplace. Almost
100% of separation is obtained. In this case, oarst be taken as supersaturation
states may eventually be achieved affecting theieffcy of the membrane process.
The term concentration polarization coefficient @JHs defined to quantify the
mass transport resistance within the concentrdtoamdary layer at the feed side as
follows:

cpc="Bm  (19)
Ceb

The increased concentration of non-volatile compisunext to the membrane
surface would have the influence of reducing tlesmembrane flux due to the
establishment of concentration polarization (CRelaat the feed side that acts as a
mass transfer resistance to the volatile molequéeiss (water). As stated earlier, in
other membrane separation process (pressure-drivengh UF/NF/RO,
concentration polarization is usually consideradajor cause for flux decline [65]
(see Figures 16 a) and b).
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Figure 16. Influence of feed concentration on RO and MD.

Fortunately, in MD process, the low to moderatenflates and high heat transfer
coefficients reduce the impact of concentratiorapphtion, which is lower than that of

the temperature polarization effect [57, 65, 6lh]fact, boundary layers next to the
membrane can contribute substantially to the olvérahsfer resistance: heat transfer
across the boundary layers is often the rate lmgitstep for mass transfer in MD

because a large quantity of heat must be suppi¢det membrane surface to vaporize
the liquid, and because the membrane fabricationni@ogy has improved in the last

decades so much that MD process has shifted awaylieing limited by mass transfer

across the membrane to being limited by heat tesrtbfough the boundary layers on
either side of the membrane.

v" Mass transport through the membrane pores

As stated earlier, the mass transfer process inigvidiiven by the imposed vapour
pressure gradient between both sides of the membrdhe mass transport
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mechanism is governed by three basic mechanismerkae Knudsen-diffusion,
Poiseuille-flow, Molecular-diffusion or the combiians between them known as
transition mechanism (excluding surface diffusioegligible in MD because, by
definition of the MD phenomenon, molecule-membrarteraction is low and the
surface diffusion area in MD membranes is small gared to the pore area).

The Dusty—gas model is usually used as a generdklnaking into account the
latter basic mechanisms [35, 64, 65]:

D D
NP n piNT=piINyT g

— Tt 2 =-=Hpi  (20)
k . . 0
Die j=1#i Dy RT
gr? o
NY=————"10OP (21)
' 8RTtu
k _2¢er |[8RT
D =— 22
© 31 | nM; (22)
0 _&8 RO

where N is the diffusive flux, N is the viscous flux, Dis Knudsen diffusion
coefficient, O is the ordinary diffusion coefficient; js the partial pressure of the
component i, P is the total pressure,istthe molecular weight of component i, r is
the membrane pore radius,is the membrane porosity (assuming the membrane
consists of uniform cylindrical pores), u is thaidl viscosity,t is the membrane
tortuosity. The subscript “e” is indicative of thedfective diffusion coefficient
function of the membrane structure.

There is only one problem with the application led DGM to MD and that lies in
the fact that MD is a non-isothermal process. Tk&VDwas derived for isothermal
flux, but has been successfully applied to nonhisohal systems via the inclusion
of terms for thermal diffusion and thermal tranapon. However, it easily shown
[35] that these terms are negligible in the MD epieg regime, and g in the
membrane is used in place of T in the DGM equations

Regardless of which mechanism is involved in thessntansportation process, the
molar flux, N, must be proportional to the vapqressure difference across the
membrane:

N =CAP
where AP is the vapour pressure difference across the merabi(dunction of
temperatures and compositions at the membranecs)yfa is the membrane distillation
coefficient that can be obtained experimentallys @ function of temperature, pressure
and composition within the membrane as well as nian# structure and depends on
the MD configuration employed as well as on the #san number (Kn, ratio of the
mean free path of the transported gas moleculéstirough the membrane pores to the
mean pore diameter of the membradp.(In fact, Kn number determines the physical
nature of flow through membrane pores and, sineemibmbranes used in MD exhibit
pore size distribution, more than one mechanism ocayr through the membrane.
Mass transfer in direct contact membrane distdlaDCMD, the configuration utilized
in the following chapters) can also be separatéal tiree steps (e.g. mass transfer in
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feed boundary layer, mass transfer across the namaland mass transfer in permeate
boundary layer). The mass transfer in permeatedaryriayer is not taken into account
since the mole fraction of the transporting speciesthe permeate stream is
approximately equal to one. For what concerns tassntransfer in boundary layers, it
is general to neglect surface diffusion and viscthow, and to employ a Knudsen-
molecular diffusion transition model [35, 68].

3.2.2 Membrane Crystallization Technology

Membrane Crystallization (MCr) has been recentlpposed as one of the most
interesting and promising extension of the MD cqad62, 63], an innovative process
for the quasi total recovery of the desalted watenbined to solid salts production. As
a matter of fact, this innovative technology useaperative mass transfer of volatile
solvents through microporous hydrophobic membranesrder to concentrate feed
solutions above their saturation limit, thus aitagna supersaturated environment where
crystals may nucleate and grow.

One of the main characteristics of MCr is that thembrane does not act only as
support for the solvent evaporation but also indulbeterogeneous nucleation. As a
matter of fact, a crystallizing solution can be gmed as a certain number of solute
molecules moving among the molecules of solventcidling with each other, so that
a number of them converge forming clusters. All thesters larger than critical nuclei
(r*) grow spontaneously. There is, anyway, an esgrgbarrier AG* (nucleiation
barrier) that must be crossed in order to indhegfdrmation of stable nuclei [64].

The presence of the polymeric membrane in the a@ltighg solution decreases the
work required to create critical nuclei and willciease locally the probability of
nucleation with respect to other locations in tlystem (this phenomenon is called
heterogeneous nucleation). By considering the acteans between solute and solid
substrate in terms of contact an@léwhich the crystallizing solution forms with the
solid substrate), the reduction®& due to heterogeneous nucleation is equal to:

1 1
AG heter = AGhomo{E - %CO@ + Z COSO’G}

When a solution wets completely the solid substiatel80° andAGy,eer = AGpomog: fOr
a contact angle equal to 90° (limit between hydvafoand hydrofilic behaviour)

AGheter:%AGhomog' As a consequence, we can conclude that the meseh an

hydrophobic membrane (90° & < 180°) promotes the nucleation by decreasing the
amount of energy required to form stable nuclei.

Because the relation betwe@®Gneter and AGhomog depends byp, different polymeric
membranes exhibit dissimilar interactions withcaid phase.

Another main feature of membrane with respect toveational crystallizers is that the
first one is characterized by an axial flux, in laar regime, of the crystallizing solution
through the membrane fibres. The laminar flow o ®olution through tubular or
capillary membranes improves the homogeneity of thether liquor, reduces
mechanical stress, and promotes an oriented osg#@mzof the crystallizing molecules.
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As a consequence, crystals exhibiting good strattproperties and narrow size
distribution are generally produced in membraneteadiization devices.

The most interesting perspective for the develognoérMCr technology is probably
related to the possibility of combining it with eth conventional pressure-driven
membrane processes such as NF and RO in ordemath the goals ofuasi total
recovery of the desalted water combined to solith gaoduction(seeChapter 2Zand6).
Since MCr operation is not limited by concentratpmiarization phenomena as it is the
case in pressure driven processes, when it opevatéd= and/or RO brine, the highly
concentrate brine does not represent waste butmibiber liquor in which (i) the
crystals, usually present in the concentrated siseaf the desalination plants, could
nucleate and grow and (ii) more fresh water caproeuced. In this logic MCr allows
to utilize the added value of the retentate streasoslly discharged by the desalination
plants, thus reducing brine disposal problem, pcodpuvaluable crystals and increasing
plant recovery factor [62, 63, 69].

3.3 Membrane Bioreactor Technology

Membrane Bioreactor (MBR) is an emerging technolfogyywaste)water treatment and
recycling combining membrane filtration with biologl treatment. The reactor is
operated similar to a conventional activated sludgmcess but without the need for
secondary clarification and tertiary steps likedsaltration (Figure 17) [70, 71].

2.1. Conventional scheme
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Figure 17: Typical treatment schemes used for tertiary treatnrand further polishing of secondary
effluents before urban water reuse [72].
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To clarify what happens in a MBR, its advantages dmawbacks, it is better to describe
how a typical waste-water treatment plant usuallyrks. It generally involves four
stages, callegrimary, secondarytertiary and, sometimes, quaternary treatment

1.
2.

In an

first, the solids are separated from the wastevsiteam;

in the secondary treatment (often also includintgient removal) the dissolved
biological matter is progressively converted intosalid mass by using
indigenous, water-borne microorganisms. This treatmis characteristic of
restricted agricultural irrigation (i.e. for foodops not consumed uncooked) and
for some industrial applications such as indust@ling (except for the food
industry).

Finally, the biological solids are neutralized tliisposed of or re-used, and the
treated water may be disinfected chemically or pajly (for example by
lagoons and micro-filtration). The final effluerdrcbe discharged into a stream,
river, bay, lagoon or wetland, or it can be usedtlie irrigation of a golf course,
green way or park. If it is sufficiently clean,ciin also be used for groundwater
recharge.

Quaternary treatment is a treatment producing étgu@amparable to drinking
water, often involving a "dual membrane" step tcetnenrestricted residential
uses and industrial applications requiring ultrapuater.

MBR, low-pressure membrane filtration, eit¥ or UF, is used to separate

effluent from activated sludge.

Activated sludgds a sospension in water of active biological mate(saprophytic
bacteria, amoebae, Spirotrichs, Peritrichs andrathieroorganisms) that substantially
removes the biodegradable organic material presenisaste-waters. An activated
sludge process (Figure 18) has to include at asstages: (i) an aeration tank where
air (or oxygen) is injected in the mixed liquorpgmmote the growth of biological floc
that substantially removes organic material an{l dii settling tank to allow the
biological flocs to settle, thus separating theldgeal sludge from the clear treated

water.

Influent —’

In the MBR, the membranes arvwﬁr

typically immersed in the aeration tank

citiuent tor
al _—&U --_’k)_’ _’ e
Screen Primary Aeration Secondary Sand
(:|;'h'|?-c.' Basin {:|ar|'.:g'_"1‘ Fi ter
{Optional)

Figure 18: Schematic representation of contional activated sludge proc:.

(immersed configuration, Figure 19). v
However, in some applications, a Effluent
separate membrane tank is utilized t’
(external loop, Figure 20).

lExcess

The

first generation of membrane Figure 19: Schematic representation

bioreactors operated with organic or membrane bioreactor: immersed membranes.
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inorganic tubular membranes placed in externalrealdtion loops. To perform well,
the external loop configuration requires very higjuid velocity. In fact, the biomass
has to be pumped at high speed through the tubesq3n/s) so as to slow the fouling
of the membranes and reduce the frequency of claémlieaning [70]. Therefore, the
use of recirculation loops
leads to increase energy
costs (2 to 10 kWh/rof
water produced,
— depending on the internal
reacto diameter of the tubes
used) [70, 73]. In addition
wrorur | BNt ihe high shear stresses in
the tubes and in the
recirculation pumps can
contribute to the
destruction of biological
flocs, which has been linked to the loss of biatagactivity [70].
Immersed membrane bioreactors have been develajietf a need to simplify the use
of these systems and to operate more cost efféctihan the external loops with
respect to both energy consumption and cleaninginegents. In these configurations,
the membranes are directly immersed in the tank$agung the biological sludge and
the treated permeate is extracted. This operatiodentimits the energy consumption
associated with the filtration to 0.2 to 0.4 kWAT0, 73, 74].
Membranes applied in submerged MBRs can be eithiévi fibres or flat membranes
[70, 71].
Feed water for MBR plants needs sufficient prettmemt in order to prevent the
damages related to membrane fouling. Membranenigud significantly influenced by
the hydrodynamic conditions, by membrane type anduie configuration and by the
presence of higher molecular weight compounds, kvhiay be produced by microbial
metabolism or introduced into the sludge bulkingoass [71].
Because membrane is an absolute barrier for bacéed in the case of UF also for
viruses, the MBR process provides a considerablel lef physical disinfection. The
resulting high quality and disinfected effluent iep that MBR processes can be
especially suitable for reuse and recycling of eastter. Presently it has been applied
at full scale on certain industrial wastewater tireent, domestic wastewater recycling
[74] and is the configuration more often appliedrinnicipal wastewater treatment.
One of the key benefits of a MBR is that it effeety overcomes the limitations
associated with poor settling of sludge in conwardl activated sludge (CAS)
processes. The technology permits bioreactor dparatith considerably higher mixed
liquor suspended solids (MLSS) concentration th&$ Gystems, which are limited by
sludge settling. The process is typically operaeMLSS in the range of 8,000-12,000
mg/L, while CAS are operated in the range of 2,080 mg/L. The elevated biomass
concentration in the MBR allows for very effectivemoval of both soluble and
particulate biodegradable materials at higher logdiates. Thus increased Sludge
Retention Times (SRTs)—usually exceeding 15 dayssti@n complete nitrification
even under extreme cold weather operating conditidh].

Waste

v

Figure 20: Schematic representation of membr
bioreactor: external loop.
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Another advantage in the use of MBR is its compasgnup to 5 times more compact
than a CAS plant because the membrane module neglttee clarification tank, thus
producing significantly less excess sludge. In ted urban areas where the footprint
of the treatment plant is considered a limitingdacMBR facilities can be considered a
desirable option.

On the other hand, however, the energy consumphbenause of pumping, can be
significantly higher than with a CAS process. Aldw cost of building a MBR is
usually higher than conventional wastewater treatnmdowever, as the technology has
become increasingly popular and has gained widegmance throughout the industry,
the life-cycle costs have been steadily decreasing.

Since the early MBR installations in the 1990s, thenber of MBR systems has grown
considerably; projected total European revenuetiier MBR market is around 40
million euro in 2005 with a steady growth rate &b $71]. One key trend driving this
continue growth in the next 5-10 years is the us&BR systems for decentralised
treatment and water reuse. The majority of theeruly operating and commissioned
plants are small- to medium size. The entry of mamé bioreactors into large sized
projects has been slow. It is only in the last dewd years that the use of MBRs for
medium to large-scale domestic wastewater apphieatis beginning to grow. The main
factors that contributed to their development wehe experience gained with
pilot/small-scale projects, the decrease in thé cbmembranes and the improvements
in their performance.

Membrane bioreactors are by now almost exclusiued in wastewater treatment. The
great potential of MBRs to produce high qualityileght could also be of great interest
in the removal of a variety of anthropogenic orggmollutants and fouling agents that
are increasingly present in sea/brackish-water.

With respect to costs, MBR is considered a highh t@pcocess with high initial
investment costs when applied to wastewater tradtntéowever, this is not the case
when MBR is used to treat seawater, with a typiotl organic carbon concentration in
the range of 1.0-3.0 mg/L. Under such conditions tise of MBR technology,
especially in the submerged configuration, coulélvery cost-effective process.

4. Integrated Membrane Systems for Water Treatment

Over the last few decades more and more membrahadi®gy has emerged as the
most promising contributor to solve water short@pgeblems bysea/brackish water
desalinationandwastewater treatment and reuséhe success of membrane operations
is due to their intrinsic characteristics of effioacy and operational simplicity, high
selectivity and permeability for the transport gdesific components, compatibility
between different membrane operations in integragdtems, low energetic
requirement, good stability under operative condgi environment-compatibility, easy
control and scale-up, large flexibility and loweater cost compared with conventional
water treatment methods (Table 2).

At the beginning the research efforts were on @smosis membranes for sea and
brackish water desalination. These have had andmpa the progress of the whole
membrane science and considerable advances irfiluliteon and microfiltration
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technologies in water purification processes fankdng water production have been

also achieved:

v' The growth in MF/UF systems installations in thestplew years has been almost
explosive. In 1995 it was estimated that less 2&aMGD installed capacity was in
operation in North America [76]. Five years latestthnumber has grown to over 400
MGD. MF systems have been installed in both thealget water markets and for
water reuse applications treating municipal seconadfluent. UF systems have
been gaining wide acceptance for potable waterrerg@ment.

v' Large NF plants have been put into operation inriéido for organic removal.
Plantation has 18 MGD capacity and Palm Beach Goisnbuilding a 30 MGD
facility. Other large installations are plannedtie future. The metropolitan Water
District is evaluating membrane technology and iogkat very large nanofilters
plant to reduce TDS and lower hardness in addiiopathogen protection. These
plants could exceed 200 MGD.

Today, for more and more increasing the reliabtynembrane based water treatment

processes (which means decreasing desalted watsy owreasing water quality, rising

fresh water recovery factor and reducing the emvitental impact of discharged brine
streams), two different ways can be pursued:

- discovering new materials for making membranes nsieble and resistant to
chemicals in order to increase their performanak lde-time and, then, to reduce
the replacement and maintenance costs;

- coupling several membrane processes in order tcone the limits of the single
units and to use their synergic effects in termbeatter performance of the overall
system.

The possibility of redesigning overall industrialoduction by integration of various

already developed membrane operations is becomingadicular interest and is

growing rapidly with excellent results, becausetted simplicity of the units and the
possibility of reaching advanced levels of autor&iton and remote control. Moreover,
the rationalisation of industrial production byagtation of these technologies permits
low environmental impact, low energy consumptiond éigh quality of the final
product.

For example, microfiltration and ultrafiltrationeamore and more combined with RO in

the pre-treatment steps for removing suspendedssahd organic contaminants in raw

seawater, thus providing an RO feedwater of go@lityuvhich results in the reduction
of membrane fouling and, then, in capital and ojregacosts of the desalination plant.

In this logic also Membrane Distillation (MD) andekhbrane Crystallization (MCr)

techniques well fit in: since they are temperatdnigen membrane operations not

limited by concentration polarization phenomenaewMD and/or MCr operate on

NF/RO brine as post-treatment step, more freshrvweatie be produced thus increasing

plant recovery factor and decreasing the amoutttehighly concentrated streams that

the desalination plants usually discharged in cgean

In conclusion, membrane technology offers today wgwortunities in the design and

optimization of industrial processes. The posgibitif integrating the new membrane

operations (MD, MCr) together with the well-asselspeessure driven membrane units

(MF, UF, NF, RO) could contribute to reach the gaafl better water quality, reduction

of membrane fouling, lower fresh water cost, feweme production and, as a
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consequence, reduction of the environmental probletated to its disposal.

A successful example of an integrated water treatmecess is, instead, in the world’s
largest Integrated Membrane System put into operaby PWN Water Supply
Company North Holland in the Netherlands. In thianp UF and RO are the most
essential process elements of this treatment pleting a capacity of 18 million
m>/year (13mgd). Water abstracted from the ljsseleLiskprocessed in the membrane
plant. The treated obtained water is a drinkingewathich meets the most stringent
water quality criteria regarding desired low sajinminimal corrosion and optimal low
hardness and organic matter content.

4.1 Pre-treatment strategies

Due to the fouling sensitivity of membrane unitgghhquality feedwater is required to
ensure stable, long term performance. In particR@rmembranes are susceptible to a
wide variety of organic and inorganic foulants. ifieient pre-treatment, supplying
high quality feedwater, regardless of fluctuatiohraw water quality, is therefore
essential for an efficient plant operation.

Ineffective or unreliable pre-treatment can leadptoblems with the RO system
including high rates of membrane fouling, high freqgcy of membrane cleanings,
lower recovery rates, high operating pressure, pmaduct quality and reduced
membrane life; all having a direct impact on planbductivity and operational costs
[24]. Accordingly, pre-treatment optimization isettkey factor for a successful RO
desalination system.

The type of pre-treatment dependsfeadwater qualitywhich varies with the location
of the plant, seasonal variations and intake syswfhile for feedwater from well
sources cartridge filtration is usually sufficiefgedwater from open seawater intakes
demands more extensive pre-treatment.

Pre-treatment operations can be divided into twonnggoups: (i) physical and (ii)
chemical pre-treatment. The first is responsible meechanical filtration through
screening, cartridge filters, sand filters or meamtar filtration. Chemical pre-treatment
includes the addition of scale inhibitors, coagtdamlisinfectants and polyelectrolyte
[29]. While chemical pre-treatment is responsilde pH adjustment, increasing the
solubility of salts and disinfection, the physiqale-treatment is responsible for the
separation of dispersed particles from the feecemtat prevent blocking, fouling and
flux decreases in the membrane.

In the past, conventional RO pre-treatment (whgkéfined as chemical and physical
pre-treatment without the use of membrane techmedddpas been widely applied. With
the cost of membranes constantly declining andqtiedity of feedwaters continually
deteriorating, an increasing number of plant owrsgesnowadays considering the use
of membrane based pre-treatments to replace l&sgef, conventional pre-treatment
systems, which do not represent a positive batoieolloids and suspended solids and
produce unsteady quality of RO feedwater [24].

Micro- and ultrafiltration membranes are considérahlternative options and it is
estimated that membrane pre-treatment will rapiglow in the coming years [29].
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Looking at the available pre-treatment technolodmsthe clarification of seawater
upstream RO, a quick and easy classification felaswvs:

v/ conventional pre-treatment;

v" membrane pre-treatment.
A rapid overview of the previously mentioned preaiment operations is proposed in
the following paragraphs.

4.1.1 Conventional pre-treatment

A typical conventional RO pre-treatment is showrFigure 21. Usually it consists of
the following parts:

v’ seawater intake system;

v’ rotating screens for coarse pre-filtration;

v' chemical additions (chlorination, acid and antiao& addition, in-line

coagulation, addition of flocculants);

v’ single- or double-stage sand filtration;

v’ cartridge filtration (mesh size 5—1n).
Chlorination is necessary to disinfect the feedewaind to prevent biological growth
which causes fouling for both filters and membrar@sd reduces treatment
performance. Chlorine is added to the raw watesaium hypochlorite (NaOCI) or
chlorine gas (C%).

As an alternative to chlorination, ultraviolet (U¥gdiation is able to disinfect the raw
water but so far is seldom applied.

Dechlorination has to be performed because resichiakine in the feedwater to the
reverse osmosis element may damage the membraogidgtion and/or hydrolysis.

Commonly, sodium metabisulphite is used for dedhédion due its high cost

effectiveness [29]. Moreover, beside sodium metdpiste, activated carbon is very
effective to reduce residual free chlorine.

Sometimes it is necessary to adjust the pH of ¢leel fivater to prevent Ca(;@:aling

by adding acids such as hydrochloride acid (HClswlphuric acid (IEISO4). In RO

applications, the pH value is generally lowered normalized value where RO
membranes show better performance.

Coagulation and flocculation agents (such as fd@iric salts FESOy)3 or aluminium
sulphate A(SQy)3) are added to promote the adsorption of dissolaedter on
hydroxides formed and the agglomeration of collbidaatter. A subsequent
sedimentation and sand filtration remove those aggtates from the feedwater.
During coagulation alkalinity is reduced and £®produced.

Different scale inhibitors are used to preventghecipitation of salts on the membrane
surface caused by supersaturation.
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Figure 21: Typical conventional RO pre-treatment [24].

Filtration is either performed in pressurized linsteel vessels or gravity driven
concrete chambers to remove a portion of the caaéenl organic and inorganic
particulate and colloidal matter present in the veater.

The final step of pre-treatment is a cartridgebag type guard filter with a mesh size of
5 to 10um to protect the RO membranes. Accordingly, pasidarger thantm only
are removed. Conventional filter systems are basked with filtered water and air at
least once a day. The filter replacement rate satepending on the raw water quality
and ranges between every two to eight weeks [24, 29

The above described pre-treatment systems may geofted water of an acceptable
quality when properly tuned and with good and canistaw seawater quality: a single
stage sand filtration or even a simple cartriddfeafion is able to achieve SDI values
well below 3 if the system is fed by water from tleavell sources which provide good
quality raw water. But, when open seawater intakesused, poor raw water quality
during storms or algae bloom can cause problems ieva properly tuned conventional
pre-treatment system [29].

Wolf et al. [24] listed the major disadvantagesaofonventional prreatment which

contribute to higher rates of RO membrane foulind ahorter RO membrane lifetime
expectancy of as:
v’ significant fluctuations of the quality of RO feedused by changing raw water
conditions;
v' difficult to achieve a constant Sfgk< 3.0, especially during high turbidity feed
water conditions;
v low removal efficiency of particles smaller than-18 microns;
v' possibility of breakthrough during filter backwash;
v’ carry over of high concentrations of colloidal paes immediately following a
filter backwash;
coagulant influences membrane performance;
large footprint due to slow filtration velocitieShe footprint of a conventional
pre-treatment is about 35-4G/&000 ni/day permeate [29].
In conclusion, conventional pre-treatment is gelhem@omplex, labour intensive and
space consuming.

v
v
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4.1.2 Membrane pre-treatment

Pressure-driven membrane operations are the newl ire designing pre-treatment
systems because they are able to remove a wides rahgontaminants including
particulates, colloids and pathogens.
Microfiltration and ultrafiltration membranes habeen successfully applied in pre-
treatment of much more difficult raw waters thamawsater, such as in industrial and
municipal wastewater for many years.
In a process using membranes in pre-treatment;ativewater is usually roughly pre-
filtered by a mechanical screen before it is fedthe membrane. Commercially
available modules are: immersed plate-, pressuirerdrcapillary-, pressure driven
spiral wound- and immersed hollow fibre- modulesosvicommonly, hollow fibre
modules are applied for pre-treatment [29].
For what concerns MF, it generally provides an R@divater of good quality, with
lower COD/BOD and a lower SDI in comparison to thdreated seawater. The total
costs for the MF are lower than that a conventipnaltreatment because of:
v elimination of fine filters in the RO systems;
v less membrane replacement cost due to the lengthreembrane useful life;
v' less chemical consumption and cost because leswiadle are needed for
disinfection, coagulation and dechlorination (sedI€ 9);
v elimination of cartridge filters cost because ndradge filters are needed before
the RO step (see Table 10) [15];
v' less maintenance cost for the high pressure pung the measuring
instruments;
v less labor cost because less manpower is needederate the conventional
pretreatment system and to clean the membrane amdamm the system [77].

Table 9: Chemical cost comparison for different pre-treattraptions [78].

Pre-treatment process Conv. UFMF UF/MF
RO cleans/y 3 2 1
Operating costs — k$ k$ k$
chemicals

Dosing and UF/IVF 61.4 241 241
cleamng

RO cleaning 835 55.7 278
Total 1449 198 519
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Table 10: Total water cost comparison for different pre-tneent options [78].

RO + conventional pre RO + UF/MF pre-treatment

Number of RO cleans treatment
per year —> 3 2 1

$ cents/m $ cents/m $ | cents/m
Electric power" 2,850,000 41.18 2,850,000 41.01 2,850,000 40.83
RO membrang 243,000 3.51 162,000 2.33 162,000 2.32
replacement
UF membrang 0 0 136,000 1.96 136,000 1.95
replacement
Chemicals 145,000 2.10 80,000 1.15 52,040 0.74
Cartridges 31,000 0.45 0 0 0 0
Maintenance and parts 415,000 6.00 415,0P0 5.9/ ,0805 5.95
Supervision and labor 265,00( 3.83 265,000 3.81 §014)3) 3.80
Amortization® 2,284,000 33.01 2,354,000 33.87 2,354,000 33.12
Total 6,233,000 90.07 6,262,000 90.1(¢ 6,234,000 3189.
Operating days per yedr 346 3475 349
Plant capacity [riy] 6920 6950 6980

A Based on an unit electric cost of 0.10 $/KWh, acéjmeconsumption of electric power of 4.1kWh/m
and, therefore, without the presence of currendlgpsed Energy Recovery Devices in the desalination
process.

By considering a price more normally used with tigjge of project evaluation (0.07 $/KWh), the energ
cost would be approximately 26 cent/meducing unit water cost from about 90 to 75 skt

® Based on amortization of capital at 8% over 20sea

Further improvement of the RO feedwater can beiodtaby replacing MF by UF. In
UF, not only suspended solids and large bacteriaalso (dissolved) macromolecules,
colloids and smaller bacteria are retained; tutpidnd suspended solids are completely
removed; SDI values are always well below 2 and @@&D/BOD decreased by the
removal of (large) dissolved organics. As a consaqa, UF permeate (the RO feed) is
significantly improved. Somewhat larger pressutesitMF have to be applied (in the
range of |-5 bar) so that the cost is higher than ¥IF, but competitive with
conventional pre-treatment. Moreover, allowing gRO membrane operating flux,
fewer RO membranes, pressure vessels, manifoldsesgnd lower total water cost are
expected [24]. Taking all factors into account, thial cost of a membrane desalination
plant constituted by UF + RO will be 2-7% lower rthide total cost of a SWRO plant
based on conventional pre-treatment [79].

Membrane application in surface water treatmerd ptevides many other advantages
over conventional treatment including: capabilifyhandling wide fluctuations in raw
water quality, enabling operation with a high atdbke permeate flux in long term
operation even during storm events and algae bldag)24, 29]; small footprint; low
energy consumption.

A comparative overview of the influence of both nieeme and conventional pre-
treatment is given in Tables 11 and 12.
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Table 11: Comparison of conventional and MF/UF pre-treatnfigy.

Cotventional pretrentivent

MFEUF pretreatrent

Benefits

C'npihﬂ costs Ciost conzpet itive with

MF/UF
Foot praae Calls for larger footpram
Energy Less than ME/UF as it
reqlurelnents could be gravity flow

Chiemical costs

High due to coagulant and
process chemicals needed

for optimmzation
BO eapital cost Higher than ME/UF sines
RO operates at lower flux
RO operaning costs - Higher costs as fouling

potential of RO feed water
15 high resulbing i higher
operating pressure. One
experiences frequent
cleaning of BD membraness.

E]ightl}' !:u'_g]:lm' than
conventional pretreatient,
Costs contime to decline as
developments ars made
Significantly smaller
footpruar

Higher than conventional

Chemical nse 15 low,
dependent on raw water
quality

Higher flux is logieally
possthle resnlting in lower
capital cost

Lower PO operatng costs
are expected due to less
fouling potential and longer
memtlvame his

Capital costs of METF could be 0-25%4
higher, whereas life cyele costs using
either of the treamment schemes are
comparsble

Foor pruar of MF/UF could be 30-30 %
of conventional filters,

WFF requires pumping of water
through the menbranes. This can vary
depending on the type of membrane and
water quality

Less chemicals

Dae 1o lower SDI values, RO can be
aperated al 2074 higher flux if feasible,
redueing RO capiral costs

The NDP (net driving pressure ) 23 likely
to be lowver if the feed water is pre-
treated by MF/TF. Membrane cleaning
frequeney 1s reduced by 10-100%4,
redncing system downtime and
prolonged element hife.

Table 12: Comparison of the impact of UF pre-treatment ofR@nbased sea water desalination pJ2dj.

UF pretreatment:

ZeeWeed® 1000 immersed

hollow fiber
Treated Water:

SDI,5: <2.5, 100% of the time,
usually <1.5
Quality: Consistent, reliable

Barrier activity:

breakthrough
Turbidity: <01 NTU
Bacteria: =5 log removal
Giardia: >4 log removal
WVirus: =4 log removal

Typical Lifetime:

UF Membranes: 5-10 years

Filter media: N.A.
Cartridges: often not needed
Average RO Flux: ~18 Imh

SWRO replacement-rate
SWRO cleaning frequency
Pretreatment foot-print

~ 0% per year

Positive barrier to particles
and pathogens — no

~1-2 times per year
~ 3060 (of conventional)

Conventional pretreatment:

in-line coagulation and

2-stage sand filters

Fluctuating

particles
<1.0NTU
N.AL

NAL

N.AL

N.AL

N.A.

20-30 years
2-8 weeks
~14 lmh

<4 for about 30% of the timer

Mot a positive barrier to colloidal and suspended

~14% per vear

L0045

~4—12 times per year

According to Wolf et al. [24], who compared convenal pre-treatment using inline
coagulation and two stage sand filters with membrame-treatment using UF
ZeeWeed® 1000 immersed hollow fibre based on serwdesalination plant (as
illustrated in Table 12), the use of UF membranensdd a better RO performance than
that with conventional pre-treatment.
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However, the major limitation of membrane filtratias fouling caused by the
deposition of materials on or within the structafethe membrane, which results in
increase in hydraulic resistances, operationalraaghtenance costs, and deterioration
of productivity and product quality [23]. Any spesiin the feed water is a potential
foulant and its impact will depend on its charasters and concentration as well as
membrane properties (pore size, charge, and hydbogty), module properties, mode
of operation and applied flux [23]. One of the mimsportant identified foulants found
in surface water filtration is natural organic neatfNOM). Bacteria can also adhere on
the membrane surface and create a biofilms [23].

In terms of design and membrane fouling control,dd MF are always protected by a
screen from 500 to 50m according to the membrane supplier. Moreovemicg to
Bonnélye et al. [81], it can be necessary to addagulation and settling/flotation for
the treatment of very bad water quality, to improlve permeate water quality feeding
the RO or to optimize the design (filtration flurncrease and membrane surface
reduction, cleaning frequency reduction, membréeeime increase). This coagulation
and settling is considered “the pre-treatment efglre-treatment”, and interesting is the
replacement of the settling technology by a flatattep.

In both cases, the full coagulation (i) allows &dreremoval of NOM; (ii) can face bad
seawater quality, high turbidity, algae counts (tete and blooms), hydrocarbon
pollutions; (iii) presents a definitive advantage the control of clarification-membrane
fouling.

In a dissolved air flotation Sty Eor—

(DAF) process, aboul /

10% of the raw water is iz i ] e
taken from the raw wate! . N/

stream, pressurised an [ Pl ] o,
saturated with air, before . | | e

it is released back throug| { | Dby

nozzles or valves into the mp Iy
raw water leaving the w,-}

flocculation chamber. The . oz _ .
sudden pressure releas ‘ }L"

forms micro bubbles of - _ a0 | .

about 60 microns in size y - -

onto which preformed = e Ak

flocs and particulate P o e
matter attach and are Figure 22: AquaDAF™ technology [8].

carried by the bubbles to the surface. DAF caneaghieffluent turbidity <0.5 NTU,
effectively removes high concentration of algae ahdws advantages in treating very
cold raw water [29]. Bonnélye et al. [81] reportar®e piloting tests performed by
Degremont showing that dissolved air flotation (ABAF™, Figure 22) prior to
immerged membrane filtration (GE/Zenon’s produdgufe 23), improves the UF
membrane filtration and optimizes the cost of thedde-treatment.
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Figure 23: Submerged UF membra
(ZW1000 V3 -GE/Zenon’s product) [81].

It must be noted that the association pre-clatibcaplus UF/MF allows a significant
reduction of costs mainly due to the increase ltfafion flux in the case of difficult
surface seawater [81]. But this process is stilranexpensive than conventional pre-
treatment. UF/MF and pre-coagulation can only bstifjed if associated with a
reduction of the RO cost. In fact, the challengdis$olved air flotation (AquaDAFTM)
prior to immerged membrane filtration is to prodachigh-quality treated water which
allows higher RO flux (and/or higher recovery), deas an optimum RO power
consumption and improves reliability regarding bidfng issue. Only RO flux higher
than 10% would make this process a cost-effectiation.

In conclusion, the choice of the best pre-treatmstningly depends on raw water
quality to treat and can extend the applicabilityh® RO treatment on a wider variety
of sources.

Further improvements to RO flux and reliability cdre achieved through the
introduction of NF as pre-treatment process becatiskas implications on the
desalination process itself: turbidity, microorgans, hardness, the most part of
multivalent ions and 10-50% of monovalent specikepénding on NF membrane type)
are retained through this operation. As a consempjehe osmotic pressure of the RO
feed stream is decreased, thus allowing the urdp&rate at higher recovery factors. In
fact, according to Drioli et al. [67], coupling N&hd RO for seawater desalination, a
global recovery factor of 52% can been obtainedenigher than that of a typical RO
operation which is in the range of 35-40%. Moreovee integrated NF-RO process is
more environmentally friendly, because less adelitiyantiscalants, acid) are needed
[15].

4.2 Brine disposal strategies

Seawater desalination processes are positivelyribating to solve the problem of
water shortage but, at the same time, they causdljjosome negative impacts on the
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environment that need to be minimized. In fact,atleation plants supply water for

municipal, tourist, agricultural and industrial us@d they preserve natural water
resources from exploitation providing water for restional areas and forests. But,
besides this environmental protection effect, thesve several disadvantages
concerning their impact on the environment: nogsemitted, energy is consumed and
highly concentrated brine as well as waste memisraage to be discharged.

- Air emissions - Visual disturbances
- Acoustic disturbances

- Walter quality
- Marine life

ﬁ - Land emission

- Waste disposal

Hl JEJ.LLLLII

Figure 24: Environmental impact of RO desalination [29].

Special attention has to be paid to the way bndischarged. At present, the majority
of desalination facilities discharge their concatgrwaste streams into surface waters or
the oceans. This disposal method represents clyrrdré most effective and least
expensive option for both small and larger systdotated near coastal regions.
However, the promulgation of more and more strihgenvironmental protection
regulations will reduce progressively this oppoityin Negative influences of the
discharged brine may not only damage the envirohroemeduce public acceptance,
but can also result in financial penalties if toyictandards are not met.

Three aspects of the highly concentrated streanisetdischarged are important: (1)
temperature, (2) salinity and (3) chemicals disgedrwith the brine.

The temperature rise may have a negative influend@e oxygen level of the receiving
water; the same effect is found for a salinity @age. The increased salinity resulted in
a significant impact on marine organisms due torthigiral osmosis phenomenon. This
is the ability of water to move in and out of ligicells (anything else that membranes)
in response to a concentration of a dissolved nadtentil an equilibrium is reached. It
was observed that, after three years of operaligher salinity resulted in significant
degradation on some macro-algal populations, whilme other species completely
disappeared within a distance of 100 m from thehdisge point. Changes in the
observed marine ecosystem are shown in Table 13 [29
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Table 13: Benthic community at the Dhekelia plant [29].

Before Operation | After three years
[%] of operation [%]
Polychaetes 27 80
Echinoderms 27 .
Scaphopods 26 .
Gastropods 20 .
Crustaceans — 20

For what concerns chemical agents utilized duri@ydesalination process, these are a
real contamination for the receiving water. Van d@ruggen et al. [15] classified
chemicals into three major categories: (1) biogig2sscale control and (3) anti-foams.
New trends are in the development of environmenfakkndly products (such as the
use of polymeric additives based on maleic anhgdaiod biodegradable anti-foams).

Possible measures to mitigate environmental impkitte discharged brine are [29]:

v lower recovery rates and/or dilution of the bringhwseawater prior to the
discharge to reduce its salinity;

v discharge devices, such as multiple port diffusgpseading the brine across a
larger area and increasing dispersion velocity;

v’ dilution of the brine with water from other processe.g. with cooling water
from power;

v discharge in an area with strong currents and@hde

In the present work, membrane contactor technolug/ been applied in order to

reduce pollutant emissions and to ensure a morm@nedtuse of natural resources.

As described in details iBection 3.2and inChapters 2, 6 and, &vhen the NF/RO

retentate streams of a desalination plant are psacein a MD and/or MCr unit, the

added value of the retentate is utilized with seivadvantages:

1. the salts usually present in the highly concentratgreams of the
desalination plants (sodium chloride, magnesiumptsate, calcium
carbonate) are recovered in the form of valuablgstats for medical,
domestic or agricultural use.

2. The recovery factor of the MD and MCr is, respeslify 77 and theoretically
100% [67], whereas the RO unit alone gives a regofaetor in the range of
35-40%. By coupling NF/RO with MD/MCr, more freshater can be
produced: the RO brine $60% of the total feed while, in the integrated
system “RO” plus “MD on RO brine”, the dischargedhk is only 14% of
the feed.

3. The higher recovery factor of the integrated syst&lif and/or RO” plus
“MD or MCr on the retentate streams” reduces thewm of discharged
brine and, as a consequence, its environmentaldmpa
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5. Conclusions

Water shortage problem is growing increasingly Ire tlast decades due to the
deterioration of water quality and to the growingntan, agriculture and industrial
needs. However, water scarcity and contaminatiome leacouraged the development of
desalination as an alternative and available wsaerce. Actually, the challenge is to
supply desalinated water at lower costs and okbefality through environmentally
friendly industrial processes.

Membrane Engineeringffers the possibility to more sustainable frestiev@roduction

through those integrated membrane-based desalinatistems whose basic aspects

satisfy the requirements Brocess Intensification Strategy

A typical RO seawater desalination process camipedved and optimized introducing

in the pre- and post-treatment steps other anckrdiit membrane operations. The

integration of various membrane technologies alldwsovercome the limits of RO
operation thus enhancing the performance of theathaystem. In particular:

- the presence of MF/UF in the pre-treatment stepiges a RO feedwater of good
quality, decreasing membrane fouling and, thenit&lsgind operating costs;

- the introduction of NF allows to decrease osmotispure of the water fed to the
following RO unit which can operate at higher resgv factor without scaling
problems;

- in this logic well fit in also Membrane Distillatioand Membrane Crystallization:
they allow to utilize the added value of the reddmt increasing plant recovery
factor, reducing brine disposal problem and itsremmental impact, and producing
valuable crystals for medical, domestic or agrimalt use.

The importance of future worldwide water availalilhas been also recognized by the
Commission of the European Communities, by MERDG@ lay the Joint Water Reuse
& Desalination Task Force (JWR&DTF) through theaficial support of a series of
research projects. For example, the projects fundedng the Sixth Framework
Programme of European Commission in Global ChamgeExosystems thematic area
are 303; seventy-two (72) of these funded projéagsial to 24%) are related Water
Problem.

MEDESOL and MEDINA are two of the European fundewjgcts in the FP6. In
particular, in MEDINA project the research teamdmsveloping a work programme
based on the integration of different membrane aip®rs in pre-treatment and post-
treatment stages according to the philosophyPadcess Intensificatiorand for the
sustainable development of desalination processes.

It is expected that, in future, more and more neteactivities will be conducted to
assess the existing limitations and issues reladedater production and treatment
processes, to improve their efficiency and relighito develop and propose innovative
strategies in order to minimise environmental inmtpagnd water cost, to optimise
energy sources and consumption, to increase waédityq

70



Relevant Bibliography

[1] Cost of water shortage civil unrest, mass ntigraand economic collapse Special
reports Guardian Unlimited.htm

[2] D. Bixio, C. Thoeye, J. De Koning, D. JoksimoyD. Savic, T. Wintgens, T. Melin,
Wastewater reuse in Europ@esalination, 187 (2006) 89-101.

[3] Water Desalination Report, Monday 22 Octobed20

[4] Water Desalination Report, 7 January 2008.

[5]Water IDA news, January/February 2008, Volumel$gue 1-2.

[6] Dr Val Frenkel, Brackish vs Seawater Desalination: Which one is Yau?
Desalination & Water Reuse, Vol.17/4, 2008.

[7] Desalination & Water Reuse, Vol. 15, No. 3, &8y 2007.

[8] Nikolay Vouchkov, Drought-Proofing Californian’s Water Future The
International Desalination&WaterReuse, Nov./De®@&0v/ol. 16/No 3, p. 10-17.

[9] Jean-Claude CharpentieModern Chemical Engineering in the Framework of
Globalization, Sustainability, and Technical Inntwa , Ind. Eng. Chem. Res2007,
46,3465-3485.

[10] G. M. Rios, M.-P. Belleville, D. Paolucci-Jgaan, Membrane engineering in
biotechnology: quo vamusPRENDS in Biotechnology, Vol.25 No.6 (2007) 242-246
[11] lan Lomax, Experiences of Dow in the field of seawater reveosenosis,
Desalination, 224 (2008) 111-118.

[12] El-Dessouky, H.,Multistage Flash Desalination TechnologieSustainability
Assessment of Water Desalination Technologiesnwiara, Portugal (2000) 1-13.

[13] H. M. Ettouney, H. T. El-Dessouky, R. S. Faini P. J. GowinEvaluating the
Economics of DesalinatiQtEP Magazine, (December 2002), 32-39.

[14] W. J. Koros, Evolving Beyond the Thermal Age of Separation Fses
Membranes Can Lead the WayIChE Journal, Volume 50, Issue 10, October 2004,
Pages: 2326-2334.

[15] B. V. der Bruggen, C. VandecasteeRistillation vs. membrane filtration:
overview of process evolutions in seawater destdinaDesalination, 143 (2002) 207-
218.

[16]http://mwww.water-technology.net/projects/isiapecs.html (2008).

[17] http://www.epwu.org/167080115.html

[18] G.Congjie,Growth and Prospect of Seawater Desalination Teldgywin China
International Forum on Water Industry Qingdao 2@Dbina, July 2005, 1- 16.

[19] Lin Zhang, Lin Xie, Huan-Lin Chen, Cong-Jie &aVhy China needs seawater
desalination The International Desalination&WaterReuse, V&I.No 2 (2005) 49-50.
[20] Global Water Intelligence, Issue: 11, NovemIi205.

[21] http://www.kochmembrane.com

[22] Marcel Mulder,Basic Principles of Membrane Technolod{iuwer Academic
Publishers, London.

[23] Eun Kyung Lee, Vicki Chen, A.G. Fandatural organic matter (NOM) fouling in
low pressure membrane filtration — effect of membsa and operation modes
Desalination, 218 (2008) 257-270.

[24] P. H. Wolf, S. Siverns, S. MontiF membranes for RO desalination pretreatment
Desalination, 182 (2005) 293-300.

[25] S. Loeb and S. SourirajaHigh flow porous membranes for separation of water
from saline solutiondUS patent 3,133,132, 1964.

71



[26] http://www.kochmembrane.com/prod_sr.html

[27] http://www.lenntech.com

[28] http://www.dow.com/

[29] C. Fritzmann, J. Lowenberg, T. Wintgens, T.lMeState-of-the-art of reverse
osmosis desalination, Desalination 216 (2007) 1-76.

[30] R. Rautenbach and T. Melin, Mebranverfahrenu@lagen der Modul- und
Anlagenauslegung), 2nd ed., 2003.

[31] Cleaning chemicals, DOW FILMTEC Membranes, A &tanual Exerpt, Form No.
609-02091-704.

[32] Manth T., Gabor M., Oklejas EMinimizing RO energy consumption under
variable conditions of operatigiesalination, 157 (2003) 9-21.

[33] D. H. Hellmann, H. Rosemberg, E. F. Tu&dying of energy and cost in seawater
desalination with speed controlled pumpgsalination, 139 (2001) 7-19.

[34] M.S. El-Bourawi, Z. Ding, R. Ma, M. KhayetA framework for better
understanding membrane distillation separation gsgJournal of Membrane Science
285 (2006) 4-29.

[35] K.W. Lawson, D.R. LloydMembrane distillationJ. Membr. Sci. 124 (1997) 1-
25.

[36] J.I. Mengual, L. Pen®lembrane distillationColloid Interf. Sci. 1 (1997) 17-29.
[37] K.W. Lawson, D.R. Lloyd,Membrane distillation. I. Module design and
performance evaluation using vacuum membrane ldisbih, J. Membr. Sci. 120
(1996) 111-121.

[38] M. Khayet, M.P. Godino, J.I. Mengualheoretical and experimental studies on
desalination using the sweeping gas membrane ldigtih, Desalination 157 (2003)
297-305.

[39] M. Khayet, J.I. Mengual, G. Zakrzewska-Trznlad@irect contact membrane
distillation for nuclear desalination. Part Il. Expiments with radioactive solutions
Int. J. Nucl. Desalinat. (IJND) 56 (2006) 56—73.

[49] M. Sudoh, K. Takuwa, H. lizuka, K. Nagamatsuyfects of thermal and
concentration boundary layers on vapor permeation mmembrane distillation of
aqueous lithium bromide solutipd. Membr. Sci. 131 (1997) 1-7.

[41] E. Drioli, V. Calabro, Y.WuMicroporous membranes in membrane distillation
Pure Appl. Chem. 58 (12) (1986) 1657—-1662.

[42] P.P. Zolotarev, V.V. Ugrosov, I.B. Volkina, N. Nikulin, Treatment of waste-
water for removing heavy-metals by membrane disithh, J. Hazard. Mater. 37 (1)
(1994) 77-82.

[43] S.H. Duan, A. Ito, A. OhkawaRemoval of trichloroethylene from water by
aeration, pervaporation and membrane distillatiah Chem. Eng. Jpn. 34 (8) (2001)
1069-1073.

[44] F.A. Banat, J. SimandRemoval of benzene traces from contaminated water b
vacuum membrane distillatip@€hem. Eng. Sci. 51 (8) (1996) 1257-1265.

[45] G.C. Sarti, C. Gostoli, S. Bandirtxtraction of organic-compounds from aqueous
streams by vacuum membrane distillafidnMembr. Sci. 80 (1993) 21-33.

[46] N. Qureshi, M.M. Meagher, R.W. HutkinRecovery of 2,3-butanediol by vacuum
membrane distillationSep. Sci. Technol. 29 (13) (1994) 1733-1748.

72



[47] F.A. Banat, M. Al-ShannadgRecovery of dilute acetone—butanol-ethanol (ABE)
solvents from aqueous solutions via membrane ldisbih, Bioprocess Eng. 23 (6)
(2000) 643-649.

[48] F.A. Banat, J. SimandMembrane distillation for propane removal from aque
streamsJ. Chem. Technol. Biotechnol. 75 (2) (2000) 168;JAGMD.

[49] M.C. Garcia-Payo, M.A. Izquierdo-Gil, C. Fenuez-PinedaAir gap membrane
distillation of agueous alcohol solutions Membr. Sci. 169 (2000) 61-80.

[50] F.A. Banat, J. SimandMembrane distillation for dilute ethanol separatifmom
agueous streams. Membr. Sci. 163 (1999) 333-348.

[51] S. Bandini, A. Saavedra, G.C. SaMacuum membrane distillation: experiments
and modelingAIChE J. 43 (2) (1997) 398-408.

[52] S. Bandini, G.C. SartiHeat and mass transfer resistances in vacuum membra
distillation per drop AIChE J. 45 (7) (1999) 1422-1433.

[53] V. Calabro, E. Drioli and F. Materdylembrane distillation in the textile
wastewater treatmenDesalination, 83 (1991) 209-224.

[54] S. Nene, S. Kaur, K. Sumod, B. Joshi and K.S.MRaghavaraoMembrane
distillation for the concentration of raw cane-sugsyrup and membrane clarified
sugarcane juiceDesalination, 147 (2002) 157-160.

[55] V. Calabro, B.L. Jiao and E. DrioliTheoretical and experimental study on
membrane distillation in the concentration of orangice Ind. Eng. Chem. Res., 33
(1994) 1803-1808.

[56] S, Bandini and G.C. SartConcentration of must through vacuum membrane
distillation, Desalination, 149 (2002) 253-259.

[57] F. Lagana, G. Barbieri, E. DriolDirect contact membrane distillation: modeling
and concentration experiments Membr. Sci., 166 (2000) 1-11.

[58] V.D. Alves, I.M. CoelhosoQrange juice concentration by osmotic evaporation
and membrane distillation: A comparative studpurnal of Food Engineering 74
(2006) 125-133.

[59] Corinne Cabassud, David WirtMembrane distillation for water desalination:
how to chose an appropriate membranB@salination 157 (2003) 307-314.

[60] A. M. Alklaibi, Noam Lior, Membrane-distillation desalination: status and
potential Desalination 171 (2004) 111-131.

[61] F. Macedonio, E. DrioliPressure-driven membrane operations and membrane
distillation technology integration for water pugétion, Desalination, 223 (2008) 396-
4009.

[62] F. Macedonio, E. Curcio, E. Driolintegrated Membrane Systems for Seawater
Desalination: Energetic and Exergetic Analysis, B@mmic Evaluation, Experimental
Study Desalination, 203 (2007) 260-276.

[63] E. Curcio, A. Criscuoli, E. DrioliMembrane Crystallizerdnd. Eng. Chem. Res.,
40 (2001) 2679-2684.

[64] E. Curcio, E. Drioli,Membrane Distillation and Related Operations-A Rewi
Separation and Purification Reviews, 34 (2005) 35-8

[65] M.S. El-Bourawi, Z. Ding, R. Ma, M. KhayeReview. A framework for better
understanding membrane distillation separation gsgxJournal of Membrane Science,
285 (2006) 4-29.

73



[66] C. Mya Tun, A. G. Fane, J. T. Matheickal, Rhefholeslami Membrane
distillation crystallization of concentrated saltflux and crystal formationJournal of
Membrane Science , 257 (2005) 144-155.

[67] Drioli, E.,Lagana, F., Criscuoli, A., Barbiei., Integrated membrane operations
in desalination processegBPesalination 122 (1999) 141-145.

[68] S. Srisurichan, R. Jiraratananon, A.G. Falkmlss transfer mechanisms and
transport resistances in direct contact membranstiltiition process Journal of
Membrane Science, 277 (2006) 186—-194.

[69] E. Drioli, E. Curcio, G. Di Profio, F. Maceda A. Criscuoli, Integrating
Membrane Contactors Technology and Pressure-Drivambrane Operations for
Seawater Desalination: Energy, Exergy and Cost ¥sigl Chemical Engineering
Research and Design, 84 (A3) (2006) 209-220.

[70] P. Coté, H. Buisson, M. Praderlegmersed membranes activated sludge process
applied to the treatment of municipal wastewawat. Sci. Tech., Vol. 38, No. 4-5,
1998, 437-442.

[71] T. Melin, B. Jefferson, D. Bixio, C. Thoeye,.\le Wilde, J. De Koning, J. van der
Graaf and T. Wintgend/embrane bioreactor technology for wastewater tmezt and
reuse Desalination, 187 (2006) 271-282.

[72] http://www.iwaponline.com

[73] R. Rautenbach, K. Vossenkaul, T. Linn and Btz Waste water treatment by
membrane process. New development in ultrafiltrgtioanofiltration and reverse
osmosisDesalination, 108 (1996) 247-253.

[74] S. Zhang, Renze van Houten, D. H. EikelboomDidddema, Z. Jiang, Y. Fan, J.
Wang, Sewage treatment by a low energy membrane bioneadd@resource
Technology, 90 (2003) 185-192.

[75] http://en.wikipedia.org/wiki/Sewage_treatmevigimbrane_bioreactors

[76] Truby, R.,Membrane Separation Markets in North AmeyitldA News, January-
February 2001, 4.

[77] S. Ebrahim, M. Abdel-Jawad, S. Bou-Hamad, Nfa®, Fifteen years of R&D
program in seawater desalination at KISR Part letPeatment technologies for RO
systemsDesalination, 135 (2001) 141-153.

[78] G.K. PearceThe case for UF/MF pretreatment to RO in seawagpliaations
Desalination 203 (2007) 286—295.

[79] F. Knops, S. van Hoof, H. Futselaar, L. Brogerisconomic evaluation of a new
ultrafiltration membrane for pretreatment of seawrateverse osmosidesalination
203 (2007) 300-306.

[80] C. V. VedavyasanPretreatment trends-an overviewesalination, 203 (2007)
296-299.

[81] V. Bonnélye, L. Guey, J. Del CastilltJF/MF as RO pre-treatment: the real
benefit Desalination 222 (2008) 59-65.

74



CHAPTER 2: Integrated Membrane Systems for Seawater

Desalination
Table of Contents
I [ a1 0T (U1 1] o FUA P SPPPRTRTPPR 76
2. Conventional integrated membrane systems for seater desalination: case
£ (010 |V 2 U T PSPPSR 76
3. Chemical resources of the 0Cean WALErS .....cccccoviiiieieiiiiiiee e 79

3.1 Production of magnesium, potassium, brominecdhner salts from seawater.... 79
3.2 Geographical distribution of some of the malemical compounds extracted

frOM MAINE WALET ... oot ettt s e e e e e e e e e e aaeaaeeeeeeeeeeeees 82
4. Crystallization for the recovery of fresh waterand salts from NF and/or RO
(] (<] 01 = LT PPPT R RPPPPRPTIN 83

4.1 Control of the Membrane Crystallization Process...........cccccvvvvviivvvvciiieeneennn. 85

4.2 Innovative integrated membrane systems for agavdesalination: Case study 4,

D, B AN 7t a e e e e 88
S @0 ] o [od (1] o] o < PP PPPRRTTPPR 89
Relevant Bibliography ........... e et 90

75



1. Introduction

As stated inChapter 1,membrane technology has emerged, in the last yaarthe
most promising contributor to solve water shortaggeblems by seawater/brackish
water desalination and wastewater treatment argkreu

Despite the great success and the potentialitieseshbrane technology, some critical

problems still remain open: improving water qualitycreasing the recovery factor of

desalination processes, reducing the global castis minimizing the brine disposal
impact. For solving these problems, two differerays/ can be followed in the field of
membrane operations:

- discovering new materials for making membranes nsieble and resistant to
chemicals in order to increase their performanae lde-time and, then, to reduce
the replacement and maintenance costs;

- coupling several membrane processes in order tcone the limits of the single
units and to use their synergic effects in termbetfer performance of the overall
system.

At present, the most interesting developmentsrfdustrial membrane technologies are

related to the possibility of integrating variousembrane operations with all the

important benefits in the logic &frocess Intensificatian

The first purpose of the work presentedOhapters 2and 3 is to propose and analyse
seven different possible flow sheets for seawagsalihation. In each of them different
membrane units have been integrated. The secombgmiris the comparison of the
proposed desalination systems, on the basis ofjtiaéity and characteristics of the
fresh water produced and of the discharged brifeh® energy requirements and
exergy efficiency, on the basis of the desaltedewatost and of the so-called
“sustainable metri¢s

2. Conventional integrated membrane systems for seater desalination: case
study 1, 2 and 3

Figures 1, 2 and 3 show three possible flow shieetseawater desalination. In each of
them, except for the first (FS1) constituted onjythe RO unit, different membrane
units have been integrated: RO operates on NF @eenie FS2; both MF and NF have
been introduced for the feed water pre-treatmedtlaad reduction to the following
reverse osmosis unit in FS3.

Permeat
FeL/,C)\—» RO | Femg

High Pressure Pump

Valve

Brine

Fiaure 1. Flow sheet 1 (FS1); RO unit alo
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Figure 2. Flow sheet 2 (FS2): RO operating on NF permeate.
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Figure 3. Flow sheet 3 (FS3): MF/NF/RO.
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In all the proposed flow sheets, as feed water cmitipn has been considered the
standard seawater composition [1]. Seawater idudi@o of more than 70 elements but
only the following reported in Table 1 make up mtiran 99% of all the dissolved salts.

Table 1: Standard seawater composition.

TDS: 35,000 mg/L

Chloride:
Sodium:
Sulphate:
Magnesium:
Calcium:

Potassium:

Bicarbonate:

19,345 mg/L

10,752 mg/L
2,701 mg/L
1,295 mg/L

416 mg/L
390 mg/L
145 mg/L

pH: 8.1

55.03 wt %
30.59 wt %
7.68 wt %
3.68 wt %
1.18 wt %
1.11 wt %
0.41 wt %
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Table 2 Rejection values.

lon NF [%] | RO [%)]
HCO; 62.0 98.4
Na' 22.0 98.9
Cr 12.8 99.0
oka 90.0 99.6
c&’ 88.4 99.7
Mg** 89.0 99.6

The RO performance has been taken from a previau& veported in [2]. In all the
flow sheets, the RO permeate water compositionbe@sn calculated considering the
same rejection values (see Table 2) and whichedegred to SW1 PA element with 7.3
m? of active surface area and flow equal to 3%dmThe feed water flow rate and the
operation conditions for the RO unit have been tdken from [2].

For the NF unit the rejection values are taken ff@hand are also reported in Table 2.
They are referred to a NF300 PA element, with 6°8fractive surface area and flow
equal to7.5 rfid. The NF acts on the feed seawater in FS2, oMfgermeate in all
the other flow sheets. In all the cases its perengated to the RO unit and has a water
recovery of 75,3%. By introducing the NF unit foetfeed water pre-treatment, the RO
permeate increases due to the lower osmotic pessiuthe water fed to the unit
(related to the removal of bivalent ions by NF)fdat coupling the two units (FS2), a
global recovery factor of 52% [2, 3] has been ot#di(see Table 3).

In the third flow sheet, both MF and NF have besmnoduced in the feed water pre-
treatment and load reduction to the following reeeosmosis unit. The MF unit acts on
the feed seawater and has a recovery factor o#®HY.

The MF introduction leads to benefits becauseadvijoles an NF/RO feedwater of good
quality in view of lower capital and operating coét feed of high-quality means a
reduction of membrane fouling with consequent esitam of the life time of NF/RO
membranes and reduction of their maintenance apldaement costs [4]. Moreover,
MF introduction reduces chemicals cost (becausechemicals are needed for
disinfection, coagulation and dechlorination) aaddr cost (because less manpower is
needed to clean the membrane and maintain thengyste

Considering the same feed flow rate (105¥hinand rejection values for all the
proposed systems, Table 3 shows the obtained sesult
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Table 3. Product characteristics for the first three anaty/flow sheets [3].

FS1 FS2 FS3
Brine flow rate [ni/h] 629.9 | 504.5| 531.9
Brine concentration [g/1] 57.60 71.91 68.02
Fresh water flow rate [ffh] 421.2 | 547.0| 517.6
Fresh water concentration [g/l] 0.3385.2699| 0.2699
Fresh water recovery [%] 40.10 52.00 | 49.20

In FS3 and in FS2 the quantity of fresh water dgllgh@oduced is higher and more pure
with respect to FS1. The introduction of MF in F&reases global recovery factor
with respect to FS2 because the RO unit workseastime degree of efficiency of FS2
but on a lower NF permeate flow rate. As alreadgl,she MF leads to benefits in term
of reduction in capital and operating cost.

3. Chemical resources of the ocean waters

In the three flow sheets until now analyzed thengjtya of brine globally produced is
high and highly concentrated. Elements and compeawakich are dissolved in the
concentrated streams of the desalination plantsesept a reserve of chemicals
resources. If Waters of the World Ocean containnsmy organic and inorganic
elements that they are figuratively called "liqpiolymetallic ore", all the more so this
is true for the NF/RO retentate streams.

The main quantities of dissolved elements in mawagers are chlorine, sodium and
magnesium. There are also insignificant concewnimatof silver, zinc, copper, mercury,
uranium, gold etc. Moreover, marine water is a meseof raw material for the
production of fertilisers, salts, acids, alkaligrious metals and a number of chemical
products.

Reserves of chemical resources in the Ocean amigaidy unlimited, since the
constant chemical composition of sea water is baget continual deposition/solution
from the environment. Only a small fraction of tlege variety of chemical riches of
the Oceans and seas is presently extracted, betta@igechnology has not yet been
developed to accomplish this in an economical man@enstantly improving mining
and recovery processes will make it possible inftitnere to extract chemical resources
from the sea.

3.1 Production of magnesium, potassium, bromine andther salts from seawater

Figure 4 shows the method used to extract dololniie from sea water. The simplicity
of production, successful selection of a site tostauct a plant and proximity to power
sources and raw materials determine the profitgbitf magnesium extraction.
Magnesium was obtained from sea water for thetiimg in England in 1916.
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1) Distribution container; 2) wat
collection instruments; 3) Fre
water for washdown; 4) Fre:
water; 5) Fresh water process
equipment; 6) Storehouse of bu
dolomite; 7) Crude vyield; ¢
Transporter; ® Vacuum filter; 10
Drying furnaces; 11) Shipme
magnesium oxide.

Figure 4. Method used to extract dolomite lime from sea wiig

Simple magnesiurand its compoundsre widely used in the construction of rockets,
aircraft and spacecraft. Textiles, building matsripaper, rubber, pharmaceuticals and
agriculture are also customers. The Ocean prowiaa® than 40% of all magnesium

produced World-wide. Presently, only England arel ttISA have more than 20 plants

producing a majority of magnesium from sea watez,mhost part of which is consumed

within these countries.

In ancient times, people learned to ws®king salt In countries with a hot and dry
climate, salts are extracted by evaporation in igpgools (or lagoons) under natural
conditions, using energy of the sun and wind. Atspnt, the same methods are used for
obtaining some other salts. There is also the ndetfttereby salt is deposited when sea
water freezes, however this process is not widsédu

The best cooking salt contains not less than 96%I Ksodium chloride), and is used
mainly for food preparation and seasoning. In imghisliower quality salt is used.
Cooking salt is necessary for manufacture of sedl acid, plaster, glass, soup, papers,
clearing of fats, smelting of metals, etc.

One-third of the World’s supply of salts comes fridra seas and Oceans.

Potassium saltsepresent the bases for various agriculturalligets. Usually they are
received as a by-product of sodium chloride praduactPotassium salts are used for
refining, cleaning and dyeing fabrics, in the praiian of explosives and other items.
The extraction of potassium from marine water wegum during the First World War
in Japan and China.

Sea water and the precipitation of salts of dripdseas are basic sources also of
bromine. Moreover, the possibility to extract compds from marine organisms for
pharmaceutical use is increasing in interest.

Bromine is practically unobtainable from land minerals. thhlugh bromine
concentration in sea water is rather minor (0.0Q8¢%@®xceeds by 8 times the contents
of an equal volume of land minerals. Current Waride extraction of bromine is about
10,000 tons/year. Pharmacists have long used beofairthe preparation of medicines.
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Interest in bromine increased after the discovéryvo-bromide ethylene, a compound
permitting to prepare fuels that do not explodenternal combustion engines. Bromine
is also used in the production of dyes, photog@pand film-materials, fire
extinguishers, etc. Bromine is extracted, for exanfrom seawater at Freeport in
Brazoria County [6].

The production ofodine from sea marine water is based on extractingihfthe water
with the help of activated charcoal, and also lmcpssing of laminaria seaweed.

High hopes are laid to waters of the Ocean as acsoof uranium, radium, gold,
lithium, caesium and other trace-elements. Greatagles lie in the path of extraction
of these elements because the quantities are tadl $onefficiently extract them,
thereby making technological methods very compled &e final yield extremely
expensive. Prospective methods for their extradbpmsing synthetic, ion-exchanging
resins are being studied, due to the tendency ofesmaterials toward selective
absorption of a required group of elements. Thesthods have been developed to
some degree and Japan was the first to build dityatr obtaining uranium from
marine waters.

Use of biological methods to extract rare elementmsed on the fact that some marine
plants and animals are capable of filtering theomfrwater and storing these elements
in their bodies. For example, in the bodies of marayfish (spiny lobsters) cobalt and
radioactive plutoniudi®have been found; holothurians and ascidians havadiam in
their bodies; the cellular tissue of oysters stm@sper; there is gold in the bodies of
jellyfish; and zinc, tin and lead have been notadsome seaweeds the concentration of
iron is 100,000 times greater than in marine water.

Waters of the seas and Oceans are the main steehad hydrogen and its heavy
isotopes deuterium and tritium, and the latten&duded in the structure of heavy water.
The mass of the heavy water of the Ocean is esaratt 274,000 billion tons. The use
of nuclear energy created by a reaction betweertedem and tritium opens a
practically inexhaustible source of convenient aheéap energy to Mankind. Heavy
water is presently used to decelerate reactionquolear reactors. The largest
production facility for heavy water in the World7% of the production from it goes to
countries of Western nations) is in Canada.

Hydrogen is a natural fuel which is extractablarfreea water by electrolysis. It is used
in many industries and in transportation. World-evichore than 20 million tons of
hydrogen is produced annually.
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3.2 Geographical distribution of some of the main leemical compounds extracted
from marine water

Places of extraction:
1.Cooking salts

2. Potassium

3. Magnesium

4. Bromine

Figure 5. Geographical distribution of the main chemical ponmnds extracted from marine
water [5].

Figure 5shows the places of extraction of some compouruis feawater.

Sodium chloride is the most important mineral aledi directly from seawater. Mexico
leads the Pacific nations in salt extraction frdre sea, mostly by solar evaporation.
Bromine extracted from seawater is used in the ,faly@, pharmaceutical and photo
industries. Magnesium, recovered by an electrolytacess, is used in industrial metal
alloys, especially with aluminium; Japan and Califa are the main sites for its
extraction [7].

The supply of bromine, chloride, potassium and reagmm salts in Dead Sea is
practically unlimited. These resources are widedgdiby private companies for the
extraction of salts such as potash salts, indlistalis and food grade salts. As an
example, in Table 4 is reported the salts prodaoctb the Dead Sea Works (DSW)
industry.

Table 4. The DSW production of the different Dead Sea shitsthe year 1994 [Source:
HARZA & JRV, 1997].

ITEM PRODUCTION RATE
Potash 2.3 Million tonnes
Industrial Salts 235,000 tonnes
Bromine 180,000 tonnes
Magnesium Chloride Flakes 74,000 tonnes
Table Salts 63,000 tonnes
Magnesium metal 2,500 tonnes
Bath salts 2,200 tonnes

82



4. Crystallization for the recovery of fresh waterand salts from NF and/or RO
retentate

Valuable compounds can be also extracted from tigélyh concentrated NF/RO
retentate streams of the desalination plants.témaliure, various studies can be found
for the recovery of the compounds present in NF/R®ntate:

v' the Murray-Darling Basin Commission (MDBC), in ordé reduce the
environmental problem of the salinity in the MurrBgsin, converts the salts
present in the water in commercial products adedess the market: first the
retentate is evaporated and then it is sent tonaesdgional crystallizer for the
extraction of (NaCl) and epsomite (Mgs?H,0). The fine quality salts are
produced at a cost of 18.49 and of 329 $/t, respgt8].

v" Another example can be found in M. Turek [9]. Hggested dual-purpose
desalination-salt production systems, namely: UFNMNEF-crystallisation and
UF-NF-RO-MSF-crystallisation. In these systems, thngh rate of water
recovery is accompanied by salt obtainment. Byrassy a cost of NaCl equal
to $30/ton, he calculated water cost equal to $Mm¥7lin UF-NF-MSF-
crystallisation system and $0.43/in UF-NF-RO-MSF-crystallisation system
respectively, competitive compared to those of Ilpletavater produced in
thermal or RO seawater plants.

In this work, membrane crystallization units haeeib considered for the concentration
and crystallization of NF and/or RO retentate streaof the desalination plants.
Therefore, four other integrated membrane systeawe lbeen analysed. In each of
them, at the basic process represented by FS3, mbrare crystallizer has been
introduced: MCr operates on NF brine in FS4, ontRi@e in FS5, both on RO and NF
brine in FS6. In the last flow sheet (FS7), MCr bagn introduced on NF brine while
MD operates on RO brine (see Figs. 6-9).

In each MD/MCr process, the fresh water coming foutn the RO has been used as
cold water stream.

FenAyes KNFOT NS

Pump l Pump Pump

Valve Valve
Fresh Wate

T-

Distillate recycle

q---

Spurge

Figure 6. Flow sheet 4 (FS4): MF/NF/RO and MCr on NF retést
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Figure 8: Flow sheet 6 (FS6): MF/NF/RO and MCr both on M &0 retentate.
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Figure 9: Flow sheet 7 (FS7): MF/NF/RO, MCr on NF retentatel MD on RO retentate.

4.1 Control of the Membrane Crystallization Process

In the concentration and crystallization process itmportant to know the composition
of the feed in order to aim to the production oluadle salts (such as sodium chloride
and magnesium sulphate, the salts naturally presethe highly concentrated streams
of the desalination plants).

The salts precipitation occurs when the solutiosupersaturated. Unless a solution is
supersaturated, crystals can neither form nor g&wpersaturation refers to the quantity
of solute present in solution compared with thengjiya which would be present if the
solution were kept for a very long period of timéhasolid phase in contact with the
solution. The latter value is the equilibrium salip at the temperature and pressure
under consideration. As a consequence, the poltsatia precipitation can be predicted
by the comparison between thelubility product (Ksp) and theionic product (IP):

-if Kgp> (IP) the solution is not saturated and the precipitatioesn’t occur;

-if Kgp = (IP) the solution is saturated;

- if Kgp <(IP) solid will precipitate until the saturation contetion is reached.
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Table 5. Composition of each stream in FS3.

Stream 7 12
1 2 3 4 5 6 ) 8 9 10 11 )

N° (NF brine) (RO brine)
cr 19.35 19.35 19.35 19.35 19.35 27.01 27.01 16.83 16.83| 1.767E-01 54.00 54.00
Na* 10.75 10.75 10.75 10.75 10.75 17.96 17.96 8.387 8.387| 9.057E-02 26.90 26.90
SO 2.701 2.701 2.701 2.701 2.701 10.11 10.11 0.2701 0.2701( 9.994E-04 0.8707 0.8707
Mg** 1.295 1.295 1.295 1.295 1.295 4.809 4.809 0.1425 0.1425| 6.268E-04| 0.4590 0.4590
ca’ 0.4160 0.4160 0.4160 0.4160 0.4160 1.537 1.537 0.04826 0.04826( 1.496E-04] 0.1556 0.1556
HCOy 0.1450 0.1450 0.1450 0.1450 0.1450 0.4191 0.4191 0.05510 0.05510] 8.485E-04 0.1762 0.1762
Tot. [g/] 34.65 34.65 34.65 34.65 34.65 61.85 61.85 25.73 25.73 0.2699 82.57 82.57
G[Kg/h] 1.048E+06| 1.048E+06| 5.554E+04] 9.925E+05| 9.925E+05( 2.451E+05| 2.451E+05| 7.473E+05| 7.473E+05( 5.161E+05] 2.312E+05 2.312E+05
P [MPa] 0.10] 0.20 0.10 0.10 1.10 1.00 0.10 0.10 6.90 0.10 6.77 0.10
TIK] 293.2 293.2 293.2 293.2 293.2 293.2 293.2 293.2 293.2 293.2 293.2 293.2

Because NF and RO retentate streams of the propdssdlination systems are
characterized by the composition reported in Tdhlesodium sulphate, magnesium
sulphate and sodium chloride are the salts thapoagipitate:
v" for what concerns calcium sulphate, its solubititpduct (k) at 25°C (temperature
of the crystallization tank) is equal to 7.1°1a0].
In the NF brine its ionic product is 4.04% 6nore than K, In order to avoid CaSQ
precipitation (which can cause scaling and limite trecovery of magnesium
sulphate), according to previous experimental tes{ll], NaCQOs; is used to
precipitate 95% of Cdions as CaC®
In RO brine, ionic product of CaSds 3.5-1CF, then CaS@doesn’t precipitate.
However, in order to avoid Cag@recipitation during the concentration of the RO
brine in the MClr, also this stream is treated WHCO:;.

After the precipitation step, the so-treated retenstreams are sent to a MCr in order to

recover sodium chloride and magnesium sulphate:

v for what concerns magnesium sulphate, its solybilicreases with temperature
(AHso = 3.18 kcal/mole) and at 25°C it precipitates asSKag7H,0O (epsomite) if
its concentration is higher than 710 g/L ($&leapters 5 and 6for further details
regarding the crystallization process);

v sodium chloride solubility doesn’t change much wigémperature. In the range 0-
100°C it increases from 35.7 to 39.8 g NaCl/10Q@ HiL2], typical behaviour of a
salt with smallAHs, . (AHso = 0.93 kcal/mole). Therefore, in the crystallizatiank
NaCl precipitates when its concentration is highan 36.15 g NaCl/100g-8 (see
Chapters sand 6 for further details regarding the crystallizatjprocess).

The crucial requirement of a membrane crystalligeo guarantee crystals formation in
the crystallization tank and not in the membranalat® or on the membrane surface.
Because the solubility of solids in solution is s&we to changes in temperature (whose
effect on salt solubility depends on #sthalpy change of solutioAHsq), a suitable
heating or cooling can guarantee that the temperatuthe solution flowing along the
membrane is high or low enough to be always unaterration condition.
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For the crystals of interest in this work, both retaerized by a positive enthalpy
change of solution, a heating guarantees thatehmdrature of the solution flowing

along the membrane is high enough to avoid cryskagssition or accumulation inside

the membrane module.

In order to calculate the temperature of the M@df€T;), it is necessary to consider
that, along the membrane module, thermal exchahgagnena between cold and hot
streams and the polarization effects cause a Bsiyee reduction of temperature,
depending on the fluid-dynamic regime (&&®apter 1, section 3)2

The following iterative procedure has been puttrigh the calculation of T

1. first Ty is hypothesized. Because thermal differences dmtwnput and output
of the membrane module are very small (less th&) 8E3], both for the feed
and for the permeate side, middle temperaturebeaasily determined.

2. The second step is the calculation of the temperain membrane surface, both
on the retentate f) and on the permeate sidegJ. They cannot be measured
experimentally but can be estimated from the flod &om the heat balance, at
steady state, by the sequence of equations below:

h
Tt =Tg _(Tf _Tp) 1 Y fl 1 1)
+-— +

hm+hy hp  hy

T = To +(Tf = Tp) Yhp )
mp = 'p f='p 1 1 1
e i R
hm+hy he hy
where the temperatures are evaluated at the losaslbown inFigure 15 - Chapter 1
Each h represents the corresponding heat trangédfidgent as shown ifrigure 15-
Chapter land they are given by the following equations:

N[AH
hy=r—"72 @)
Ttm _Tpm

Kqyle+Knll-
g'é€ 6m( 8) )

o hyand hy are estimated from empirical correlations whenphysical properties of
the streams and the structural properties of thenlonene module are known.
Further, R is function of the molar flux N and of I - Tym). As a result,
simultaneous solution of the heat and mass traesfeations must be carried out
via iteration, unless N is experimentally known.

3. When Ty and Tom are known, the total heat transferred across teebnane is

0 hy=clhpg+{1-e)hps=

given by:
Q=U-AT (5
where U represents the overall heat transfer aeffi of the process:
1 1 1 1
==+ (6)

U hf hyp+hy hy
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4. To the MCr feed, before getting in the membrane uteyda heat Q' equal to the
sum of the total heat transferred across the mamel@aplus the heat necessary to
dissolve the particles formed in the crystallizas o be supplied:

n
Q'=Glep [ﬂTin _Tcrist) = _Zlmi [AHgqj +ULAAT  (7)

|:
where G is the membrane module feed flow ragdfscspecific heat, &ist the
temperature in the crystallizer tank, A the membrarea,AT the thermal
difference between the retentate and the permedés ) the amount of the
precipitated salt i anAHsq; its enthalpy change of solution.
The temperature T obtained from the equation (7) has to be compaiiéid the
hypothesized {Tuntil convergence is reached.

In agreement with literature [11, 14, 15], the tengpure of the retentate should have to
range from 35 to 50 °C, and the temperature op#reneate from 15 to 20°C.

Because the cold stream utilized as permeate inptbposed systems is the RO
permeate<20°C), a T equal to 50°C has been chosen as starting pbtheglanned
iteration.

At the end of the described procedure,;a<=T34°C is obtained, both for NF and RO
retentate. However:

v’ since trans-membrane flux increases with temperaod high trans-membrane
fluxes mean smaller membrane crystallizer moduhek then, reduction of their
maintenance and replacement costs,

v" since the solubility of the salts in question irases with temperature,

v' because the aim is to avoid crystals deposition @remulation inside the
membrane module and on the membrane surface,

the temperature of MCr feedhas been chosen higher than 34°C and equal ©.50°

4.2 Innovative integrated membrane systems for seater desalination: Case study
4,5, 6and 7

Considering the same feed flow rate of the previpugposed systems, Figure 10
reports the results of the analysis for the lasir fllow sheets in terms of product
characteristics and quantity of salts producechendase in which crystallization tank
operates at 25°C.

By introducing a MCr unit on NF brine (FS4), theagtity of fresh water produced is
higher with respect to when it is on RO brine (F8Btause MCr works at the same
degree of efficiency but, in FS5, on a lower brifev rate. The introduction of a
membrane crystallizer unit on both retentate steearoreases plant recovery factor so
much that it can reach 92.8% in FS6, value highan that of a conventional membrane
integrated desalination process (such as FS3 wtasha recovery factor of about 50%)
and higher than that of a typical MSF (about 10W)th respect to FS6, in FS7 the
quantity of fresh water produced decreases beddiséas a recovery factor of 77%
[2, 3] while MCr of about 100%.
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For what concerns salts, the highest productiomhisn the membrane crystallizer unit
operates on both retentate streams.

100 - FS6  Fs7 25000 Fs6
928 886 22000

80 - 20000+

FS5
13000

FS4 FS7
100004 9200 9200

60 4 15000+

40 1

20 4 5000 1

FS3

Plant global recovery factor [%] Salts [kg/h]

Figure 10. Plant global recovery factor and quantity of saitsduced in the flow sheets with
MCr unit.

Tables 6 reports a summary of the results of tladyais for the analysed flow sheets in
terms of product characteristics and quantity otipced salts.

Table 6. Product characteristics for the analyzed flow shee

FS1 FS2 FS3 FS4 FS5 FS6 FS7

Brine flow rate [ni/h] 629.9 | 504.5| 531.9 | 296.6| 309.9| 74.60| 118.5

Brine concentration [g/L] 57.60 | 71.91 | 68.02 | 95.94| 76.53| 214.4| 240.0

Fresh water flow rate [fth] | 421.2 | 547.0 | 517.6 | 753.0| 739.6| 974.9| 9315

Fresh water concentration | ) 34421  5590( 0.2699| 0.1856| 0.1889| 0.1433| 0.1500

[9/L]

Fresh water recovery [%)] 40.10 | 52.00 | 49.20 | 71.60( 70.40| 92.80| 88.60
CaCQ flow rate [Kg/h] - - - 893.9| 85.37| 979.3| 893.9
NaCl flow rate [Kg/h] - - - 7,371( 12,470| 19,840| 7,371

MgSQy- 7H,0O flow rate

[Kg/h] - . - 938.6| - 938.6| 938.6

5. Conclusions

The comparison of the achieved results shows arments improvement in the quality
of the desalted water produced when membrane apesaare used as RO pre-
treatment (that means shifting from FS1 to FS3he introduction of MCr operation,

on one or on both retentate streams, as well aprggence of MD, increases plant
recovery factor so much to reach 92.8% in FS6, drighan that of a RO unit (about
40%) and much higher than that of a typical MSFo(al10% [16]). Moreover, the use
of MD and/or MCr allows exploiting brine added wvaJunot only increasing plant
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recovery factor, but also extracting the salts radiy present in the concentrated
streams of the desalination plants and decreasiimge ldisposal problem and its

negative environmental impacts. However, certaing/ specific energy consumption of
the systems with MCr will increase due to the retenflow rate which has to be heated
and which increases the global energy demand. Assualt, only the balance among
recovery factor, fresh water quality and cost, ggpesonsumption and environmental
impact can give information about the most convetnmeembrane desalination system.
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CHAPTER 3: Integrated Membrane Systems for Seawater
Desalination: Energetic and Exergetic Analysis, Eqmmic
Evaluation and Sustainable Metrics
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1. Introduction

Since the beginning of the 2icentury, electronics, computer science, medicine,
chemistry and the whole world of the related precasdustries (from oil, to
pharmaceutical, agro, water and food, environmdaktile, building materials,
cosmetics, etc.) are continuously evolving, thatakghe increasing and unprecedented
market demands, and to the emerging constraims fnablic concern over environment
and safety issues. This led and leads to selecepses not only on an economic basis,
but also aspects such as the increased seledivitysavings linked to the process itself
are important parameters to take into account.

In the past years several attempts have been roagieantify the progress of industrial
processes towardsistainability and to define and identify proper indicators teasure
their impact on environment, economy and society.

In order to evaluate if the proposed membrane-bassdlination systems can really
represent an interesting alternative to the trawl#ti processes and in order to establish
which of the analyzed flow-sheets is the moshvenient, reliableand sustainable
process, the use &nergetic and Exergetic Analysis, Substitutionf@dent, Economic
Evaluation andof the so-calledSustainable Metricare discussed and utilized in the
present chapter.

The use ofexergetic analysisllowed to establish the quality of the obtaineddoict
and to identify the sites of greatest losses orcwitiwas possible acting for improving
the performance of the processes.

The economic evaluatiolmas been made to determine the desalted watelandsthe
gain for the salts sale for all the proposed fltwweds.

The use ofmetricshave allowed to compare the proposed flow sheéts nespect to
their size and modularity, plant efficiency and ieowmental impact.

2. Energy and exergy analysis — basic criteria

In order to estimate the energy saving in the meeg, a methodology based on energy
and exergy analysis can be used for establish@gpectively, the energy requirements
of the membrane integrated systems and their ettemféiciency evaluated in terms of
entropic losses [1], [2].

The total energy of a process is divided in twotgpaexergy and anergy [2]. While
anergy is the part of energy that is forced to bergto the environment as heat in
conditions of complete degradation, exergy is the pf energy that can be completely
converted from one form to another by reversibdemsformations. Therefore, the word
“exergy” expresses the quality of energy and it lbardefined as the maximum amount
of work obtained by the evolution of a system wikersible transformations from the
initial state to the equilibrium state with the eonwment.

Exergetic analysis is more time-consuming than aergetic analysis for the major
complexity of the involved equations [1, 3], sasitused only in those cases where the
contributions that cannot be evaluated with en@rgebalysis are important (e.g.,
exergy of solutions at different concentrations diuhe same temperature).

In Table 1the basic equations used to carry out exergetilysinaare reported. Table 2
shows the results of the analysis for the sevepgsed flow sheets.
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Table 1: Basic equations for exergetic analysis

The mathematical definition of exergy for a fluidesm is given by the following equation [{,
2]

Ex= G{cp(T —To)—cpToln[%j + (P_pPO) -NgRTglnxq | = Ex! +ExP +Ex®

where: EX is the exergy;
G = mass flow rate ang & specific heat of the solution;
the subscripy indicates the reference state that, for the systeomsidered, is pure

water at | and B (temperature and pressure of fed seawater, tiat3s20 °C e k=

0.10 MPa);
1000—ZCiJ
Ns = moles of solvent per mass unit of the soluti W P/
S
X1 = Ns

sl |

Bi = number of particles generated from dissociatibrspecies ip = density of the
liquid solution;

G = mass concentration of the i-th chemical compopenliter of solution;
MW, , MW, = molecular weight of the solvent and of the i i@l component|

respectively.

Exergetic balanceaEy =-Tg[Rs+Wy+W'y where:

To[Rs = total exergy destroyed and transformed in thedpction of entropy

AEy =) Ex,i-2 Exk = exergy variation between outlet and inlet strgam
i k

Wy = E[3600 electrical exergy;
W'y =Gy [(hy —he)-Tolsy -s¢)] thermal exergy supplied to the system, & the

required steam mass flow rate which can be caledlfom the equationGy =Q/xry

where Q=Glcp [(T, -T1) is the heat required to warm up the fluid G fr@mperature

T, to temperature I

Primary energy (PE) is the energy supplied by figghbustion to produce thermal ener

—h

PE=Gy 0.8 where 0.8 is the primary energy (Mcal) neededhehioiler for producing 1 kg @

steam.
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Table 2 Energy and exergy for the flow sheets analyzed.

FS1 FS2 FS3 FS4 FS5 FS6 FS7
Elect. energy

- 2206 1986 1913 1913 1913 1913 1913
W, [KJ/h] 7.942*16 | 7.148*10 | 6.886*10 | 6.886*10 | 6.886*10 | 6.886*10 | 6.886*1CF
W, [KJ/h] 0 0 0 7.129*10 | 6.640*10 | 13.77*16 | 13.77*1C0
AE, [KJ/h] |-1.972*1d | -3.454*1d | -3.270*10 | -7.876*10 | -11.75*1C | -17.78*1C | -5.637*1C0
RsTo [KJ/h] 7.962*10 | 7.183*10 | 6.919*10 | 14.80*1C0 | 14.70*10 | 22.43*10 | 21.22*10
RsTo[KJ/h] @ | 7.962*10 | 7.183*1C0 | 6.919*10 | 7.674*1C0 | 8.061*1C0 | 8.664*1C0 | 7.450*1C
Gv [Kg/h] 0 0 0 13430 12510 25950 25950
PE [Mcal/h] 0 0 0 10750 10010 20760 20760

(a) if thermal energy is available in the plant tbhe stream is already at the operating
temperature of the MCr unit.

From an energetic point of view (see Table 2), 32 and FS3 processes use only
electrical energy. The introduction of MCr and/or MID FS4, FS5, FS6 and FS7)
introduces a thermal energy requirement (PE), dubdaetentate flow rate which has
to be heated and which increases the global ermngand.

FS1, FS2 and FS3 exergetic efficiencies are iniagebecause their entropic losses are
moderate with respect to the other flow sheetsthim last four cases, instead, the
presence of MCr and or MD increases exergy desbrucin FS5, where the RO brine
has to be further concentrated in a membrane d¢iigataon unit, the thermal energy
necessary is reduced with respect to the otheemgsbecause a lower flow rate has to
be heated; as a consequence, the entropic logsatsarower with respect to FS4, FS5,
FS6 and FS7. In FS4, NF brine has been sent tM@re the thermal energy necessary
and the entropic losses increase with respect Bode@ to the higher flow rate which
has to be heated. In FS6, where both retentatanstrdhave to be heated, the total
exergy destroyed and transformed in irreversibtedpction of entropy is the highest.
The same thing occurs in FS7. However, if the wstitelams are already available at the
temperature needed for carrying out the MCr/MD apen or the thermal energy is
available in the plant, than the entropic lossed Hre energy requirements of the
integrated systems with MC (Membrane Contactor)reise, reaching competitive
values with those of the other desalination proegss

2.1 Exergy Destruction Distribution

The use of exergy for the analysis of real process®$ growing importance from a
thermodynamic point of view. In fact, exergetic lgse allows not only to establish the
quality of the obtained product, but also to idignthe sites of greatest losses. As a
consequence, changing system design, it will bsiplesto improve the performance of
the processes [3]. For reaching this aim, the sewenesses have been described in
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detail and the exergies across the major compomérgach plant have been calculated
in an attempt to assess the exergy destructionbdigon.

Exergy output or destroyed
by the components

Exergy input

Feec
28.2%

Brine RO unit
27.9% -29.8%

Fresh water

0.12%—'

Valve
-42.2%

High Press
78.8%

Figure 1: Exergy destruction distribution for FS1.

Figure 1 shows the results obtained for the filsivfsheet (FS1). However, in each
analysed desalination system, the achieved residtmonstrate that the primary
locations of exergy destruction are the membrandutes in which the saline water is
separated into the brine and the permeate andhtbitling valves where the pressure of
liquid is reduced. Meanwhile there is nothing tbah be done to eliminate or decrease
the lost of exergy in the membrane module, the messonable and practical way to
increase efficiency or reduce the power input ef pkant significantly has been shown
to be replacing the throttling valves on the bratieeam by an energy recovery system
(like a Pelton turbine or a pressure exchangeesysk3, 4]. In fact, the pressure of RO
brine could be recovered by introducing a preseMohanger system or a Pelton turbine
which lead to a reduction of the energy consumpfamall the analyzed systems
transferring the brine pressure to the low-pres$eeel water, while discharging the
brine at low pressure [4].

The convenience of a process with an energy recodewce (ERD) with respect
another without ERD can be evaluated also in terirther exergetic efficiency, as

EXoutput

following defined: (%) = [100. The analysis of the alternative design was based

EXinput
always on the exergetic analysis.
Diagrams in Figure 2 and 3 allow to compare exeérgeficiencies of the seven flow
sheet in three different situations: 1) when thawsder desalination processes do not
use any Energy Recovery Devices (ERDs), 2) when @rPalrbine is introduced in
order to minimize the Specific Energy ConsumptioB@$ or 3) in the case in which a
Pressure Exchanger System (PES) is used.
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Figure 2. Exergetic efficiencies of FS1, FS2 and FS3 [5].
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Figure 3. € for the flow sheets with MCr unit [5].

In each casedhe introduction of an energy recovery system aloéavincrease exergetic
efficiency. The process that more gains profit friv@ use of an ERD is FS1 because is
in this system that the turbine or the pressurénaxger, working with the highest RO
retentate flow rate, permits to have the major céda of energetic requirement.
Exergetic efficiencies of the integrated system&1WICr unit are lower than those of
the systems without MCr unit; this is due to ther@ase of exergy inlet because of the
thermal exergy necessary to heat the retentatenssre

In any case, exergetic efficiency of membrane dest#bn systems is greater than that
of thermal systems (such as MSF) which are highigversible and with exergetic
efficiencies in the range 1.12 ~ 10.4% due to ilgh Bnergy consumption [6].

Table 3 Quantity of energy required pef f fresh water produced [KWh#n

MSF FS1 FS2 FS3 FS4 FS5 FS6 FS7
without  26.4 [1]
ERD 25.74[7] 524 363 3.70 254/19.1 259/18.3 1.96/26.7 2.05/28.00
PV(\;IIE[rc])n 2.69 287 293 2.02/18.61 2.05/17.79 1.56/26.32 1.63/27.54
VF\)'EE 258 2.84 290 1.99/18.59 2.03/17.77 1.54/26.30 1.61/27.52

(a) if thermal energy is available in the plant the stream is already at the operating
temperature of the MCr unit.
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The estimation of energy saving can be an impotiahnhot a determining factor in the
choice of the flow sheet to be used in the destinaperations. As already said, the
fresh water production and the brine disposal &e @&vo important factors to be taken
into account. Referring to this, in Table 3 the gitgf energy required per hof fresh
water produced for the seven analyzed flow sheetk far a typical MSF plant is
reported. As anticipated through the exergeticyamml in each system the introduction
of an energy recovery system allows to increasegetie efficiency and to decrease
the quantity of energy required pef of fresh water produced. A comparison among
the different membrane systems leads to the caodubat, if the thermal energy is
already available in the plant, then FS4, FS5, &S FS7 become very attractive for
carrying out the process also from an energetiotpafi view. Moreover, the results in
the table show that all the proposed flow sheetsent better performance with respect
to the MSF process.

2.2 Substitution Coefficient

Since membrane operations utilize in prevalencetrétal energy, the estimate benefit
can be done using the method of the “substitutioefficient” (CS) introduced by
Electricité de Frang this coefficient compares the primary energy dave the
electrical energy consumed in cycles that utilikecteicity-consuming operations in

substitution of conventional thermal operations: [2]5:%%%, where C is the
consumption of thermal primary energy [MJ or Mc&]the consumption of electrical
energy [kWh], and 1,2 the relative index of the amtional and innovating process,
respectively. An innovating process results cormeinivhen the CS is greater than 10,5
MJ/kWh (2,5 Mcal/kwh).

The CSs calculated for FS1, FS2 and FS3 with resp@dSF and TVC indicate that all
the three integrated membrane systems are morgegivaitly convenient than thermal
processes (Table 4).

FS1 FS2 FS3 | Table 4 Substitution Coefficient [MJ/kWh] for
MSF 14.9 52.6 47.9 | Fs1, FS2, FS3 with respect to MSF and TVC
TVC 11.6 23.0 221 | 5],

Among flow sheets with MCr unit, FS5 is the mosemgetically convenient (CS like
99.3, 50.4 and 71.9 MJ/kWh with respect FS4, FSbF®7, respectively) [5]. Among
the last three, FS4 is the most energetically comve (CS like 47,6 and 70.0 MJ/kWh
with respect FS6 and FS7, respectively).

3. Cost Analysis

The cost of desalination is continuously decreasnthe last decades as a result of
advances in desalination technologies, procesgmegperating experience and due to
the reduction in energy consumption. Desalinat®naw able to successfully compete
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with other alternative water resources for potabdder supplies such as wastewater
treatment and recycling processes (see Table 5).
However, the cost of desalination depends on ptapiacity and it is site-specific,
mostly based on energy cost and on salinity anditgyua the feed water available at
the selected site. It is thus essential to seleetpgpropriate desalination technology that
produces desalinated water at a low cost for aeyusider consideration.

Table 5: Water production cost comparison from various wegspurces.

/

=

-

-

Water Plant Capacity Cost REFERENCE
Ashkelon Seawater http://www.water-
desalination treatment plant | 330,000 m3/d 0.53 $/ni technology.net/projects/israe
using RO technology specs.html
Tampa Bay Seawater http://www.tampabaywater.g
desalination treatment plant | 95,000 n¥d 0.56 $/nd g/watersupply/tbdesalproces
using RO technology aspx
Point Lisas (Trinidad)

Seawater desalination http://www.hbfreshwater.con
treatment plant using RO 109,000 ri¥d 0.73 $/nf /desalinationhistory.asp
technology
El Paso brackish groundwate .
Desalination Plant, Texas, 104,000 rivd 0.36 $/nf e O
115.html
USA
Wastewater treatment plant fq
drl_nklng water production 8560 m/d | 0.66 EUR/M https://archive.ugent.be/retri
using MF, RO and ve
UV(Wulpen, Belgium)
0.50-0.52 J.A. Redondo, Desalination
Wgstewater trgatment plant 1,000 n¥/d &/’ 138 (2001) 29-40 - Data fror
using conventional 5,000 ni/d " h
retreatment +RO 20.000 /d 0.49% the Devre Water Treatmen
P ’ 0.46 $/rd Co
J.A. Redondo, Desalination
Wastewater treatment plant 1,000 ni/d 0.46 $/nt 138 (2001) 29-40 - Data fron
using CMF/UF +RO 5,000 ni/d 0.43 $/nt the Devre Water Treatmen
20,000 n¥d | 0.40 $/nd o
Generally, thermal desalination is more cost intensthan reverse o0smos

is

desalination, with an average desalted water dobt5o$/nt [8]. According to Helal et

al. [9], the high water cost in thermal desalinatiplants is due to their higher
investment and Operating and Maintenance (O&M) olst fact, land requirements
and energy consumption for thermal processes ajehithan those for membrane
ones. Recent examples for MSF facilities are the Bihabi’'s Taweelah desalination
plants constructed in 2005 and having a water ol cost of 0.7 $/fy and the
Shuweihat plant having a capacity of 63,008drand with a water cost of 0.73 $/m
[10]. However, these costs are given on a rudinmgridasis and it is not clear if prices

for fuel have been included in the calculation aftev cost.

For what concerns water production cost in RO desi@bn plants, it is cheaper and in
the range 0.56 0.70 $/nf in the most part of SWRO plants [11, 12]: the wrlargest
reverse osmosis desalination plant in Ashkelora@irachieves a product water price
of 0.53 US$/m3; Tampa Bay SWRO desalination plantpces water at 0.56 $im
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water production cost at Tuas plant (Singapore).48 @/m3. In the case of brackish
water desalination, fresh water cost decreasesdryably and it is usually in the range
of 0.2-0.3 $/m. An example can be found at El Paso DesalinatiantRlTexas), the site
of the world's largest inland desalination plan04D00 nid) which uses RO
technology to produce drinking water by treatingeviously unusable brackish
groundvrr\%ater with a recovery factor of about 83% anaater production cost less than
0.36 $/m.

On the other hand, thermal processes can dealmotle saline water and can produce
distillate water with very low TDS values: also teesspects have to be considered in
the decision for one or the other option.

Aim of this section is to illustrate the factorsfeating water production costs, to
describe the cost elements for desalination preses® introduce the equations
generally used for the economic calculations ofdésalination plants and to determine
the desalted water cost and the gain for the salésfor all the proposed flow sheets.

3.1 Project parameters which influence water cost

The cost of desalted water production depends bgrakfactors, the main of which are
as follows:

v" Plant capacity:despite a higher initial capital cost, increaspignt capacity
decreases desalted water cost due to economiealef s

v' Energy cost:energy consumption is one of the term which morftuénces
water production cost, representing more than 40%verall costs [4, 10, 13,
14]. Moreover, the electricity costs vary over alevirange: the higher energy
costs are in the European countries while lowereslan be found in the Gulf
States and U.S. As a consequence, the availabflig§ternative energy sources
(solar, wind or geothermal) or the recourse to Ejpétgcovery Device have a
strong impact on the unit product cost.

v Raw water characteristicsdue to the osmosis phenomena, low feed water
salinity allows to reach high recovery factors. &€onsequence, the specific
energy consumption and the dosing of antiscalamimitals decrease thus
further reducing unit product cost. But raw watéamcteristics can change
with seasonal variations and during storm eventisadgae blooms.

As a results, the costs of desalination plantddfieult to estimate accurately without
specific information. Moreover, many systems arsigieed and built for specific
applications thus increasing the number of varsmbde their univocal determination.

3.2 Elements and equations of economic calculation

In this section the main cost categories are lyrigifcussed in order to present for each
of these a representative range of economic values.

The calculation of desalted water production coslivgled into annual operating costs,
direct and indirect capital cost:
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v Direct capital costs(DC) include the acquisition cost of land and process
equipments as well as the costs for plant constrmct
For example, pumping and energy recovery systent @®sgiven by
Costoump or turbine=0.0141G¢ [P [15] where P=pressure [atm]s&flow rate [kg/h];

heat exchanger cost is calculated cast[$]=%‘OSEL01.3[42.29+FC)DA0-65 [8, 9]

whereF, = (Fp + Fd)[Fm =1, A= area [ff], M&S = Marshall & Swift index.

v Indirect capital costs () include freight and insurance, construction ovedhea
owner's and contingency costs. These costs are lyswdpressed as
percentages of the total direct capital costs.

v" Annual operating costsThese costs incur during actual plant operation and
include the following items:

1.

oo

Annual electric power costcalculated asAgcyic=clwIifImi365 where

c=electric cost [$/KWh], w = specific consumptiorf electric power
[KWh/m®], f=plant availability, m = plant capacity fa];

. Annual labour costgalculated as\ |, = y(f Im(365 wherey =specific cost

of operating labour [$/f This item is site-specific and it is strongly

influenced by the pre-treatment technologies;

Annual membrane replacement ¢O5tnembrane Membrane replacement rate

varies between 20% per year for membranes trehigigsalinity seawater

to 10 % per year for membranes treating low-sglimmater supported by

pre-treatment systems [8];

Annual maintenance and spare parts ¢ostcalculated as

A maintenane = PIMIf [365 where p= specific maintenance and spare parts cost

[$/m?].

Maintenance of process equipment is necessary &agtee stable and

reliable operation throughout the lifetime of thesdlination plant.

Insurance costequal to 0.5% of the total capital cost;

Amortization or annual fixed chargesalculated asA;,.q=alDC where

DC=direct capital cost [$], “a” is the amortizatiofactor given by

a:('1(1+'n)nl:[yr‘l]; i = interest rate [%]; n = plant life [yr]. Desigstudies
+i)" -

and experience in desalination industry indicateaamortization life of 30

years and an interest in the range of 5-10%.

Annual cost for chemicglscalculated asachemicais k(f Imi365 where k =

specific chemicals cost [$/n

Chemicals are used in pre-treatment, cleaning tiparand post-treatment.

Chemical addition depends on raw water charadesjsinembranes in use

and pre-treatment technique in fact, as describsddgtion 4.1.2 - chapter, 1

membrane pre-treatment generally requires less ichénaddition than

conventional pre-treatment. Therefore, also thist ¢essite-specific and

varies from plant to plant.
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8. Annual brine disposal cgstalculated asA,,,.=b[B[f [365 where b =
specific cost of brine disposal [$/fand B = brine flow rate [fiAd].
The main factor influencing brine disposal cost are:
a) the utilized discharge devices;
b) the volume and the salinity of the brine strearhe discharged;
c) the length of the pipeline systems to transfee brine from the
desalination plant to the disposal site;
d) the costs associated with the control of tharenmental risks caused by
all types of land/sea disposal procedures.

9. Annual steam cosftcalculated asA,.,,=s[GI[f [365 where s = heating

steam cost [$/Ib] and G the required steam massrée [Ib/d].
10. Annual NaCQO; cost.From the forth flow-sheet, the annual ,8&®; cost has
to be consideredA y,,co, = Na, CO; costlsaltflow ratelf [365.

Taking into account all the previous cost items, Timtal Annual Costand theUnit
Product Costre, respectively, given by:
Atotal = Afixed + Ain + Aelectric + Achemicals+ AIabor + Asteam+ Abrine + Amaintenane + Amembrane+ A NapCO3

and A ynitp = Atotal (f Im(3685).

In literature there are many software packageset@iuating the cost of desalinated
water, such as the DEEP (Desalination Economic Evalu&rogram) and WTCdJst
software programs.

DEEP was issued by the International Atomic EnergynsgglAEA). It is useful for
preliminary economic evaluation for different comdiiions of various energy sources
of fossil and nuclear power plants with differeesdlination processes [16]. It contains
desalination models for MSF, MED, RO and possiblerisdycombinations and enables
side-by-side comparison of a large number of desdiernatives, which help in
identifying the lowest cost options for water amdfmwer production at a specific
location.

WTCosf was developed by the US Bureau of Reclamation aMbth & Associates
for comparison of different water treatment proessemploying RO/NF, MF/UF,
electro-dialysis and ion exchange [16]. It includesst equations for estimating
different pre- and post-treatment unit operatioobemical consumptions, intake
infrastructures, disposal devices, labour, membrapéacements, amortization, rates,
tanks, piping and instrumentations.

There are, moreover, some software packages dedebypmembrane suppliers, which
are publicly available. However, these packages bav accuracy only 30% because
they do not consider all the equipments and sitarpaters and many details are not
available.

These packages are normally applied only for felagitstudies but not for project
budgeting.
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3.3 Economical evaluation of the proposed integratemembrane systems: results
and discussion

Based on the analyses and equations illustratedhen previous paragraphs, the
economic evaluation of the proposed integrated mang systems for seawater
desalination is presented in this section. All giltions are based on recent economic
data extracted from actual field data and from glesstudies in literature. The

calculations are based on the following assumptions

AR NN NN N NN
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interest rate i = 5% [8];

indirect capital costs = 10% of total direct calptasts [15];

plant life n = 30 yr [8, 17];

plant availability f = 0.9 [8, 18];

electric cost ¢ = 0,09 $/KWh [8, 19];

heating steam cost s = 0,0032 $/Ib [19];

specific chemicals cost k = 0.025 $/f4, 8, 20] in the case of conventional pre-
treatment, whereas k=0.018 $/9, 14] by using membrane pre-treatment;
specific cost of operating laboyr= 0.05 $/m [8] in the case of conventional pre-
treatment, whereas=0.03 $/nf [4] by introducing membrane pre-treatment;
specific cost of brine disposal b = 0,0015 %[8&) 20];

specific maintenance and spare parts cost p= G0834, 15];

NF/RO membrane cost = 30$/nMF/MD membrane cost = 90 $4{8];

M&S = 1102.5 for 2002 [19];

Na,CO; market price= 0,068 $/kg [21];

selling price for NaCl = 30%$/t and fetgSQO, 7H,0O =570 $/t [22], for CaC@= 62
$/t [23].

That said, the economic evaluation for each propdk®d sheet has been made to
determine the unit cost of fresh water producedthadjain for the salts sale.
Table 6 shows the achieved results for FS3.
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Table 6: Summary of annual cost data for FS3.

without ERD | with Pelton turbing
Direct capital cost [$] 2,025,000 2,246,000
Plant capacity [rfid] 12,420 12,420
Specific consumption of electric power [KWH]m 3.695 2.932
Annual fixed charges [$/yr] 59,230 73,580
Indirect capital cost [$/yr] 5,923 7,358
Annual steam cost [$/yr] - -
Annual electric power cost [$/yr] 1,357,000 1,000
Annual cost for chemicals [$/yr] 73,460 73,460
Annual brine disposal cost [$/yr] 6,290 6,290
Annual labour cost [$/yr] 122,400 122,400
Annual maintenance and spare parts cost [$/yr] T84, 134,700
Annual membrane replacement cost [$/yr] 111,500 111,500
Total annual cost [$/yr] 1,871,000 1,606,000
Unit product cost [$/f} 0.46 0.39

! A membrane life of 10 years has been considered.

The desalted water cost in the most part of recdntiiging SWRO desalination plants
varies in the range 0.50 0.70 $/m, not too much different from the one calculated
(0.46%/r) with the above described equations and assungpiiothe case of standard

seawater composition.

Recently Borsani and Rebagli [24] estimated thé water cost for an RO desalination
plant for Arabian Gulf conditions. Their results atite comparison with the data
reported by Dreizin [25] for Ashkelon seawater R€salination plant are given in

Table 7.

Table 7. Comparison between water price of Ashkelon RO tptard the one calculated by

Borsani and Rebagliati [16].

. Borsani and

Cost item Ashkelon [$/r] Rebagliati [$/]
Base fixed price 0.311 0.22
Energy 0.134 0.148
Chemical 0.21 0.078
Post-treatment 0.009
Filters 0.005 /
Membranes 0.28 /
Others 0.17 /
Total water price 0.525 0.446
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One can not be surprised of the higher water agsbrted in Table 7 for Ashkelon
plant, because it is characteristic of a RO deatatin plant operating with high salinity
feedwater.

For what concerns the membrane-based desalinatgianss with MCr unit, the salts
production requires to add the following equationthe calculation of the profit for the
salts saleAnnualprofit = saltpricel saltflow ratel plantavailabilty [365 [$/yr] .

The results achieved when MCr operate on RO bri&&)are reported in Table 8.

Table 8: Summary of annual cost data for FS5.
without ERD with Pelton turbine

Direct capital cost [$] 5,539,000 5,763,000
Plant capacity [rfid] 17,750 17,750
[Slgl(\e/%i/f:ﬁsa:onsumption of electric power 2 586 2 054
Heating steam consumption [Kg/h] 12,510 12,510
Annual fixed charges [$/yr] 65,670 80,280
Indirect capital cost [$/yr] 6,567 8,028
Annual steam cost [$/yr] 689,300 689,300
Annual electric power cost [$/yr] 1,357,000 1,0180
Annual cost for chemicals [$/yr] 105,000 105,000
Annual brine disposal cost [$/yr] 3,665 3,665
Annual NaCO; cost 51,020 51,020
Annual labour cost [$/yr] 174,900 174,900
Annual maintenance and spare parts cost [$/yr] 418P, 192,400
Annual membrane replacement cost [$)yr] 794,400 794,400
'(I;c;tgl(;nsnelljlzl[g;;gt for the salt (NaCl and 2.991,000 2.991,000
Total annual cost [$/yr] 3,440,000 3,177,000
Lt desated vt cosaoutconssetng e o,
;rr]l':h(]lee:ZIIEesdal\ga[lgir%pCOSt considering the profit 0.077 0.032

A The membrane life has been considered equal teafs for MF/NF/RO and to 5 years for

MCr.
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The possibility to use a crystallizer for increasihg recovery factor and for recovering
the valuable salts usually present in the highlycemtrated streams of the desalination
plants has been also considered by M. Turek [26]aR&yzed two different hybrid
systems: UF/NF/MSF/conventional crystallizer and /NFFRO/MSF/conventional
crystallizer. In his systems the water cost is étu®.71 and 0.43 $/Mmrespectively.
The higher water price of the hybrid systems progdseTurek is probably due to the
presence of the thermal desalination process (M8fre energy consuming than
membrane processes.

A summary of the achieved results for the sevempgsed flow sheets is reported in
Table 9.

Table 9. Desalted water unit cost and profit for the sséte for all the proposed flow sheets.

FS1 FS2 FS3 FS4 FS5 FS6 FS7
Total profit
for the salts - - - 6,398,000 | 2,991,000 | 9,389,000 | 6,398,000
sale[$/yr]
Ig;"i‘[g";‘;rr]‘“a' 2,040,000| 2,005,000| 1,871,000 4,024,000 | 3,440,000 | 5,593,000 | 5,445,000
Unit cost* 6 6 ) g A ) hi
S 0.61/0.46 | 0.47/0.46 | 0.46/0.38 | 0.68/0.6 0.59/0.5 0.73/0.6 0.74/0.7
" =D
H‘:‘g‘]mt ; ; ; 055/05% | 047/0.48 | 054/05% | 0.55/0.5%
H *%
H‘:‘g‘]mt ; ; ; -0.40/-0.44 | 0.077/0.033 | -0.49/-0.58 | -0.13/-0.16
Unit cost** ° -0.041/-
S - - - -0.52/-0.57 0086 -0.68/-0.7% | -0.32/-0.36

* Desalted water unit cost without consider thendar the salts sale.

** Desalted water unit cost considering the gaintfee salts sale.

(a) If Pelton turbine is used as energy recovexjcde

(b) If thermal energy is available in the plant the stream is already at the operating
temperature of the MCr unit.

In all the examined flow sheets, the fresh watest @ge lower than that of thermal
desalination processes (about 1.5 %/{8] and ranges from 0.39 $7nfior FS3 with
Pelton turbine like energy recovery system, to &/f4 for FS7. The higher water cost
in the integrated system with MCr module is duethie thermal demand of the
membrane crystallizer unit needed for heating tteeb If the water stream is already
available at the temperature needed for carryirtgtloel MCr operation or the thermal
energy is available in the plant, the water cosettuced until about 0.40.55 $/m.
However, it should be pointed out that in the indéégd system with MCr unit there are
two important advantages:

- the quantity of produced salts is high enough thatgain for the salts sale covers
more than entirely the cost of desalination prodse® Table 9). Therefore, the
overall integrated desalination process becomey attractive also from an
economical point of view.

- The environmental problems related to the brine aiah are almost totally
eliminated. These problems are more evident wheméisalination plant has to be
constructed away from a salt water body. Any exgsgground or surface water has
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to be prevented to the pollution with the saltstloé concentrate streams. The
transport by pipeline to a suitable disposal pomild add up to the total costs.

3.4 Influence of temperature of the membrane crystazer feed on fresh water cost

Membrane crystallization process is a temperattiven membrane operation in which

the driven force increases with the temperaturtheffeed and/or with the temperature
difference between the two membrane sides. Therebgrgrowing the temperature of

MCr feed, the trans-membrane flux increases whiggnbirane crystallizer size and, as
consequence, membranes purchase and replacemedécEase.

Contemporarily, the thermal energy consumptionhef desalination plant and the size
of the heater before the MCr increase with the tnapire of the MCr feed. Therefore,

the cost of the desalted water is the result ofbihlance between these two opposite
trends.

In Figure 4 a plot of the desalted water cost \&the temperature of the MCr feed is
reported for the fourth and the fifth proposed ¢ieation systems.

0,731

Cost [$/m’]

0,53

50 60 70 80 90
T[°C]
—e— FS4 without ERD —m— FS4 with turbine
—a— FS5 without ERD —— FS5 with turbine

Figure 4: Desalted water cost vs. temperature of MCr feed.

Without considering the gain for the salts salehds been seen that, when the
temperature of the MCr feed grows, the fresh watest has a minimum due to the
increase in annual steam cost and to the decreasembrane replacement cost. This
trend is another motivation for what concerns theice to utilize a temperature higher
than 35°C in the proposed flow sheetsdtion 4.1, chapter 2)

Moreover, from the linearization of the achievedules, both with and without energy
recovery system (ERD), straight lines with slopesadé¢p 0.0021 for FS4 and to 0.0019
($/m*)/°C for FS5 have been obtained. This means that iES#hore sensitive to
variation in MCr temperature than FS5. In fact,08Q increase in the temperature of
the MCr feed rises of 0.021 and 0.019 $ the costnufof desalted water in FS4 and
FS5, respectively.
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4. Sustainable Metrics

In a world more and more stressed by water scaanity by the increasing water
consumption for industrial/tourist development, #weo problem gains wide attention:
the environmental protection and the environmemtgdact of each water treatment
system. In a few words, it is important not onlyciasing water cost but also, and
above all, producing fresh water in a méugstainable Way

Since 1997, many chemical and allied industry caomgsathat are a part of the
American Institute of Chemical Engineers’ Center Wsaste Reduction Technologies
(AIChE/CWRT) have been working to develop the soecHi$ustainable metrics27-
29]. It is generally agreed that metrics must beapeters clearly defined, simple,
measurable, objective rather than subjective, anst mrive business, government and
communities towards more sustainable practices.

Over the past 5-10 years, a number of metrics baes proposed, some of which are
reported in Table 10.

Table 10: Metrics.

Category Metric Unit

M Massintensity = Totalmass Ka/k
ass Massof product g’kg

Totalproces&nergy

Energyefficiencyor intensity=
Energy gye Y y Massof product MJ/kg
, , , K
Ecotoxiciy = Total(mas$er§|stent’r bioaccumudtive) g
. ECsomateriall EC;oDDTcontrol
Ecotoxicity Total waste
Wastelntensity= Kg/kg

Massof product(fresh wagr + salts)

Thermal hazard

Reagent hazard

Pressure (high/low)

Hazardous by-product formation

Safety

Economic Cost $or€

EC50: concentration at which 50% of the organismai acute toxicity test die during the fixed
time period of the study.

Mass intensitytakes into account yield, stochiometry, solvent] eeagents used in the
reaction mixture, and expresses this on a weigighvdasis rather than a percentage.
In the ideal situation, MI would approach 1. Totass includes everything that is used
in a process or process step.

Waste Intensity (or E Factograws attention to the quantity of waste thatrisdpced
for a given mass of product. It also exposes thaive wastefulness of different parts
of the chemical processing industries that includedustries as diverse as
petrochemicals, specialities and pharmaceuticals fietric may certainly be used by
industry and can, if used properly, spur innovathuat results in a reduction of waste.
The mass indicators define both environmental ingactd raw material utilization
(e.g., emissions and mass intensity), while therggnendicators evaluate energy
consumption of the alternatives.
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Clearly, wasted resources and energy consumptioy e significant cost
implications.
For the seven proposed flow-sheets some metrias Ibeen calculated in the attempt to
estimate the environmental impact of the systenustarshow how green metrics can
drive to the choice of the most convenient desabngrocess.
The selected green metrics are:

Totalmasgseawatet- reagents)
Massof product(fresh wagr + salts)’

Totalwaste .

Massof product(fresh wagr + salts)’

Total proces®nergy(electrica+ thermal)
Massof product(fresh wagr + salts)

1) Massintensity=

2) Wastelntensity=

3) EnergyEfficiencyor Intensity=

Table 11 shows the value of the quantitative indicafor the integrated desalination
membrane systems without membrane crystallizatiots.u

Table 11 Comparison of metrics for FS1, FS2 and FS3.

FS1 FS2 FS3
Mass Intensity [kg/kg 2.495 1.923 2.031
Waste Intensity [ka/kg 0.086 0.066 0.070
Energy Efficiency or Intensity [MJ/kg 0.019] 0.0131] 0.0133
Cost /rf of fresh water produced 0.614 0.465 0.458
Energy Efficiency with Pelton turbine [MJ/kg] 0.010 0.010 0.011
Cost with Pelton turbine [$7rof fresh water produceo 0.398 0.400 0.394

From the Table 11 it is clear that:

1) desalination processes possessing high massitytand, then, waste intensity, will
have also high environmental impact and cost bectnesr plant efficiency will be low;
2) energy consumption is the term that more inft@ésndesalination cost. In fact, the
presence of the Pelton wheel in the flow sheet agesllenergy intensity and water
desalination cost.

Table 12 and Figures 5-6 show the value of metrizstlie integrated desalination
membrane systems with MCr units (FS4-FS7).
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Table 12: Comparison of metrics for FS4, FS5, FS6 and FS7.

FS4 FS5 FS6 FS7
Mass Intensity [kg/kg]| 1.3804 | 1.3975 | 1.0556 | 1.1184
Waste intensity [kg/kg]| 0.0374 | 0.0316 | 0.0161 | 0.0303
Energy efficiency [MJ/kg]| 0.0484 | 0.0463 | 0.0650 | 0.0689
Energy efficienc§ [MJ/kg 0.0091 | 0.0092 | 0.0069 | 0.0073
Energy efficiency with Pelton turbine [Mdlk 0.0465 | 0.0444 | 0.0636 | 0.0674
Energy efficiency with Pelton turbife  [MJ/kg]| 0.0072 | 0.0073 | 0.0055 | 0.0058

(a) if thermal energy is available in the plant tbe stream is already at the operating
temperature of the MCr unit.

The achieved results confirm that the presence of Mt reduces significantly the

brine disposal problem and that thermal energhestérm that more influences energy
consumption, in fact the introduction of a Peltoheel as Electrical Energy Recovery
Device leads to a low reduction of the plant enegfficiency and water desalination
cost (Figure 5). Only when thermal energy is alyeadhilable in the plant it is possible
to observe a higher reduction in plant energy igfficy and water cost (Figure 6).

Figure 5: Energy efficiency and cost for FS4, FS5, FS6 aBd With and without Pelton
turbine as Electrical Energy Recovery Device. Tbst ¢s equal to dollar per kg of fresh water
produced and it does not consider the gain fosétis sale.
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Figure 6: Energy efficiency and cost for FS4, FS5, FS6 aBd With and without thermal
energy available in the plant. The cost is equaldltar per kg of fresh water produced and it
does not consider the gain for the salts sale.
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(a) if thermal energy is available in the plantioe stream is already at the operating temperatutiee
MCr unit.

It is important to underline that the results oh¢al with metrics agree with those
obtained through exergetic and economic analysieeproposed integrated membrane
desalination systems. Therefore, the use of theciptes of Sustainable Development
can help to the choice of the best alternativeviarreasons:

1) they allow to avoid risks from unsustainableibess practices. These include risks
from pollutants and toxic releases, greenhouse gasssions taxes (energy,
transportation), shipment of highly hazardous nialter(reagents, intermediates, raw
materials, solvents), etc.

2) A process that reduces costs by decreasing imassity or energy intensity will be
more economic profitable and will have less envinental impact.
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4.1 New metrics

Recently, othernew metricshave been defined and utilized in the evaluatibn o
membrane operations impact on the production lijses Table 13).

Table 13: New proposed metrics [30].

PS (productivity/size ratio) =__P/Size (membranes
P/Size (traditional)

PW (productivity/weight ratio) = P/Weight (membes)
P/Weight (traditional)

PW (productivity/weight ratio) = P/Weight (membes)
P/Weight (traditional)

El = P/Load of pollutant emissions (membranes)
P/Load of pollutant emissions (tradiadn

Flexibility = Variations handled. (membranes)
Variations handled (tramtial)

MI (modularity index) = _Productivity(scale up)
Productivity
M (modularity) =  |AredArea (membranes)- Mi|

|VoluméVolumey(traditional)-Ml

With respect to the previous indicators, the nevrice take into account some other
parameters of the industrial processes, such asweght, flexibility and modularity of
the plants. Therefore, they can be coupled withetkisting tools for comparing new
and traditional processes with respect to otheeaspof the production plants, always
in the logic of the Process Intensification.

The chosennew metricsfor the umpteenth comparison of the membrane-based
desalination systems are PS and M indices (Taldlelb).
PS was chosen because one of the most importardgotdastics of current and future
plants is that to have high productivity and lowesi
To compare theroductivity/sizeratio for the proposed membrane processes, the PS
indicator has been re-defined as follows:
PS (productivity/size ratio) = P/Size (for flolest A)

/Skze (for flow sheet B)
PS value higher than 1 indicates that the proceshodlld be preferred with respect to
the process B.

Table 14:PS for FS4-FS7.

productivity/size(FSreported in the row)
— - FS4 FS5 FS6 FS7
productivity/size(FSin column)
FS4 1,00 0,97 1,26 1,23
FS5 1,03 1,00 1,29 1,26
FS6 0,80 0,77 1,00 0,98
FS7 0,81 0,79 1,02 1,00

The achieved results (Table 14) indicate that FS&nsong the four analyzed flow-
sheet, the one with the highgsbductivity/sizeratio, meaning that this process is the
one that provides the better compromise betweeratheunt of fresh water and salts

111



produced and the size of the membrane process. g, FS6 and FS7, the process
with the highesproductivity/sizeratio is FS4 (in agreement with the results adctdev
with the substitution coefficient CS).

The modularity metric M was chosen because a typpmabperty of membrane
operations is their modularity. The modularity take® account the changes of the
plant size due to variations of the plant produgtivio compare the modularity of the
proposed membrane process, the modularity indiegsrre-defined as follows:

_ |area, / area; —MI | (process)

- |area, / area; —MI | (process)

This metric compares the variations for the procesgish those for the process j when
the plant productivity varies from the conditiont® the condition 1. The membrane
process i has a higher modularity if the modulanitgtric is lower than 1; modularity
values higher than 1 are in favour of the process |

For the proposed flow sheets, productivig/the one achieved when the pressure at the
inlet of the RO unit is equal to 6.9 MPa, produtyi, is the one achieved when the
pressure at the inlet of the RO unit is equal ToNdPa.

Table 15: Modularity metric for FS4-FS7.

|area, / area; —MI | (FSreported in the row)
- FS4 FS5 FS6 FS7
|area, / areay —MI | (FSin column)
FS4 1,00 0,96 1,65 1,52
FS5 1,04 1,00 1,71 1,58
FS6 0,61 0,58 1,00 0,92
FS7 0,66 0,63 1,08 1,00

Among the four analyzed flow-sheet the obtainedltesndicate that FS6 and FS7 are
more modular than FS4 and FS5.

5. Conclusions

In conclusion, the results achieved through theafigergetic and Exergetic Analysis,
Substitution Coefficient, Economic Evaluation aridhe so-calledSustainable Metrics
make realistic to affirm that adoption of membrdr@sed desalination systems appears
an interesting possibility for improving desalimati operations and meeting the
increasing pure water demand.

In particular:

- the presence of MF provides a NF/RO feedwater ofdgguality. This results in a
reduction of membrane fouling and, then, in cagtad operating cost.

- The NF introduction allows to decrease osmotic pressf the water fed to the
following RO unit. As a consequence, coupling NFl &0 units, plant global
recovery factor increases up to 52%.

- The presence of MCr has three important advantages:

1) increases plant global recovery factor so moaleach 92.8% when it operates
on both retentate streams (higher than that of auRD-about 40%- and much
higher than that of a typical MSF -about 10%);
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2) it reduces, until almost to eliminate, brinepdisal problem and its negative
environmental impact.

3) By MCr, the quality and the quantity of producmgstals are high enough that
the gain for the salts sale can cover more thamegnthe cost of desalination
process, particularly in the case of FS6 (see TableTherefore, the overall
desalination process becomes very attractive atsm fan economical point of
view.

The comparison of the results achieved for the whffeflow sheets shows as follows:

v’ among the desalination systems without MCr unit3 FSthe one to prefer
because of the lowest cost and better quality efgioduced desalted water
(Table 6-chapter 2 The introduction of MF as pre-treatment in FSgHly
decreases the plant recovery factor with respeeS@ but it leads to benefits in
term of reduction of membrane fouling (with consejuextension of the life
time of NF/RO membranes) and chemicals dosage (secao chemicals are
needed for disinfection, coagulation and dechldidma with consequent
reduction of the environmental impact of dischargéB/RO concentrated
streams (se8ection 4.2 — chapter.l

v" Among the desalination process with MCr unit, F&®i¢h means the system
with MCr operation on NF and RO retentate streas#f)le one to prefer when
thermal energy is available in the plaot the gain for the salts sale is
considered because it is characterized by:

- the highest recovery factor (92.8%),

- the lowest amount of drained off retentate stream,

- the lowest specific energy consumption (see Tablnd8)desalted water cost
(Table 9),

- the highest modularity M (Table 15),

- productivity/sizeaatio higher than FS7 and slightly lower than B8&d FS5.

v If thermal energy isot available in the plantr if the gain for the salts sale is
not considered, FS5 (which means MCr operates onlyR@n brine) is the
desalination system with MCr unit to prefer for witancerns specific energy
consumption, desalted water cost gmaductivity/sizeratio. However, FS6
remains the best process for what concerns recdeetgr, waste production
and modularity.

As a consequence, the choice of the most converirdt suitable membrane

desalination system depends by many parameterst @f all by seawater

composition and by the possibility to use low-gradevaste heat streams, as well as
alternative energy sources (solar, wind or geoth®rfor a cost and energy efficient
desalination system. What is undoubtedly is theggrated membrane desalination
systemffer a reliable solution to the water shortagebbem well approaching the
concept of “zero-liquid-discharge”, “total raw magds utilization” and “low energy
consumption”.

For what concerns the last point, currently, théalteenergy requirement of

desalination processes (pretreatment of seawateverse osmosis) ranges between

3 and 4 kWh per cubic meter of desalinated seawdten optimized for large-scale

plants (similarly to the results achieved in thstfthree proposed flow sheetsee

Table 3. Recent demonstration studies performed in thé&ednStates by the

Affordable Desalination Consortium demonstrated #reergy requirements for the
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RO desalination process alone could be loweredk@/B/m® through optimization
of conventional RO membrane and use of highly-iffitenergy recovery device.
A recent Request for Research Proposal issued éyU Defense Advanced
Research Projects Agency has set an objective k\Ivh/nt, while the ADC
(Affordable Desalination Collaboration) project in US
(http://www.affordabledesal.com/index.hdnaind EWI in Singapore in collaboration
with Siemens is aiming for a consumption of 1.5 Kivh not far from the
theoretical inferior limit that remains around Ok8Vh/m® due to the osmotic
pressure and not so far from the energy consungpitidrthe proposed integrated
membrane desalination systems with membrane cligstalunit when thermal
energy is available in the plarsee Table 3
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CHAPTER 4: Membrane Crystallizer: Avant-garde
Technology for the Recovery of Water and Salts fronthe
Concentrated Steams of the Desalination Plants. Dargption
of the Lab Plant
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1. Description of the lab plan

In order to test the performance of a Membrane t@lyzer and to compare the
experimental results with the theoretical ones,eaperimentation phase has been
carried out by using an existing lab plant, relit@éd and improved in order to carry
out the membrane crystallizer experimental actiwith the control of the process.

The schematic representation of the experimentarapys is depicted in Figure 1.
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Figure 1: Schematic flow sheet of the lab plant: (A) cool@&) pump; (C) flow-meter; (D) heater; (E) membranedule; (F) crystallizer tank; (G)
regulation valve; (H) crystals separation systdirhdlance; (L) distillate tank; (S) external tengtere sensor.



The retentate (NF or RO brine) and the permeatarasgdemineralized water) are the
foremost lines: they converge in counter-currententowards the membrane module
containing microporous hydrophobic membranes, wheeesolution is concentrated by
solvent evaporation. The employed MD020CP-2N mendraadule, supplied by Enka
Microdyn, contains 40 polypropylene (PP) hollow&b (materials which guaranties the
hydrophobicity typical in the membrane distillatiprocess) packed in a shell of 2.1 cm
diameter and 60 cm length. The nominal pore size@PP membranes is 0.2th and
the external diameter is 1.8 mm for 0%mf total membrane area.

The main characteristics of the membrane modulseeified in Table 1.

Table 1: Structural Parameters of an Enka Microdyn MD0O20CP-2\ Module

Material Polypropylene (PP)
Type Hollow fiber

No. of fibers 40

Packing density 70%
External diameter of the fibers 1.8 mm
Membrane thickness 120 ym
Length of the fibers 45 cm
Available area 0.1 M
Nominal pore size 0.2 um

Shell diameter 2.1cm

If during the tests too high pressure values asehed in the fibers, the liquid can
penetrate into and through the membrane poresmaméing the permeate. Therefore,
the flow rates to be used in the experiments haveetchosen to ensure that process
pressure does not result in membrane wetting.

A variety of methods may be employed to drive fapcording to the nature of the
permeate side of the membrane. In literature, npautjications show that direct contact
membrane distillation (DCMD) is best suited for Bggtions in which the major
fluxing component is water, such as desalinationth@ concentration of aqueous
solutions [1]. Also the lab plant is structuredoirer to satisfy the requirements of the
direct contact.

Crystallization occurs inside a body where a CASTHER7002PP centrifugal pump
takes and sends the mother liquor to the membraieile on the retentate side.

The driving force in MD is a vapour pressure diffese across the membrane which
can be imposed by a temperature difference achessnembrane. Because the major
goal is to test the performance of the MCr for tle@centration and crystallization of
NF and RO retentate streams, the water removal thenretentate takes place only if
its temperature is higher than that of the permédterefore, the retentate line is heated
by an ISCO GTR 2000 heater.

A crucial requirement for a MCr is to prevent cajstdeposition inside the membrane:
because the solubility of the solids of interest{sm chloride and magnesium sulphate



heptahydrate) increases with temperature, a saitamting must also guarantee that the
temperature of the solution flowing along the meanigr is high enough to be always
under saturation condition. In this regard, it ecessary to consider that, along the
capillary module, thermal exchange phenomena betwekl and hot streams cause a
progressive reduction of temperature, dependindperiluid-dynamic regime.

Moreover, once the crystals are formed, they aneowed from the plant through a
“crystals recovery systéroonstituted by two COLE PARMER - MASTERFLEX L/S
pumps and a filtration unit. This system withdrawms of the solution through a hole
close to the botton of the crystallization tankydseit to the filtration unit, keeps on the
filter the achieved salts and sends the filterqddr to the membrane module in order to
be further concentrated.

The solution coming out from the module is returfeatk to the magma reservoir,
working at atmospheric pressure, whose admittas@éaced on the bottom of the tank
in order to create the elutriation of the crystatsl to contribute to the reduction of the
obstruction of the tubes during the pump draft.cAds the distillate line a CASTER
MT7002PP centrifugal pump ensures the counter-curemycle of the cold stream that
removes from the saline solution the water vap@ssmg across the membrane pores.
The distillate coming out from the module is sentatareservoir representing the
drawing and picking tank for the permeate lineislan adiabatic tank with thick and
empty walls (like a honeycomb) in order to insuldie system.

The plant is also supplied with the necessary tfmolthe control of the most significant
parameters of the system: flow rate, temperatusssore and conductivity.

Flow rate control is achieved through Brooks Instemts mass flow-meters, with a
capacity of up to 5.7 L/min, placed at the outlettleé pumps on the retentate and
permeate lines; four platinum thermocouples (Ptdi§posed at the inlet and outlet of
the module on the retentate and permeate linew al@uantification of the thermal
drop. The control of the crystallization temperataceurs through the use of NESLAB
RTE 17 refrigerated bath supplied with external terajpge sensor.

The estimation of the trans-membrane flux occure\ajuating weight variations in the
distillate tank with a Reflex HP 8200 balance. Thatml of the trans-membrane flux is
realized through the use of a computer which aeguimstantaneously the data from the
balance. Therefore, the balance represents thensyst¢h for data acquisition and,
connected to the computer, for the control of tiadiity of the crystallization process.
In fact, the balance has the following functions:

v' it records the time variations of the distillatduroe that it is collected in the
permeate tank;

v' it transfers the weight data to the computer whitihpugh the use of an
appropriate software, estimates the trans-membilareand shows to the
users its graphic trend vs time. An eventual pigdipn and/or
accumulation of crystals on membrane surface isddiately seen by the
operators through a drop of the trans-membrane flux

NESLAB RTE 17 refrigerated bath provides the mainteaaot the inlet distillate
temperature by removing the heat flux transferrechfthe retentate to the distillate side
of the membrane modules.

The conductivity of the crystallizing solution antitbe distillate is measured through
the use of a HI 2300 bench meter supplied by Hamstauments.
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2. Concentration tests: materials and methods
The experimental study has been conducted on tleviog synthetic solutions:

agueous solution of sodium chloride (initial cortcation 267.8g/L);

agueous solution of MgSETH,0 (initial concentration 650g/L);

aqueous solution of NaCl and Mg$@H,0O (312.5g/L of NaCl and 10.2g/L of
MgSQOy7H,0). This represents the RO brine composition (4iiég concentrated
and after the precipitation of &aions) of the integrated membrane desalination
system constituted by MF/NF/RO-Precipitator-MCr andicated with FS5 in the
previous chapters;

aqueous solution of NaCl (initial concentration B/@/L), MgCLkx6H,O (initial
concentration 179.7 g/L), NaHG@nitial concentration 2.482 g/L), M&GO;s (initial
concentration 0.8306 g/L), KCI (initial concentmati 5.352 g/L), KBr (initial
concentration 0.5473 g/L), MaO, (initial concentration 66.5022 g/L). It represents
the NF brine composition (4.333 times concentrated after the precipitation of
Cd" ions) of an integrated membrane desalination systenstituted by MF/NF-
Precipitator-MCr /RO (such as FS4) in which NF &1 are characterized by the
rejection values reported in Table 2 and using a fa seawater with the
composition shown in Table 3.

Table 2: NF/RO rejection values and recovery factors.

lon NF [%)] RO [%] Table 3Seawater composition.
Cl 26.7 99.6 TDS: 33,540 mg/L
Na 26.7 99.6 Chloride: 19,000 mg/
SO4 93 .7 996 Sodium: 10,500 mg/
Ca 80.7 996 Magpesium: 1,350 mg
HCO3 63.3 99.6 Calcium: 400 mg/
K 6.7 99.6 Pptassmm: 380 mg/L
CO3 63. g 99.6 Bicarbonate: 142 mg/L

= : Carbonate: 3.5mg

Br 10 99.6 Bromide: 65 mg/
Recovery factor [%] 75. 69.1

Moreover, in order to evaluate the effect of orgaron the crystallization process,
several tests on synthetic NF brine solutions widkferent humic acid
concentrations have been also carried out.

Different tests have been carried out changing:

(i) the temperature of the heater on the retentatdflios 40°C to 45°C)
(i) the retentate flow rate (from 100 to 250 L/hr).

The permeate flow rate was kept constant and equaD®L/hr. Planned the wished
temperature and flow rate, the experimental date wead every ten minutes: from the
computing of the weight variation in the permeatek{ the trans-membrane flux was
estimated; from the electric conductivity measunets®f the permeate, the absence of
salts in the produced desalted fresh water strearhdcked.

Since the crystals appeared, every 30 minutessgesgion sample of them is extracted
carefully and with alacrity. The particles are fiid, weighted, examined visually with
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an optic microscope (ZEISS, model Axiovert 25) amtypes recorded with a video-
camera module VISIOSCOPE Modular System equippeld eptical head (1:6100X),
in order to determine the crystal size distribu{@$D) at various time intervals.
CSD is one of the main characteristics of a crijg@lproduct. The CSD is important
for the product quality, but also influences therf@enance of the process, the
separation of the crystals from the mother liquaomd the subsequent drying of the
crystals. It is also essential for the storage haddling of the final product. For
instance, small crystals contain more adhering aroliquor after filtration due to the
relatively large surface area compared to a similass comprising larger crystals. This
results in a less pure product after drying andighdr tendency towards caking.
Although for many applications large crystals arefg@rred, there are also cases where
the crystals are dissolved or digested in theialfinse. For those purposes, small
crystals are required to reduce the dissolutioretim all cases, a narrow distribution
around the mean crystal size is required. CSD alltmwevaluate the cumulative percent
function, a more significant parameter from an stdal point of view.
When the particle dimension is correlated to thewative percent function, the crystal
distribution is generally characterized by the @iornt of variation [2]:
cV = standaraﬂewathn _ 100PD84%— PD16%

masdasednearsize 2PDgou
where CV is the coefficient of variation, expresssdpercentage, and PD is the crystal
length at the indicated percentage.
By giving the coefficient of variation and the meaarticle diameter, a description of
the particle-size distribution is obtained which nermally satisfactory for most
industrial purposes. If the product is removed framixed-suspension crystallizer, this
coefficient of variation should have a value of epmately 50 percent [3].

3. Cleaning of the lab plant

The cleaning of the membrane module and of the dy®eat is necessary at the end of
each experimental test in order to avoid the déjposand the accumulation of the salts,
and to restore the initial performance of the meanbr

The cleaning of the lab plant requires four différgteps: (i) first of all it is necessary to
empty the crystallization tank and the retentate from the remainders of crystallizing
solution; successively (ii) first an abundant waghiith distillate water at ambient
temperature, (iii) then a treatment with an aquesmlgtion of citric acid at pH 3+4 for
about 30 minutes, (iv) finally a second rinse vdistillate water are required.

A different type of membrane cleaning has been wsdyg for the crystallization tests
with solutions containing organics (Segragraph 5 — Chapter tr further details).

The pure water flux was measured after each stept bfahe fouling layer was swept
out with the water stream. Besides, about 100% flecovery was attained after
recirculation of the citric acid solution. The tramembrane flux measurements of pure
water, first and after the tests, showed that tleenbrane performance after cleaning
was similar to the one of the new membrane.
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CHAPTER 5: Sodium chloride and magnesium sulfate
heptahydrate crystallization. Experimental Study
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1. Introduction

As described in the previous chapters, in a Mendr@nystallizer, with respect to
conventional crystallizers, additional factors mtme which influence crystals
nucleation and growth rate. First of all, a membracrystallizer apparatus is
characterized by the dissociation of the two fundatal moments marking
crystallization from the solution process: the solivevaporation (occurring inside the
membrane module) and the crystallization stagefdpeed in a separate tank on the
retentate line). Thus, the produced crystals areeadrp to show improved size
distribution and global quality. Secondly, the prese of the polymeric membrane in
the crystallizing solution induces heterogeneoudeation. Secondary nucleatictye

to contact between crystals ar& ¢ther crystals,k) the walls of the container, and (
the pump impeller, also occurs in a MCr. For whattaerns crystals growth rate, it is
correlated to the level of supersaturation ancepehds by the diffusional resistance to
the movement of molecules (or ions) to the growingstal face, as well as by the
resistance to integration of those molecules iheoface. Moreover, the solvent trans-
membrane flux modifies the level of supersaturatod it increases the concentration
at membrane-solution interface.

The fundamental parameters of a membrane crystaliegice have been recalled
because, as highlighted in the next paragraphg, lthge to find confirmation in the
experimental activity.

The evaporative crystallization of sodium chloridel @psomite from aqueous solution
has been used as vehicle for preliminary experiatettidy. Even if NaCl represents a
typical example of most inorganic crystallizing &mss, interest for this salt and for
MgSOy7H,O are heightened since they are involved in sea lanadkish water
desalination process.

2. Concentration tests: control of the process

The crucial requirement of a MCr is to prevent aigstieposition on membrane surface
and inside the membrane module.

In the built lab plant, crystal deposition insidembrane module is controlled by the
following tools:

v" by re-circulating the solution in order to remowartjtles eventually deposited
on the membrane surface;

v" by recovering the produced crystals through thgstals recovery system”;

v' by controlling the temperature of the solution flogr along the membrane
module. For what concerns this aspect, known havsthlubility of solids in
solution depends on temperature, a suitable heatingpoling guarantees that
the temperature of the solution flowing along thenmbrane is fairly high to be
always under saturation condition.
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Magnesium sulphate

Figure 1: Magnesium sulphate.

Magnesium sulfate is a chemical compound contaimagnesium and sulfate, with the
formula MgSQ. Its solubility increases with temperature andjluno around 50°C, if
the solution is supersatured, it is encounteredthas heptahydrate, MgSQH,O,
commonly called Epsom salts (Figure 2).
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Figure 2: Phase diagram for magnesium sulphate in water [1].

Anhydrous magnesium sulfate is used as a dryingtag@nce the anhydrous form is
hygroscopic (readily absorbs water from the aird aherefore harder to weigh
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accurately, the hydrate is often preferred wherpamiag solutions, for example in
medical preparations. Epsom salts have traditioaln used as a component of bath
salts.

The crystallization tank works at 25 °C and atmosighpressure: if the solution is
supersatured, magnesium sulphate precipitatessasnip.

Sodium chloride
The solubility of sodium chloride doesn’t change muwdgth temperature. In the range
0-100°C it increases from 35.7 to 39.8 g NaCl/1BR@ [2], typical behaviour of a salt
with small AHs. According to Sparrow [3], solubility of pure sadi chloride (X%o)
can be also predicted, in the rangd 9450 °C, by the following equation:

(1) Xgo=0.2628+62.7510°T +1.08410 7072

Equation (1), can be used for any concentration witheasing uncertainty above 0.26
sodium chloride mass fraction. Also this equatibaves that sodium chloride solubility
doesn’t change substantially with temperature:nitreases from 36.08 to 38.51 g
NaCl/100g HO between 0 and 100°C.

Because the solubility of the salts of interest gNand MgSQ 7H,O —naturally
presents in the concentrated streams of the dasalin plants) increases with
temperature, a heating of the retentate solutidiorbeentering into the membrane
module guarantees that the temperature of theisoltiowing along the membrane is
fairly high to be always under saturation condition

According to literature [4] and to the followingwdged equation

n
(2) Q=Glep [qTin _Tcrist) = 2m; [AHgj + ULALAT,

i=1
the temperature of the MCr feed has been choseal ¢qu34°C (seeSection 4.1 —
Chapter 2for more details about the equation (2)).
A preliminary set of experimental tests has beeradhout in order to check, by means
of the trend of solvent trans-membrane flux, ttegt thosen MCr feed temperature is
sufficient to avoid the accumulation and the degmsiof the crystals on the membrane
surface and inside the membrane module.

3. Concentration tests: trans-membrane flux measurmaents

In order to test the performance of a membranetaliyzer, water trans-membrane
fluxes have been measured for aqueous solutiorsaifum chloride or magnesium
sulfate heptahydrate in a wide range of operatbralitions.

Sodium chloride and magnesium sulfate heptahydnateagent grade was purchased
from Sigma. Initial solutions were prepared by gdi-distilled water as solvent; water
was also employed as condensing liquid on thelldistiline. A filtration preceded the
introduction of any fluid in the plant.

The experimental tests have allowed:
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- to test fluid-dynamic effect on membrane crystalian operation and, in
particular, on trend of solvent trans-membrane,flux crystal size distribution,
on their shape, dimension and growth rate, and

- to check the crystallization conditions in whiclertd are no crystals deposition
inside the membrane module.

For each solutions different tests have been choig by using a permeate flow rate
constant and equal to 100L/hr and changing the teeiflow rate from 250 to 100
L/hr. After a transitory state, the temperatureseobsd at the module entrance for
retentate and permeate side were constant and dqudé5+1°C and 16+2°C
respectively. As a consequence, for all the expamis, the temperature difference
between the two membrane sides was almost unchargeaing the constancy of the
process driving force. The crystallization tank wekat 25°C and atmospheric
pressure.

3.1 Sodium Chloride Agueous Solutions

Figure 3 shows the trend of sodium chloride corregion vs time at different retentate
flow rates.

40 -

35

g NaCl/100 g H2C

! —=—100Uh —e—120L/h
(.;49 150 L/h 170 Uh

—*—200/Fr —e—250 Ur

0 50 100 150 200 250 300 350 400
t[min]

Figure 3: Concentration vs time at different retentate floates for the lab tests of
agueous solution of NaCl.

From an initial value of approximately 30.66 g N@@00 g HO, an increase of the
solution salinity with time is observed due to swit/recovery. The NaCl concentration
growth is quite linearly, with increasing slopehwieed flow rate (Table 1).
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Table 1: Slope at different MCr feed flow rates.

MCr feed flow rate Slope
[L/h] (g NaCl /100 g KO)/ min
100 0.0291
120 0.0326
150 0.0326
170 0.0345
200 0.0347
250 0.0381

Feed flow rate is an important parameter in menwrdistillation operations. It
influences both mass and energy transport phenantegler feed flow rate means
higher Reynolds number and transport coefficieAs.a consequence, polarization
effects decrease and higher fluxes can be expeldimdever, the improvement of the
performance of the system with the feed flow ragelaw due to the high NaCl
concentration (close to saturation point) and,dfuee, to the low activity coefficient of
NaCl-water solution. This, consequently, causesgtimsving of the viscosity and the
reduction of the partial pressure difference betweembrane interfaces. As a result,
the trans-membrane flux decreases with sodium icld@oncentration (Figure 4).
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Figure 4: Trans-membrane flux vs concentration at differertemtate flow rates for the lab
tests of aqueous solution of NaCl.

However, the reduction of the trans-membrane fluglow because the temperature of
feed and the thermal difference between the tweasts are high enough to contain the
decrease in driving force due to concentration rise

In Figure 5 is presented the trend of the trans-bmane flux vs time at different
retentate flow rates. After a first stage corregiog to the settlement of the
temperature profiles inside the membrane module fltix is approximately constant:
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this is characteristic of a good operation becamsans that there is no crystals
deposition inside the membrane module.
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Figure 5: Trans-membrane flux vs time at different retentéev rates for the lab tests of
aqueous solution of NaCl.

In confirmation to the above reported for what amnes the influence of the feed flow
rate on the transport coefficients, Figure 5 shdhat water trans-membrane flux
increases with retentate flow rate. Moreover, tesumption of constant temperature
difference guarantees that any increase of the fkixexclusively due to the

improvement of the polarization coefficients and, particular, to the temperature
polarization coefficient.

In addition, from Figure 3 and 5, it is expectedtttihe time for reaching supersaturation
and crystals formation decreases when the feedriisvincreases.

Finally, conductivity measurements carried out amples of solution taken out from

the distillate tank demonstrated that the infilomtof sodium chloride through the

membrane pores was negligible; therefore, polydemy membranes preserved the
crucial requisite of hydrophobicity, at least dgrithe operative time of these
experiments.

3.2 Epsomite Aqueous Solutions

Similar results have been achieved with aqueousgisal of epsomite (see Figures 6, 7,
8 and Table 2).
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Figure 6: Concentration vs time at different retentate flates for the lab tests of aqueous
solution of MgSQ 7H,0.

Table 2: Slope at different MCr feed flow rates

MCr feed flow rate [L/h] Slope (g Epsomite / 1061g0)/ min
100 0.21
150 0.21
170 0.227
200 0.228
250 0.250
12

2
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Figure 7: Trans-membrane flux vs concentration at diffenetentate flow rates for the lab
tests of aqueous solution of MgSTH,O.
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Figure 8: Trans-membrane flux vs time at different retentddev rates for the lab tests of
aqueous solution of MgSGH,0.

4. Crystallization tests: product characterization

During crystallization runs, suspension sampleseweéthdrawn from the retentate tank
every 30 minutes, particles filtered and examinelially in order to determine the
crystal size distribution (CSD). Knowledge of thelkition of particle size distribution
as function of time allows to evaluate quality, ffeeent of variation (CV) and growth
rate of the produced crystals and to test the {flyidamic effect on membrane
crystallization operation and, in particular, orystals shape, dimension and growth
rate.

4.1 Agueous solution of sodium chloride

The CSD of the total crystals contained in a knowlume of magma was measured by
a screen analysis performed via a video microscbpires 9-13 show the trend of
CSD, at different MCr feed flow rates, for the tesarried out with synthetic aqueous
solution of sodium chloride.
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Figure 9: Crystal Size Distribution (CSD) obtained for tlad ltest with NaCl aqueous solution
and retentate flow rate equal to 100 L/hr.
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Figure 10: Crystal Size Distribution (CSD) obtained for tlab test with NaCl aqueous solution
and retentate flow rate equal to 120 L/hr.
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Figure 11: Crystal Size Distribution (CSD) obtained for tlab test with NaCl aqueous solution

and retentate flow rate equal to 170 L/h.
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Figure 12: Crystal Size Distribution (CSD) obtained for tlab test with NaCl aqueous solution

and retentate flow rate equal to 200 L/h.
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Figure 13: Crystal Size Distribution (CSD) obtained for thb tast with NaCl aqueous solution
and retentate flow rate equal to 250 L/h.

The evolution of CDS shows that the initial peakhsf distributions moves towards the
larger dimensions as a consequence of the cryp@agh.

As well as middle diameter,ddetermined from the crystal distribution), thepérsion
of a distribution around the mean crystal sizelie®en characterized with the coefficient
of variation CV (se€hapter 4and Table 3).

Table 3: Evolution in function of time for the Coefficierdgf Variation (CV) and middle
diameter (d). Parameters determined from the experimentalblpinobd CSDs at six different
MCr feed flow rate.

100 L/h 120 L/h 150 L/h 170 L/h 200 L/h 250 L/h

Sample
. O Ccv dm Ccv dm Ccv dm Ccv dn CVv dm CVv

N° (time)
um] | [%] | [um] | [%] | [um] [ [%] | [um] | [%] | [um] | [%] | [um] | [%]
1(0.5h) | 14.57| 38.46 | 14.87| 48.42 | 11.94| 47.32| 9.85 | 48.13 | 10.11| 50.00 | 13.24 | 44.58
2(1.0h) | 13.41] 47.01| 19.31| 53.50| 10.42| 52.94| 11.09| 45.11| 11.00| 45.11| 11.05| 36.70
3(1.5h) | 20.24] 44.44| 26.06 | 51.47| 17.78| 52.22| 21.14| 58.76 | 19.71| 52.40| 19.88| 41.89

If the crystal is removed from a mixed-suspensiystallizer, widely employed in the
industrial crystallization, this coefficient of vation should have a value of
approximately 50% [1]. Low CVs are characteristi@aiarrow crystal size distribution
and, therefore, of a better product [5]. Moreovbkg values reported in Table 3 show
that the CV increases with time: the second amd amples are always characterized
by a higher CV than the first sample. This is du¢hi fact that between the first and
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third sample there is a lapse of 60 minutes, penodghich nucleation, crystallization
and growth are subjected to some changes:

1. at the beginning of the crystallization proces® ttucleation is primary and
heterogeneous due to the presence of the polymemcbrane;

2. then, in the following samples, there is both thendgh of the first crystals and
the formation of the new ones. Moreover, also #@rdary nucleation due to
contact between crystals and (a) other crystajgh@walls of the plant, and (c)
the pump impeller is present. For this reasonarhdest, the last samples show
a larger variety of crystals size.

The experimentally determined CVs agree with thosed in literature and varying in
the range 42.3 — 57.2 % [4]. In accordance witkrditure is also the experimentally
determined density of the crystal slurries (Table 4)

Table 4: Density of the crystal slurries (M).

Retentate flow rate [L/h M [kg/m’]

100 [4] 38
100 3.04
120 5.5
150 6.44
170 7.97
200 9.82
250 15.99

While the crystal size reflects the growth condisaather than the periodic structure of
the crystal lattice, the external appearance ofstal (its shape) depends on its internal
structure even if it can be influenced by the grayiconditions. A crystal may be
defined as a solid composed of atoms arranged iorderly, repetitive array. The
interatomic distances in a crystal of any defimtimaterial are constant and are
characteristic of that material. According to tix¢éeenal conditions, crystals can assume
different shapes as long as the angles betweerchamcteristic faces are always the
same (the invariance of the angles between chaistttecrystals faces is an universal
property of the solids) [6].

igure 14: Crystalline habit of NaCl (picture from optical miscope, magnification: X20).

Crystals obtained by membrane crystallization shibwee characteristic cubic block-
like form in accordance with the expected geomefryhe NacCl crystals (Figure 14).
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However, in each sample, a small fraction exmbitan elongated shape was present.
Therefore, the length/width ratio of each producsstal has been determined and the
achieved results (presented in the histograms @idirEs 15-20) showed that, in each
analyzed sample, the most part of particles hangtt/width ratio in the range 1.0 —
1.2, that is to have almost a cubic shape. Moredkiernumber of crystals exhibiting a
cubic block-like form increases when retentate flawe decreases. This is probably due
to the fact that high flow rates are expected sudb the molecular organization which
precedes the integration of molecules into the grgviace.
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Figure 15: Number of crystals [%] vs length/width ratio atedentate flow rate equal to 100
L/h.
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Figure 16: Number of crystals [%] vs length/width ratio ategentate flow rate equal to 120
L/h.
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Figure 17: Number of crystals [%] vs length/width ratio ategentate flow rate equal to 150
L/h.
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Figure 18: Number of crystals [%] vs length/width ratio ateientate flow rate equal to 170
L/h.
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Figure 19: Number of crystals [%] vs length/width ratio ategentate flow rate equal to 200
L/h.
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Figure 20: Number of crystals [%] vs length/width ratio atetentate flow rate equal to 250
L/h.

4.2 Epsomite aqueous solution

Figures 21-26 and Table 5 show CSDs and densitlgentitystal slurries (M) achieved

in the MCr experimental tests on aqueous solutm®lgSQ*7H,0. The results are
similar to those obtained with NaCl aqueous sohsio
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Figure 21: Crystal Size Distribution (CSD) obtained for thabltest with MgSgF7H,O

aqueous solution and retentate flow rate equaD@Lth.
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Figure 22: CSD obtained for the lab test with Mg8®@H,O aqueous solution and retentate

flow rate equal to 120 L/h.
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Figure 23: CSD obtained for the lab test with Mg@®H,O aqueous solution and retentate

flow rate equal to 150 L/h.
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Figure 24: CSD obtained for the lab test with Mg3®@H,0O aqueous solution and retentate

flow rate equal to 170 L/h.
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Figure 25: CSD obtained for the lab test with Mg@®@H,O aqueous solution and retentate

flow rate equal to 200 L/h.
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Figure 26: CSD obtained for the lab test with Mg@®H,O aqueous solution and retentate

flow rate equal to 250 L/h.
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Table 5: Density of the crystal slurries M.

Retentate flow rate [L/h M [kg/m7]
100 76.03
120 72.87
150 30.66
200 132.2

The obtained epsomite crystallizes in the orthorhiorsigstem (in accordance with the
expected geometry of MgQQOH,O crystals). Figures 27-29 show the epsomite dig/sta
produced in three different times: the crystalsaghois evident.

Figure 27: Crystalline habit of

MgSQ,-7H,O at retentate flow

rate equal to 200L/h and time
= equal to 143 min (picture from
~ optical microscope,

magnification: X10).

Figure 28: Crystalline habit
of MgSQ,-7H,O at retentate
flow rate equal to 200L/h and
time equal to 173 min
(picture from optical
microscope,  magnification:
X10).
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: Figure 29: Crystalline habit

of MgSQO,-7H,O at retentate
flow rate equal to 200L/h and
time equal to 203 min
(picture from optical
microscope, magnification:
X10).

The coefficients of variation and middle diameteds) (achieved in the carried out
crystallization tests are reported in Table 6.

Table 6: Evolution in function of time for the Coefficierdf Variation (CV) and middle
diameter (d). Parameters determined from the experimentaltginobd CSDs at five different
MCr feed flow rates.

100 L/h 150 L/h 170 L/h 200 L/h 250 L/h
O cv O cv O cv O cv O cv
um] | (%] | [um] | [%] ) [wm] | [%] | [um] | [%] | [um] | [%]

Sample N°

(time)

1 (0.5h) 35.07 | 49.19 | 45.95 [ 57.50 | 51.46 | 30.39 | 38.18 | 40.18 | 69.25 | 34.64

2 (1.0h) 45.06 | 33.60 | 82.30 | 44.23 | 79.05 | 32.47 | 62.64 | 42.81 | 67.24 | 33.73

3 (1.5h) 5456 | 47.83 | 88.52 | 27.46 | 79.26 | 36.00 | 73.55 | 48.73 | 78.30 | 33.99

The obtained low CVs are characteristic of a narwstal size distribution and,
therefore, of a qualitatively better product. Asscibed inChapter 1 this can be
attributed to the fact that a membrane crystalliagith respect to conventional
crystallizers, is characterized by an axial flux,laminar regime, of the crystallizing
solution through the membrane fibres. This is exgubtd reduce mechanical stress, to
improve the homogeneity of the crystallizing salatiand to promote an oriented
organization of the crystallizing molecules. Asangequence, crystals exhibiting good
structural properties, narrow size distribution do CVs are generally produced in
membrane crystallization devices.
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5. Crystallization kinetics: Nucleation and Growth

There are obviously two steps involved in the prapan of crystal matter from a
solution. The crystals must first form and then grdwe formation of a new solid
phase either on an inert particle in the solutioniro the solution itself is called
nucleation. The increase in size of this nucleus with a layetdygr addition of solute
is calledgrowth. Both nucleation and crystal growth have supersaturas a common
driving force.
The mechanism of crystal nucleation from solutioa baen studied by many scientists,
and recent work suggests that—in commercial criyssibn equipment, at least—the
nucleation rate is the sum of contributions by Kbmogeneous nucleation and (2)
nucleation due to contact between crystals aydther crystals,k) the walls of the
container, andd) the pump impeller. IB% is the net number of new crystals formed in a
unit volume of solution per unit of time,

B®=Bs+Be+ B  (3)
where B is the rate of nucleation due to crystal-impeltentacts, B is that due to
crystal-crystal contacts, andsBis the homogeneous nucleation rate due to the
supersaturation driving force. The mechanism ofldsenamed is not precisely known,
although it is obvious that molecules forming alaus not only have to coagulate,
resisting the tendency to redissolve, but also rhasbme oriented into a fixed lattice.
The number of molecules required to form a stabystal nucleus has been variously
estimated at from 80 to 100 (with ice), and thebpiwlity that a stable nucleus will
result from the simultaneous collision of that Emumber is extremely low unless the
supersaturation level is very high or the solutisrsupersaturated in the absence of
agitation. In commercial crystallization equipmentwhich supersaturation is low and
agitation is employed to keep the growing crystaispended, the predominant
mechanism is contact nucleation or, in extremes;asgéition.
In order to treat crystallization systems both dyially and continuously, a
mathematical model has been developed which caelate the nucleation rate to the
level of supersaturation and/or the growth ratecaBise the growth rate is more easily
determined and because nucleation is sharply reanlinn the regions normally
encountered in industrial crystallization, it h&sb common to assume

B°=krs'  (4)

where s, the supersaturation, is defined as (C); ©€sbeing the concentration of the
solute and Cs its saturation concentration; and d@Rponent i and dimensional
coefficient k are values characteristic of the mate
While Eq. (4) has been popular among those attegpbrrelations between nucleation
rate and supersaturation, recently it has becommemmer to use a derived relationship
between nucleation rate and growth rate by assuthaig

G=Ks (5
whence, in consideration of Eq. (4), _
B°=Kk'G  (6)

where the dimensional coefficientik characteristic of the material and the condgio
of crystallization and k= k/(k)'. Feeling that a model in which nucleation depesmuyg
on supersaturation or growth rate is simplisticalgficient, some have proposed that
contact nucleation rate is also a power functioslafry density and that

B°=k,G' M:!  (7)
where M [g/L] is the density of the crystal slurry.
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Although Egs. (6) and (7) have been adopted by naa@ng matter of convenience, they
are oversimplifications of the very complex relasbip that is suggested by Eq. (3);
Eq. (7) implicitly and quite arbitrarily combinesetleffects of homogeneous nucleation
and those due to contact nucleation. They shouldsbd only with caution.
In work pioneered by Clontz and McCabe [7] and sgobently extended by others,
contact nucleation rate was found to be proportitméhe input of energy of contact, as
well as being a function of contact area and sw@peration. This observation is
important to the scaling up of crystallizers: dideatory or bench scale, contact energy
level is relatively low and homogeneous nucleatian contribute significantly to the
total rate of nucleation; in commercial equipmen, the other hand, contact energy
input is intense and contact nucleation is the @m@dant mechanism. Scale-up
modelling of a crystallizer, therefore, must inauts mechanical characteristics as well
as the physicochemical driving force.
It is therefore clear that no analysis of a cryiziialg system can be truly meaningful
unless the simultaneous effects of nucleation rgtewth rate, heat balance, and
material balance are considered. The most comprefeetneatment of this subject is by
Randolph and Larson [8], who developed a mathematiwadel for continuous
crystallizers of the mixed-suspension or circulggimagma type [9] and subsequently
examined variations of this model that include mostthe aberrations found in
commercial equipment. Randolph and Larson showedwhan the total number of
crystals in a given volume of suspension from atefjizer is plotted as a function of
the characteristic length, the slope of the lineusefully identified as the crystal
population densityn:

n=jim 20 =T ()

aL-oAL dL

where N = total number of crystals up to size L peit volume of magma. The
population density thus defined is useful becatisbaracterizes the nucleation-growth
performance of a particular crystallization processrystallizer.
The data for a plot (In n) vs (crystal size L) aesily obtained from a screen analysis of
the total crystal content of a known volume (eaditer) of magma.
In industrial practice, a mean value of the popakatiensity for any fraction of interest
is determined directly aSN/AL, AN being the number of particles retained on a sieve
and AL being the difference between the mesh sizes efrétaining sieve and its
immediate predecessor. It is common to employ ties f (mnil)™ for n.

For a steady-state crystallizer receiving soligeffeed and containing a well-mixed
suspension of crystals experiencing negligible kaiga, a material-balance statement
degenerates to a particle balance (the Randolptehageneral-population balance); in
turn, it simplifies to:

dn . n _, (9)

d. Gt
if the deltaL law applies (i.e.G is independent df) and the retention time is assumed
to be invariant and calculated &as= V/Q. Integrated between the limits®, the
population density of nuclei (for which is assumed to be zero), andthat of any
chosen crystal size, Eq. (9) becomes:
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Ndn _ LdL

ne N - 0 Gt
A plot of In n versusL is a straight line whose intercept isnfh and whose slope is
—-1/Gt. Thus, from a given product sample of known slurensity and retention time it

is possible to obtain the nucleation rate and gnowate for the conditions tested if the
sample satisfies the assumptions of the derivatiehyields a straight line.

-L -
= Inn=Gt+Inn0 or n=n°‘ L/Gt (10)
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Figure 30: Population density of crystals resulting from Bigacbehavior.

If a straight line doesot result (Figure 30), at least part of the explamatioay be
violation of the deltd. law. The best current theory about what causesd@pendent
growth suggests what has been called growth digpeos “Bujacian behavior” [10]: in
the same environment different crystals of the saime can grow at different rates
owing to differences in dislocations or other soefeeffects. The graphs of “slow”
growers (Figure 30, curu&) and “fast” growers (curvB) sum to a resultant line (curve
C), concave upward.

In Table 7, a number of derived relations whichctdiég the nucleation rate, size
distribution, and average properties are summarized

Table 7: Common Equations for Population-Balance Calculation

Name Symbol Units Equation References
Retention time t h t=VIQ

Growth rate G mm/h G =dL/dt

Population density] n No. (crystals)/mm| n=dN/dL = n°%e ™~ 9
Nuclei population o o_ j~i-1

density n No. (crystals)/mm n° = KuM'G 11
Nucleation rate Bo No. (crystals)/h | By =Gr®=KyMG 12
Mass/unit volume M, = Kp6 n°(Gt)*

(slurry density) Mr g/l 9
Total number of _ (o

— Ny No./L Ny =, ndl 9
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5.1 Sodium Chloride Aqueous Solutions: Growth and Ncleation Rate

The procedure described in the previous paragraghbken applied to the carried out
crystallization runs in order to estimate the aisstgrowth rate G and the nucleation
rate B. The analysis has been made with data relativéhe@ocrystals dimensions
distributions at different times. The procedureuiegs laborious calculations because of
the number of samples needed.

In Figure 31 is shown the plot of In n versus tegth L for one of the carried out test
with NaCl agueous solution, at the conditions iatkd in Table 8.

Table 8: Operative conditions for the crystals sample whosgulation-density plot is shown in
Figure 31.

Retentate flow rate [L/h] 150
Permeate flow rate [L/h] 100
Temperature at the retentate entrance [°C] 35+1
Temperature at the permeate entrance [°C] 16+2
Time of withdrawal of the sample [min] 270
24
net2e
=
*x_ 20 <
£ X e
g 18 ’\
o
L. 16
e
c 14
12
10 : : : : :
0 0,01 0,02 0,03 0,04 0,05 0,0¢
Li [mm] y =-104,96x + 22,498
R2 = 0,944

Figure 31: Population-density plot for NaCl crystals produdadhe conditions indicated in
Table 8.

The linear regression, with a correlation coeffitief 0.944, gives for the growth rate G
a value of 0.0352@im/min and for In fi a value of 22.498. As a consequence, the
nucleation rate Bwill be:

Bo=G*n°=208147 no/L*min.
From several other samples taken from the crysgalliluring the same test, a plot of In
n° versus In G can be constructed in order to caledtse quantity (i-1) of the equation
nP°=KuyMIG'"' or B=KyMG':

i-1=-1.0333 or i=2.0333.
A plot of In r’ versus In M at corresponding G permits the deteation of the power j:

j=-0.3511.

The same procedure has been applied at all theéatsysamples withdrawn in each
crystallization test. The results are shown in &bl
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Table 9: Kinetic parameters for the NaCl crystallizatiostgeat the indicated conditions.

Retentate flow rate G B° ) .
[L/h] [mm/min] [no/L*min] | :
100 0.0000572 102174 2.73 1.54
120 0.0000449 225124 1.98 0.669
150 0.0000330 297250 2.03 -0.351
170 0.0000254 273762 2.72 -2.64
250 0.0000403 262770 2.04 -2.78

For what concerns the exponent j of the densitthefcrystal slurry M, the relatively
large scatter should be attributed to uncertairgssociated with the inherent difficulty
(often encountered in the crystallization literajulo measure and to estimate accurately
this variable. For what concerns the value of netakinetic order, almost the same
value has been obtained in the different tests.eldhaer, it is in agreement with those
usually reported in literature for some conventlargstallizers (about equal to 2) and
reported in Table 10 [1].

Table 10: Kinetic equations for NaCl crystallized [1].

Scale of the o Kinetic equation for
Sk Ranget [h] RangeMy [g/L] | Temp. [°C] By [0.J(L*S)]
Bench 0.2-1 25-200 50 B 1.92(160%S°MG*
Pilot 0.6 35-70 55 B=8*10'"'N"G°"M+

*Sg=rotation rate of the impeller [r/min].

Plotting growth rate G versus retentate flow rais possible to study the fluid-dynamic
effect on membrane crystallization operation (FeguB2). Crystal growth rate is
generally recognised as a layer-by-layer procedssince growth can occur only at the
face of the crystal, material must be transporedhtit face from the bulk of the
solution. Diffusional resistance to the movementmaflecules (or ions) to the growing
crystal face, as well as the resistance to integradf those molecules into the face,
must be considered. In the first case, G increastds the feed flow rate due to the
improvement of the transport coefficients; in tleeend case, G decreases when feed
flow rate increases because a high flow rate disttine molecular organization which
precedes the integration into crystal lattice.

As discussed earlier, different faces can haveifit rates of growth, and these can be
selectively altered by the addition or eliminatmfimpurities.
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Figure 32: Growth rate vs retentate flow rate.

According to the experimental results (Figure 32jtil a feed flow rate equal to about
150L/h crystal growth rate is limited by the intaggon of molecules into crystal lattice;
then, for higher feed flow rate, the evidence ahidution of nucleation allows to

justify the growth acceleration with the hypothesiat low salt concentrations in the
boundary layer close to the solid/liquid interfagéich is the case of a mass-diffusion
control based mechanism, might promote the moleauiganization which precedes
the integration into crystal lattice, which in tugives rise to an increase of crystal
growth rate.

5.2 Epsomite Aqueous Solutions: Growth and Nucleain Rate

Table 11 shows some of the kinetic parameters weetien the MgS®7HO
crystallization runs. The reached results are amib the ones obtained with NaCl
aqueous solutions.
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Table 11: Kinetic parameters for the MgQ@H,O crystallization tests at the indicated
conditions.

Feed flow rate G B° _
[L/h] [mm/min] [no/L*min] | J
100 0.0002041 156359 2.32 -0.242
150 0.0004872 199410 2.59 -0.126
170 0.0003085 118426 2.70 -0.223

For what concerns the exponents i and j, almossdmee values have been obtained in
the different tests. They can be checked againseptaw equations reported in Table

12 for conventional crystallizer configurations.eTtliscordance is evidently due to the
differences in the hydraulic characteristics of thgstallizers and due to the presence of
a membrane in the MCr that improves the nuclegiiocess.

Table 12:Kinetic equations for MgS©7H,O crystallized [1].

Scale of the o Kinetic equation for
plant Ranget [h] RangeM+ [g/L] | Temp. [°C] Bo [N0./(L*S)]
Bench / / 25 B=9.65(16)M;>°'G >**
Bench / Low 29 *B=f (N, L, N** §9

*S=supersaturation coefficient.

6. Conclusions

In this chapter membrane crystallizer has been @yepl to produce sodium chloride
and epsomite crystals from aqueous solutions cfetisalts. The interest for NaCl and
for MgSQ,7H,O crystallization is due to the fact that they areolved in sea and
brackish water desalination processes.

The experimental tests have allowed to test flyidashic effect on membrane
crystallization operation and, in particular, oand of solvent transmembrane flux and
crystals growth rate. Crystals distribution hasrbebkaracterized by the coefficient of
variation (CV) and middle diameter,d Moreover, the distribution of crystal
dimensions, nucleation and growth rate have bastiext as a function of the retention
time and slurry density. The kinetic parametersestigated by using a mathematical
model for continuous crystallizers of the mixedssrssion or circulating-magma type,
have been joined in a power law relation descrillirggnucleation rate of the salts as a
function of the growth rate and magma density.

The achieved results show that transmembrane floseases with retentate flow rate.
Therefore, the time for reaching supersaturatiath @gstals formation decreases when
the feed flow rate is risen. The obtained CVs,antipular for epsomite, are lower than
those from conventional equipments and are thezetbaracteristic of narrow crystal

150



size distributions and of qualitatively better puwots. For what concerns the achieved
kinetic parameters, they are in substantial agreemih those reported in literature for
conventional crystallizers. Of course, also somalkdiscordances are present because
of the differences in the hydraulic characterist€she compared crystallizers and due
to the presence, in the MCr, of a membrane thatougs the nucleation process.

In conclusion, the results obtained in the cared experimental tests confirm the
interesting potentialities of the membrane crysatlon strategy in redesigning
traditional crystallizers.
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CHAPTER 6: Crystallization of RO and NF retentate
streams. Experimental Study
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1. Introduction

As described irChapter 1,salty water represents 97% of the planet’s avislaater
resources so that, currently, the global installesalination capacity is 52 million®fd.
Moreover, marine water is also a practically uniedi reserve of chemical resources
and it is the most abundant aqueous ionic solutionthe earth: about 3% of its
composition is represented by dissolved salts, witite than 70 elements present, but
only seven of which (Cl, Na, SOMg, Ca, K, HCQ) make up more than 99% of all the
dissolved salts.

The first experimental work for an intensive exftion of seawater was carried out by
Nelson and Thompson in the Fifties and in the 8#jilL]. Their aim was to achieve the
recovery both of the fresh water and of the dissblcomponents by freezing. In
freezing, the dissolved salts are naturally exaludering ice crystals formation. Then,
fresh water can be obtained when the produced dcmelted. According to their
investigations, ice is the first solid phase pr#atpng at temperature of -1.9°C,
followed by mirabilite (NaSOy-10H0) at —8.2 °C, hydrohalite (NaCl-28) at —22.9
°C, sylvite (KCI) and MgCI-12kD at —36 °C, antarcticite (CabH,O) at -54 °C; in
alternative pathways, gypsum (CasZH,0) precipitation also occurs around —-22 °C.
In theory, freezing has some advantages with réspecthe other desalination
technologies such as: minor corrosion, precipitatéond incrustation problems. Its
disadvantage is correlated to the difficulty to diarice, mechanically hard to move and
process. As a result, this desalination and extnactechnology never passed the
experimental stage.

Completely different is the situation when evapesand/or membrane operations are
utilized for the recovery of fresh water and shibsn seawater.

The aim of the work presented in this chapter iteth experimentally the performance
of the membrane crystallizer for potable water patbn and crystals recovery from
NF and RO retentate streams of an integrated membidesalination process
constituted by MF/NF/RO (the systems indicated &l land FS5 in the previous
chapters).

The experimental tests have allowed:

v' to compare experimental results with theoreticaéspnin terms of recovery
factor of the system, type and amount of producgstals,

v’ to check the crystallization conditions in whicleté are no crystals deposition
inside the membrane module and on the membranacsyrf

v' to test temperature and fluid-dynamic effect on foeme crystallization
operation,

v’ to verify that the Erystals recovery systéns able to remove the produced salts
and, in particular, to avoid their deposition iresithe membrane module and in
the retentate line.

In a few words, the goal is to show that MCr allotes reduce the volume of
concentrates discharged from the desalination playincreasing plant recovery factor,
reducing the environmental impact of dischargedhdsion the marine habitat and
recovering the dissolved salts.
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2. Test on RO retentate stream

Table 1 reports th&RO retentatecomposition of the membrane based desalination
system constituted by MF/NF/RO (stream N°12 of F&3hapter 2. The possible salts
that can be formed from its crystallization areisodsulphate, magnesium sulphate and
sodium chloride.

Table 1: RO retentate.

lon [mole/L]
cr 1.52
Na 1.17
SO 0.00910
Mg** 0.0189
ca’ 0.00390
HCO; 0.00290

For what concerns CaSQn order to avoid its precipitation (which carusa scaling
and limits the recovery of magnesium sulphatef*@Gans have been precipitated as
CaCQ through reactive precipitation with anhydrous sodicarbonate. According to
previous experimental results [2], XHD; was added in appropriate parts (1:1 molar of
C&*/CO; ?” ratio) in order to promote 95% precipitation of “Caons. After this
precipitation step, the stream to be crystallizedcharacterized by the composition
reported in Table 2.

Table 2 RO retentate composition after the precipitatbCa” ions.

lon [mole/L]
cr 1.52
Na' 1.18
o 0.00906
Mg?* 0.0189
ca”’ 0.000194
HCO; 0.00289
CO” 0.000194

For what concerns magnesium sulphate,”S&hd Md* concentrations are too low to
promote the formation of the corresponding salt.aAsonsequence, the only salt that
can be formed from the crystallization of the stmeaith the composition reported in
Table 2 is sodium chloride, compound characterizg@ positiveenthalpy change of
solution. Therefore, as stated @hapter 2 a heating of the MCr feed guarantees that
the temperature of the solution flowing along themmbrane is high enough to be
always under saturation condition, thus avoidingstas deposition inside the
membrane module. According to the procedure destrib Chapter 2 a temperature
equal to 35x1 °C has been chosen for the MCr feed.
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A preliminary set of experimental tests has beenedhout, at the operative conditions
indicated in Table 3, in order to check the natfr¢he obtained salts and to confirm
that the chosen MCr feed temperature is suffidiervoid the crystals accumulation on
the membrane surface and inside the membrane module

Table 3: Operative conditions for the preliminary set of esimental tests.

Feed flow rate [L/h] 100-250
Permeate flow rate [L/h] 100
Temperature at the retentate entrance [°C] 3541
Temperature at the permeate entrance [°C] 164p

In Figure 1 is reported the trend of magnesium sty concentration vs time at
different feed flow rates.
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Figure 1: Magnesium sulphate concentration vs time at differfeed flow rates for the lab tests of
aqueous solution of NaCl.

The crystallization tank work at 25°C and atmosphpressure. At this temperature, the
solubility of magnesium sulphate in water is 2518§g HO [3], much higher of
MgSOy concentration in the carried out tests. As foresealy NaCl can be produced
from the RO retentate crystallization.

The following step has been to check that heatmegMCr feed until 35£1°C ensures
that the solution, flowing along the membrane medig under saturation condition.
For reaching this aim, the procedure describe@hapter 2 - Section 4ias been used.
During the carried out tests, the temperatures rebdeat the module entrance for
retentate and permeate side were constant and dquaé5+1°C and 16+2°C
respectively. At these temperatures, the physicgdqrties of the streams together with
the structural parameters of the membrane modelkeT@ble 1 — Chapter 4 allow to
estimate the transport coefficients:
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Ko B+Knll=e)_geg

v from Ky = 0.0203 W/m-K and K= 0.22 W/m-K,h,, =

W/m?K;
v' the boundary layer heat transfer coefficientarid i have been estimated from
the following empirical correlations for laminagliid flow:

0,33 014
Nu :1.86E€ReDDrB(Lh] [EL] .
| Hw

From pi2o = 1.16 cp, Ko = 0.609 W/m-K, g= 4.184 kJ/kg-K and permeate
flow rate constant and equal to 100L/hy=429.6 W/M-K;
v from psaie= 3.288 cp, Kae= 7.1 W/m-K, ¢ sae= 0.837 kJ/kg-K,
HH20= 0.79 cp, Ki20= 0.628 W/mK, FH20= 4.184 kJ/kgK,
h: changes with retentate flow rate:
he = 402.7 W/n-K for the test in which G=retentate flow rate= 10b
he = 427.6 W/mM-K for G = 120 L/h
h = 506.1 W/m-K for G = 200 LI/h
h = 544.8 W/M-K for G = 250 L/h.

N[AH

— =V )

Ttm _Tpm

where AHy = heat of vaporization =9729 cal/mol. With knowded of

experimentally measured molar flux N, énd the difference ¢l - Tom) can be
estimated by iteration using also the following &pns (2) and (3):

v hV:

h
Tmf:Tf_(Tf_Tp) 1 ]/fl 1 (2)
i il
hm+hy, he hy

h
Top =Ty + (1 -T) —— 2| @)

hm+h, he hy

v" When Ty and T are known, the total heat Q transferred acrossn@brane
can be estimated:

Q=U-AT (4)
where U represents the overall heat transfer aoeffii of the process.
As stated irChapter 2 the following amount of heat Q’ has to be supptethe
MCr feed before going in the membrane module:

n
Q'=Glep |:ﬂTin _Tcrist) = 2mj [AHg, i +tUIA AT (5)
i=1
where the variables have been already defin&eution 4.1 — Chapter. 2
The temperature of the membrane crystallizer fegg) {s obtained from the

equation (5).

Figure 2 shows the trend of the obtaingdar different retentate flow rate in the case in
which the produced crystals are not removed froenlé plant through the “crystals
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recovery system”: as foreseen, if the crystalsrateremoved from the crystallization
tank, the temperature of the MCr feed has to beeased with time due to the increase

n
of the term ) m; [AHq,;. Moreover, when the flow rate increases, the parts
i=1
coefficients rise, polarization effects decrease lawer T, can be expected (at constant
temperature at the permeate side). However, alsthéaf crystals remain in the
crystallization plant for a time interval equal@® minutes (time essential to study the
crystals growth rate),;J ranges from 28°C to 30°C, lower than the reallijzatd value
(35£1°C).
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Figure 2: Temperature of the membrane crystallizer fegg) (Ersus time at different retentate flow rate.

Moreover, the conductivity measurements carriedasusamples of solution taken out
from the permeate tank demonstrated that the sdilisation through the membrane
pores was negligible; therefore, poly-propylene roemes preserved the crucial
requisite of hydrophobicity thus ensuring the puct the produced distillate stream.

2.1 Concentration tests: trans-membrane flux meas@ments

After the preliminary study, different tests haveeh carried out in order to test the
performance of the membrane crystallizer for thecemtration and the crystallization
of RO retentate.

The experimental tests have been carried out asdhee operative conditions of the
crystallization experiments with aqueous solutidrooly one salt (se€hapter 5 in
order to compare the achieved results.

Figure 3 shows the trend of sodium chloride conegioin vs time at different retentate
flow rates.
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Figure 3: Concentration vs time at different retentate flates.

From an initial value of approximately 36.8 g NaCl00 g HO, an increase of the
solution salinity with time due to solvent recovesy observed. The concentration
increase is quite linearly, with increasing sleypth feed flow rate (Table 4).

Table 4 Slope at the different MCr feed flow rate.

Feed flow rate Slope
[L/h] (g NaCl / 100 g HO)/ min
100 0.0301
120 0.0332
200 0.0369
250 0.0415

The achieved results are similar to the ones obthby the crystallization of aqueous
solution of only one salGhapter 5) trans-membrane flux increases with flow rate (due
to the highest transport coefficients — Figure 4jilevit decreases very slowly with
concentration (because the temperature of feedtanthermal difference between the
two streams are high enough to contain the decréasdriving force due to
concentration rise - Figure 5).

For what concerns the trend of the trans-membrane Viith time (Figure 4), it is
approximately constant: this is the confirmatioattho crystals deposition occurs inside
the membrane module.
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Figure 4: Trans-membrane flux vs time at different retentiae rates.
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Figure 5: Trans-membrane flux vs concentration at differetemtate flow rates.
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Moreover, the trans-membrane fluxes obtained a@tab2-79% lower than those
achieved during the concentration tests of aqusolugion of a single salt (NaCl).

2.2 Crystallization tests: product characterization

Figures 6 - 9 show the crystal size distributio@SD) for the carried out tests at
different MCr feed flow rates. Knowledge of the Bimn of particle size distribution

as function of time allows to evaluate middle ditenecoefficient of variation (CV)

and growth rate of the produced crystals, and & tee fluid-dynamic effect on

membrane crystallization operation.
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Figure 6: CDS for retentate flow rate equal to 100 L/h.
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Figure 7: CDS for retentate flow rate equal to 120 L/h.
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Figure 8: CDS for retentate flow rate equal to 200 L/h.
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Figure 9: CDS for retentate flow rate equal to 250 L/h.

The evolution of CDS shows that the initial peakhas distributions moves towards the
larger dimensions as a consequence of the crygtalgth. Moreover, the influence of
feed flow rate appears evident in the time for hé@g supersaturation and crystals
formation: it decreases when retentate flow rateeiases due to the increase of trans-
membrane flux, going down from 170 min when thedflew rate is equal to 100 L/h,
to 140 min when the feed flow rate is equal to RBO

The dispersion of the distributions around the megstal size has been characterized
with the coefficient of variation CV. Table 5 repothe coefficients of variation (CV)
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and the middle diametersy{d as obtained in the carried out RO retentatetaliization
tests. Table 6 shows the experimentally determategtbity of the crystal slurries.

Table 5: Evolution in function of time for the Coefficienf Variation (CV) and middle diameter (d
parameters determined from the experimentally abthCSDs at five different MCr feed flow rate.

100 L/h 120 L/h 150 L/h 200 L/h 250 L/h
time dm Ccv time dm CVv time dm CcVv time dm CVv time dm CcVv
[min]  [um] ~ [%] | [min] [um] [%] | [min] [um]  [%] | [min] | [um] | [%] | [min] [um]  [%]
170 37.8 45.97| 160 255 584 151 28.7 66.7 154 27.7| 55.2 140 36.0 49.2
200 51.1 45.98| 190 447 57.1 182 44.0 50.7 184 35.3| 58.3 170 42.8 50.0
230 78.9 52.6 220 64.7 42.6 211 56.3 36.8 214 65.1| 49.1 200 64.8 42.3

Table 6: Density of the crystal slurries M.

Feed flow rate [L/h] M [kg/m’]
100 3.93
120 10.81
150 15.7
200 17.5
250 18.2

Table 7 reports the experimentally achieved regovactor of the MCr lab plant and
the recovery factor of the MCr in the analysed IEBB desalination system constituted
by MF/NF/RO and MCr on RO brine), the latter ob&minthrough the computer
simulation when FS5 and the lab plant produce thmes amount of salts. The
comparison of the calculated with the experimentdétermined MCr recovery factor
shows a good agreement, with error less than 2%.

Table 7: MCr recovery factors.

Feed flow rate

Experimentally determined

MCr recovery factor in FS5 from

Error [%]

[L/h] MCr recovery factor [%] the computer simulation [%]

100 78.47 81.19 1.70
120 78.61 81.60 1.87
150 79.41 81.85 151
200 79.00 81.97 1.84
250 79.04 82.01 1.84

The obtained NaCl crystals, examined visually vdth optic microscope, showed the
characteristic cubic block-like form in accordangih the expected geometry of the
NaCl crystals. Their cubic shape has been alsoircoed by the length/width ratio

distributions (reported in the histograms of Figui®-13).
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Figure 10: Number of crystals [%] vs length/width ratio atedentate flow rate equal to 100 L/h.
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Figure 11: Number of crystals [%] vs length/width ratio atedentate flow rate equal to 120 L/h.
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Figure 12: Number of crystals [%] vs length/width ratio atedentate flow rate equal to 200 L/h.
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Figure 13: Number of crystals [%] vs length/width ratio atsdentate flow rate equal to 250 L/h.

The percentage of crystals exhibiting an elongatepe (in particular when feed flow
rate decreases) is slightly higher with respethéocrystallization of solutions with only
NaCl (seeChapter 5) This is probable due to the presence, in thetaltition of RO
brine, of the other components (such a$1§Q7, etc.) which might act as impurities.
This phenomenon can be easily explained. Geomiyrecarystal is a solid bounded by
planes. The shape and size of such a solid ar¢idascof the interfacial angles and of
the linear dimension of the faces. As the resuthefconstancy of its interfacial angles,
each face of a growing or dissolving crystal, anatves away from or toward the center
of the crystal, is always parallel to its origin@dsition. This concept is known as the
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“principle of the parallel displacement of faceBfom the industrial point of view, the
term crystal habitor crystal morphologyefers to the relative sizes of the faces of a
crystal. The crystal habit is determined by therinal structure and external influences
on the crystal such as the growth rate, solvend,used impurities present during the
crystallization growth period. The crystal habitaasfmmercial products is of very great
importance. Long, needle like crystals tend to asilg broken during centrifugation
and drying. Flat, plate like crystals are very idifft to wash during filtration or
centrifugation and result in relatively low filtrah rates. Complex or twinned crystals
tend to be more easily broken in transport thamkiucompact crystal habits. Rounded
or spherical crystals (caused generally by attriioring growth and handling) tend to
give considerably less difficulty with caking thda cubical or other compact shapes.
Internal structure can be different in crystals #w@ chemically identical, even though
they may be formed at different temperatures ana fadifferent appearance. This is
called polymorphismand can be determined only by X-ray diffractionr Bloe same
internal structure, very small amounts of foreigrbstances will often completely
change the crystal habit. For example, the sekeadsorption of dyes by different faces
of a crystal or the change from an alkaline to eidia environment will often produce
pronounced changes in the crystal habit. The poeseh other soluble anions and
cations often has a similar influence. For the samason the presence of MgSQ?,
etc. in the crystallizing solutions can have infloaed the shape of the produced NacCl
crystals.

In addition, there is another aspect to be consaldf a crystal is produced in a region
of the phase diagram where a single-crystal cortipasprecipitates, the crystal itself
will normally be pure provided that it is grown @dlatively low rates and constant
conditions. With many products these purities apphoa value of about 99.5 to 99.8
percent. The difference between this and a pufity0® percent is generally the result
of small pockets of mother liquor called occlusitrapped within the crystal. Although
frequently large enough to be seen with an ordingigroscope, these occlusions can be
submicroscopic and represent dislocations withendtnucture of the crystal. They can
be caused by either attrition or breakage durirgggiowth process or by slip planes
within the crystal structure caused by interfereneveen screw-type dislocations and
the remainder of the crystal faces. To increasetigy of the crystal beyond the point
where such occlusions are normally expected (abduto 0.5 percent by volume), it is
generally necessary to reduce the impurities imtbéher liquor itself to an acceptably
low level so that the mother liquor contained witihese occlusions will not contain
sufficient impurities to cause an impure produdbécformed.

Figures 14 - 16 show the NaCl crystals producethige different times: the crystals
growth is evident.
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Figure 14: Crystalline habit of NaCl at

retentate flow rate equal to 120L/h and time
equal to 160 min  (picture from optical
microscope, magnification: X20).

Figure 15: Crystalline habit of NaCl at

retentate flow rate equal to 120L/h and time
equal to 190 min  (picture from optical
microscope, magnification: X20).

Figure 16: Crystalline habit of NaCl at
retentate flow rate equal to 120L/h and ti
equal to 220 min  (picture from optica
microscope, magnification: X20).
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2.3 Crystallization kinetics: nucleation and growth

The procedure described in tBhapter 5 — Section Bas been applied to the carried out
crystallization runs in order to estimate the aisstgrowth rate G and the nucleation
rate B.

In Figure 17 is shown the plot of In n versus tegth L for one of the carried out test
with RO brine solution, at the conditions indicated able 8.

Table 8: Operative conditions for the crystals sample whaseulation-density plot is shown in Figure
17.

Retentate flow rate [L/h] 200
Permeate flow rate [L/h] 100
Temperature at the retentate entrance [°C] 35it1
Temperature at the permeate entrance [°C] 1642
Time of withdrawal of the sample [min] 184

25

24 -

23

21 4
20 ]
19 1
17 1

16

15

14

—

In n [no/mm*L]
-
(o]

0 0,02 0,04 0,06 0,08 0,1 0,14
Li [mm] y =-70,867x + 21,167
R2 =0,9859

Figure 17: Population-density plot for NaCl crystals produgethe conditions indicated in Table 8.

The linear regression, with a correlation coeffitief 0.9859, gives for the growth rate
G a value of 0.0766@m/min and for In i a value of 21.167. As a consequence, the
nucleation rate Bwill be:

Bo=G*n°= 119522 no/L*min.
From several other samples taken from the crysgalliluring the same test, a plot of In
n° versus In G can be constructed in order to caledtse quantity (i-1) of the equation
nP°=KuyMIG'"* o B=KuyMG

i-1=-1.8698 or i=2.8698.
A plot of In r’ versus In M at corresponding G permits the deteation of the power j:

j=-1.1317.

The same procedure has been applied at all theatsysamples withdrawn in each
crystallization test. The results are shown in €&hl
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Table 9: Kinetic parameters for the NaCl crystallizatiostteat the indicated conditions.

Retentate flow G B° ) )
rate [L/h] [mm/min] [no/L*min] ! :
100 0.0001294 87.831 2.69 1.98
120 0.0001063 127,590 3.40 -2.92
150 0.0001017 115,511 4,54 -0.876
250 0.0001349 103,031 3.81 -0.951

For what concerns the exponent j of the densityefcrystal slurry M, as in the case of
the crystallization from aqueous solutions withyoNacCl, the relatively large scatter
should be attributed to uncertainties associatet thie inherent difficulty to measure
and to estimate accurately this variable.

Plotting growth rate G versus retentate flow raie possible to study the fluid-dynamic
effect on membrane crystallization operation (FegL8).

0,1600
_ 0,1400+
0,1200+
0,1000+

0,0800+

growth rate m/min

0,0600+

0,0400 T T T T T
0 50 100 150 200 250 30(

retentate flow rate [L/h]

Figure 18: Growth rate vs retentate flow rate.

The obtained trend of the crystal growth rate vemsientate flow rate (Figure 18) and
the evidence of diminution of nucleation for higkedl flow rate allow to justify the
growth acceleration after the minimum with the hyyesis that low salt concentrations
in the boundary layer close to the solid/liquidenfidce, which is the case of a mass-
diffusion control based mechanism, might promote iiolecular organization which
precedes the integration into crystal lattice, Whiic turn gives rise to an increase of
crystal growth rate. The same trend has been éisoned through the crystallization of
aqueous solution of NaCl pure.

Moreover, as reported in Figure 18, the experinbntetermined crystal growth rate
varies between 0.11 and 0.13%/min. It can be compared to the results obtaindtie
crystallization of NaCl pure in the same operateaditions Chapter 5, showing that

G values vary between 0.025 and 0.p87min. The higher values obtained in tests on
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RO brine can be explained by considering that keneates and thermodynamic

solubility equilibrium, as well as shape and puwtycrystals, strongly depend on the
presence of different components in the crystalljzi solutions, degree of

supersaturation, temperature and hydrodynamic tondi In fact, [3] reports that NaCl

growth rate and hardness increase in presencehef ealts (range of concentration 0-
100 ppm).

3. Test on NF retentate stream

The built lab plant has been also used in ordecheck, experimentally, the MCr
performance for desalted water production and alystcovery from &F retentate
stream of an integrated membrane desalination psomenstituted by MF/NF/RO.

In Table 10 the composition of the employed symthetawater is reported. With
respect to the seawater until now utilized, alsme@ther components {KCO;** and
Br’), present in small amount, have been considered.

In Table 11, the rejection values and recovery oiaaif the different units are
summarized. Tables 12 shows the composition of NFRO retentate.

Table 10. Seawater composition. Table 11. Rejection values and recovery factor of
lon Concentration [g/L] NF/RO.
cr 19.00 NF [%] | RO [%]
Na 10.50 Recovery factor 75.3 69.06
SO* 2.700 lon Rejection values
Mg?* 1.350 cr 26.7 99.6
ce" 0.4000 Na" 26.7 99.6
HCO; 0.1420 so? 93.3 99.6
K . 0.3800 Mg 87 7 99.6
CGOs 0.0035 +
Br 0.0650 ce 80.7 99.6
Total 34.54 HCO; 63.3 99.6
Flow rate [kg/h] 1.048 E+06 K 5. 26.7 99.6
P [MPa] 010 CO; 63.3 99.6
T [K] 208.2 Br 10 99.6

Table 12.NF and RO retentate composition.

Stream RO retentate| NF retentate
lon Composition [g/L]
Cr 44.89 34.47
Na’ 24.81 19.05

Slo%s 0.5831 10.38
Mg?* 0.5352 4.959
ca* 0.2488 1.384
HCO; 0.1680 0.4160
K* 0.8978 0.6893
COZ 0.0041 0.0103
Br 0.1886 0.0848
Total 72.32 71.44
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In order to avoid CaS{precipitation, also in this case Caons have been precipitated
as CaCQ@through reactive precipitation with anhydrous sodicarbonate and, in order
to promote 98% precipitation, Na0; was added in 1:1.05 molar ratio ofX3€0;%".

SEM analyses carried out on the achieved solid ymtsdshow the presence of Mg in
the precipitated CaCfOTherefore, the Mg content in the precipitatinguson slightly
decreases because of its incorporation into catb@iase.

Several studies agree with the generalization tMaf* in CaCQ is critically
determined by the [Md]/[Ca®'] ratio [4 — 6]. The concentrations of €and Md" in

NF retentate, first and after the precipitationpsteave been measured with Optima
2100 DV Optical Emission Spectrometer supplied bykPAEImer precisely. Under the
investigated experimental conditions, the f\fCa’"] ratio in the NF retentate is 5.91
and the mole percent of Mgincorporated in the precipitated particles vabetiveen 4
and 12 mol% of the Mg concentration in NF retentate; for artificial seder (35
salinity) at 25 °C, with [M§7/[Ca*"] ranging from 1 to 20, Mucci and Morse [7] have
found that carbonate precipitates contain 3—20 nufl%dgCQCs.

After this precipitation step, the so-treated Nkérs sent to the MCr where different
tests have been carried out changing the temperatnd the flow rate (from 100 to 250
L/h) of the MCr feed. The permeate flow rate andgerature have been kept constant
and equal to 100 L/h and 16%2°C, respectively. Muves, the system for crystals
recovery described i@hapter 4was started up.

3.1 Concentration tests: trans-membrane flux meas@ments

Figure 19 shows the trend of trans-membrane fluk tiine obtained during lab tests at
two different retentate flow rates and constantgerature. In both cases, apart an initial
transitory stage, trans-membrane flux has showmsti constant trend. The constant
trend is characteristic of a good operation becausans that there is no crystals
deposition inside the membrane module. This is lez#he temperature of feed and the
thermal difference between the two streams are @igiugh to contain the decrease in
driving force due to concentration rise.

With respect to the previous tests, in the cad¢robrine the experiments have not been
stopped after 60 minutes from crystals formatiométessential to study the growth rate
of the produced particles), but it has been dectdecbntinue the runs to the point of
exhaustion of the crystallizing solutions. The das been to evaluate the maximum
amount of salts that can be recovered from thetaiigmtion of NF brine. Therefore, in
these tests, 60 minutes after crystals formatiom, trystals recovery system” has been
started up in order to avoid crystals accumulatiide the membrane module. The
almost costant trend of the obtained trans-membilarehas also proved that this tool
has allowed to separate the produced salts fronerystallizing solution: the crystals
are kept on a paper filter while the remaining 8otuis re-send to the crystallization
tank in order to be further concentrated.
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Figure 19: Trans-membrane flux vs time at different retenttidev rates and constant temperature
(Tretentate=34%1°C).

Figure 20 shows that trans-membrane flux increasils the temperature of the

retentate. This trend is characteristic of a tenapee driven membrane operation (as
membrane crystallization) in which the driven fogrews when the temperature of the
feed and/or the trans-membrane temperature diiterecrease.
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Figure 20: Trans-membrane flux vs time at different retentstmperature and constant flow rate

(retent

ate flow rate=250 L/h).

Moreover, the influence of retentate flow rate @aechperature appears evident in the
time for reaching supersaturation and crystals &ion: it decreases when these
parameters increase (Table 13).

Table 13 Time for reaching crystals formation.

Flow rate [L/h] and Time for reaching Flow rate [L/h] and Time for reaching
temperature [°C] of thg  crystals formation temperature [°C] of thg  crystals formation
retentate [min] retentate [min]

120 L/h and 34+1°C 230 120 L/h and 39+1°C 150
200 L/h and 34+1°C 190 200 L/h and 39+1°C 140
250 L/h and 34+1°C 160 250 L/h and 39+1°C 100

o
»
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For what concerns the type of produced crystalsy thave been analyzed by SEM
(Scanning Electronic Microscopy), EDX (Energy Dispee X-ray), low temperature
DSC (Differential Scanning Calorimeters) and FT (Rourier Transform Infrared
Spectroscopy) method:

1) the low temperature DSC measures on the achieysthls (maximum temperature
250°C) clearly showed that no Mg€8H,0O was formed during the MCr tests of NF
retentate;

2) the EDX (recorded using a Philips EDAX AnalySgstem) and FT IR analysis
clearly showed the presence of NaCl and epsomiteeiproduced salts (Figures 21 and
22).

GAEDSWSR-2008\CNRAIberto\Silvial08-02\Francesca_cubo.spc

Label A: Francesca_cubo

Cl

0.60 1.20 1.30 2.40 3.00 3.60 4.20 4.80 540 6.00

Figure 21: EDX spectrum of produced NaCl crystals.
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Figure 22: FT IR spectrum of some of the achieved epsomitstaly.

The Fourier transform infrared spectrum was reabrdsing a PERKIN ELMER —
SPECTRUM ONE MODEL FTIR spectrometer in the randge4600 — 450 cm-1
employing pellet technique. The FT IR spectrum oime of the achieved crystals
completely agrees with the spectrum of epsomitedoin literature. In fact, the broad
envelope around 3400cm-1 indicates the preseneatdr (this envelope is due to the
water involvement into the hydrogen bonding, thaewatretching vibrations of free
water). The asymmetric stretch of water (the wheardings) is observed at 1640cm-1.
The out-of-phase-SO4 stretch appears at aroundcthi-20 The weak sharp band at
963cm-1 belongs to in-phase-SO4 stretch and pourtshat the oxygens of the anion
are not in symmetrical equivalent environments. TBoading mode of sulphate is
positioned at around 620cm-1.

3.2 Crystallization tests: product characterization

The product characterization has been performeglfonithe produced sodium chloride
crystals.

The CSD of the total crystals contained in a knewlume of magma was measured by
screen analysis performed via the video microscope.

Experimental data relative to the cumulative fraicéil distribution of averaged slurry
samples as a function of the particle size are showFigure 23 at three different
operative conditions (details are reported in thbl& 14).
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Figure 23: Cumulative distribution of crystals per unit of uole versus particle size at operative
conditions indicated in Table 14.

Table 14: Operative conditiongor the crystals samples whose cumulative distidimst are shown in

Figure 23.

Retentate flow rate = 150 L/h

Retentate temperature = 39+1°C

Permeate flow rate = 100 L/h

Permeate temperature = 16+2°C

time [min] M [g/L]

Sample 1 130 4.6
Sample 2 160 5
Sample 3 190 10.1

Some experimental evaluations of the coefficienvariation (CV) and of the middle
diameter (@) as obtained in the carried out NF retentate alyzation tests are
reported in Table 15.

Table 15: Evolution in function of time of the Coefficienf ¥ariation (CV) and middle diameter {§
parameters determined from the experimentally obthiCSDs at three different MCr feed flow rate
(Tfeed, retentgte_sidTesg"—'loC: -Eeed, permeate sid‘_e]-Bizoc)-

120 L/h 150 L/h 250 L/h
time dm time dm time dm
. CV [%] _ CV [%] _ CV [%]
[min] [um] [min] [um] [min] [um]
150 25.31 34.38 130 29.55 43.52 100 30.35 25.00
180 22.36 35.00 160 33.64 38.33 130 38.68 45.59
210 29.61 26.72 190 43.28 47.62 160 44.46  39.09
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As can be seen in the Table 15, when crystals grovder milder conditions, CSDs are
characterized by low CVs (characteristic of narrdistributions around the mean
crystal size). In particular, for MCr feed flow ea¢qual to 120L/h, CVs less than 35%
have been obtained.

With respect to the crystallization of RO brineg tiproduced NaCl crystals are
characterized by lower coefficients of variatiordaniddle diameters. This is probably
due to the fact that, in the crystallization of Nifine, the temperature of the MCr feed
is higher than that used in the crystallizatiolrR@ brine and this is expected to cause a
higher dissolution of the smaller particles.

Table 16 reports the experimentally achieved regofector of the MCr lab plant and
the recovery factor of the MCr in the proposed F8w% latter obtained through
computer simulation when FS4 and the lab plant ycedhe same amount of salts and
using as seawater the composition reported in Tablend as rejections the values
reported in Table 11. The comparison of the catedlawith the experimentally
determined MCr recovery factor shows a good agregmeath error less than 6%.

Table 16: MCr recovery factors.

Retentate| Retentate Produced Experimentally MCr recovery factor in Error
flow rate | temperature salts [g/L] determined MCr FS4 from the computer [%]
[L/h] [°C] recovery factor [%] simulation [%]
120 39+1 6.16 76.71 87.13 6.36
150 39+1 12.22 79.83 88.81 5.32
200 39+1 17.05 80.84 90.15 5.45
250 39+1 21.90 81.22 91.49 5.95

The length/width ratio distributions of the obtadniaCl crystals confirmed their cubic
block-like form examined visually with the optic enoscope (Figure 24).

40 O 1st: 100min

@ 2nd: 130 minj
301 O 3rd: 160 min

Number of crystals [%]

11131517192123252729313335373944537
lenght/width ratio

Figure 24: Number of crystals [%] vs length/width ratio atedentate flow rate equal to 250 L/h.
The percentage of NaCl crystals exhibiting an eded shape is higher in the

crystallization of NF retentate than in the crylstation of RO retentate due to the
presence of a bigger number of ions which may sanaurities.
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3.3 Crystallization kinetics: nucleation and growth

Figure 25 reports the estimated population denddya versus crystal size for a
representative set of averaged samples at130 min and M = 4.6 ¢g/L; a linear

regression of equation=n° [exp- L/Gt) is used to determine both the crystals growth
rateG and the nuclei population densit} n

0,04

Li [mm]

0,09

Figure 25: Population-density plot for NaCl crystals produegdetentate flow rate equal to 150 L/h and
retentate temperature equal to 39+1°C.

From several other samples taken from the crysgallluring the same test and for each
carried out run (Table 17), a plot of growth ratevérsus feed flow rate can be
constructed in order to study the fluid-dynamiceetf on membrane crystallization

operation (Figure 26).

Table 17: Crystals growth rat& and nucleation rate at different retentate flove rat

Retentate flow G B°
rate [L/h] [mm/min] [no/L*min]
120 0.0000585 200,200
150 0.0001142 194,110
200 0.0001235 168,714
250 0.0001639 199,914
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Figure 26: Growth rate vs retentate flow rate.

The obtained trend of the crystal growth rate verfeed flow rate (Table 19 and Figure
26) proves that crystal growth is limited by th&usional resistance to the movement
of molecules to the growing crystal face.

4. Effect of humic acid on membrane processes

Natural waters contain natural organic matter (NQOM)gely composed of humic
substances, which are macromolecular mixtures afitwacid (HA), fulvic acids and
humin. Humic acids refer to the fraction of humigbstances that is not soluble at
pH<2. The removal of NOM from feed water is necegsa potable water production.
Membrane processes have been shown to remove N@gtieély from water [8]: in
the ultrafiltration of water containing humic acidee retentions were in the range of
85-90%; NOM removal by nanofiltration membranesamjified by total organic carbon
(TOC) rejection, was found to be more than 90%-a8p

However, membrane fouling by NOM is one of majostalsles limiting the use of these
processes. The observed fouling leads to a decoéadbe membrane performance and
subsequently to a reduction of the membrane life Membrane surface characteristics
(i.e. hydrophobicity, porosity, etc.), the hydrodymc conditions (i.e. transmembrane
pressure, crossflow velocity, temperature, etcd #re chemical composition of feed
liquid (i.e pH, ionic strength, type of NOM, et@Xert significant effects on membrane
fouling [ 9].

The flux decline observed during constant pressuceofiltration experiments [10] was
caused by the formation of a humic acid deposithenupper surface of the membrane
with relatively low internal fouling. The rate aeatent of fouling reduced by removing
large humic acid aggregates proved that large gatge were the main cause of flux
decline. Yuan et al. [11] reported that the initfauling of humic acids on MF
membranes was due to deposition of large aggregeteke the pores that caused pore
blockage. The cake layer was then formed on themeghich had been blocked. It was
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found that humic macromolecules are adsorbed maweufably onto hydrophobic
membranes and the adsorption is greater at lowtisolpH [12].The deterioration of
permeation flux during the ultrafiltration of humicids was studied by Kabsch-
Korbutowicz et al. [13]. They reported that the nhbeame with a higher degree of
hydrophilicity was the least affected. The sigrafic flux decline at low pH was
attributed to the thick humic acid deposit layemtcibuted by the reduction of
electrostatic repulsion between humic acid molecuded the strong tendency to
sorption on the membrane surface [8].

Moreover, it was demonstrated that membrane fouiimgreases with increasing
electrolyte (NaC1) concentration and with the ddditof divalent cations (G3.
Calcium and other multivalent cations are knowrfclon complexes with NOM. The
divalent cations interact specifically with humiarboxyl functional groups and reduce
the humic charge and the electrostatic repulsiotwdmn humic macromolecules
leading to enhanced aggregation [9].

Zuddas et al. [14] proved that dissolved organicttenainfluences the complex
mechanism of calcite crystal growth from seawatgra set of experiments at different
humic acid concentrations (i.e. [HA] = 50, 500, @Q@/kg), they found that the rate of
calcite precipitation from seawater solutions dases as a function of the [HA] by at
least one order of magnitude.

It is the interest of the work presented in thistiss to study membrane fouling in MCr
process when applied to waters containing humidsaand inorganic salts similarly to
NF brine of a seawater desalination plant. Theceff& humic acids on crystal growth is
also included.

4.1 Effect of humic acid on membrane distillation ad membrane crystallization.
Fouling and trans-membrane flux measurements

There are limited studies on fouling on MD/MCr pess. Fouling in MD/MCr is
generally less serious than that in other membpaneesses [ 15, 16].

Apart from the scaling effect that can be produsedhe membrane surface when high
salts concentrations are used and the biologiaainigp or growth of bacteria on the
membrane surface, particles or colloidal specieg bsatrapped at both the membrane
matrix and pores.

Gryta et al. [17] applied the DCMD system to coricaie a NaCl solution with
dissolved organic matter and examined membranénfpul'he permeate flux decreased
continuously with each consecutive series of expenits carried out without membrane
cleaning. The membranes changed from a white torcavrbsh colour, and the
membrane micrograph taken by scanning electron astopy (SEM) confirmed
fouling. Hsu et al. [15] reported flux decline inCIMD experiments using a NaC1l
solution and seawater as feeds. The vapour flugeafvater decreased continuously
from 10 kg/nth to 7 kg/nih within 160 h. The SEM micrograph of the membrane
surface obviously showed signs of fouling. DCMD walso employed for the
concentration of bovine serum albumin (BSA) aquesaistion [9]. It was found that
membrane fouling was practically absent at low terajures (i.e. 20°C-38°C), BSA
concentration ranging between 0.4 and 1% w/w ahgtisno pH of 7.4. It was argued
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that the permeate fluxes are below the criticak ffar fouling in DCMD. On the
contrary, membrane fouling was observed duringdbecentration of tomato puree,
which contains 3-4% carbohydrate, 0.5-1% proteinl @1-0.3% fat [9]. It was
indicated that the adhesion of fatty substancesluding tomato pigments to the
membrane surface blocks the membrane pores arefdhereduces the permeate flux.
Membrane fouling in DCMD process was also obserdedng the treatment of
wastewater originating from heparin production fromtestinal mucous [9]. A permeate
flux decline of about 43% was detected. It was tbthmt protein and sodium chloride
constituted the major components of the gel lagewt % of citric acid solution was
used to restore the permeate flux close to it@lnialue.

Khayet et al. [9] investigated MD for the treatmenthumic acid solutions containing
sodium chloride and calcium chloride at concentregitypical of those found in natural
waters. It was found that, compared to the presduven membrane separation
processes, higher rejection factors with very l@snpeate flux decline were observed in
direct contact membrane distillation applicationewhumic acid containing salts were
considered.

Also Srisurichan et al. [8] investigated the extehthumic acid fouling during the
membrane distillation process for water treatme&hix declines were negligible (less
than 6%) for the ranges of humic acid concentraioom 20 to 100mg/L), ionic
strength (calculated by adding NacCl into the feetuton), and pH (from 3 to 7)
studied. On the contrary, in MF of 2 mg/L HA sotutj flux decline was significant.
The differences in the results can be explaine®4l the process liquid cannot wet the
membrane. Therefore, HA is deposited only on thenbrane surface but not in the
membrane pores. Furthermore, due to the low operairessure of the process, the
deposition of HA aggregates on the membrane suraced be less compact and only
slightly affect the transport resistance. A simflading was recently reported in [18].
For what concerns the effect of divalent ions (swash C&"), since HA contains
negatively charged carboxyl groups, divalent iors$ like binding agents of two
carboxyl functional groups. The deposition cant@eased by charge screening, as in
the case of NaCl, and also by the complexation vbantributes to the crucial increase
in size of aggregates.

Srisurichan et al. [8] demonstrated that the caatgudf humic acids are the major cause
of membrane fouling in MD. In fact, they proved tthhe addition of C& into the
solution considerably reduces flux when *Caoncentration exceeds the critical
coagulation concentration: €aaffected flux by forming complexes with humic axid
and resulted in coagulation on the membrane surfidee examination of the membrane
surface by SEM confirmed the existence of a thulifig layer.

On the contrary, in MF and NF, €asignificantly accelerates the rate of flux decline
also at low C& concentrations (0.5-1 mM) [8], while €anfluences flux in membrane
distillation when its concentration exceeded th&cal coagulation concentration (2-3
mM of CaCZ% [8]), the concentration at which coagulate occ@magulation refers to a
type of aggregation in which semi-solid particlédsacsuspension combine irreversibly
into a cohesive mass or clot. As a result, theigdast coalesce and precipitate. Agents
which induce coagulation are usually electrolyteBiclv neutralize the oppositely
charged particles.
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Figure 27 reports the effect of humic acid duringnmbrane crystallization process of
solutions containing HA and inorganics at conceians typical of those found in NF
retentate (Table 12). In particular, the tests Hasen carried out on solutions with the
same composition of the NF brine after the preafph with anhydrous sodium
carbonate previously described, in which humic &eid been added.

Humic acid concentrations have been evaluated bggu3otal Organic Carbon
Analyzer Shimadzu TOC-Vcsn.
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Figure 27: Trans-membrane flux vs time for NF retentate wiiffierent HA concentrationg\Tin=11°C,
AT,,=9°C, retentate flow rate = 207L/hy, Tee~39£1°C.

The achieved results have proven that trans merabfarx decreases when the
concentration of humic acid increases due to th@dtion of a fouling layer. In fact, in
agreement with what found in literature, the exafion of the membrane surface
confirmed the existence of a fouling layer whiclpeared dark brown (Figure 28).

Figure 28: (a) New membrane module, (b) fouled membrane maaftde operation with humic acid.

The deterioration of flux due to the fouling layeay be attributed to two effects: first,
the reduction of surface area available for vapdion as the fouling layer blocked the
pore entrances; second, the fouling layer may dser¢he heat transfer driving force.
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Even though there has been no report on the teeadfér resistance of the fouling layer,
it is expected that such a layer can reduce thedesture polarization coefficient [15,
17, 19]. As described irChapter 1 — Section 3.2he temperature polarization
coefficient (TPC) reflects the heat transfer effirmy of the process, in fact it is the
measure of the magnitudes of the boundary layaestaeses relative to the total heat
transfer resistance of the system:

TpC=1m ~ Tom

T =T,
Therefore, in order to obtain crystals, an increaséhe driving force of the process
with respect to the previous tests has been nage$sgure 29 reports the effect of the
temperature differenceAl) between the two membrane sides on MCr operation:
crystals formation was not observed £9r equal or less than about 11°C.
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Figure 29: Trans-membrane flux vs time at different tempematlifference between the two membrane
sides. Humic acid concentrarion =1 mg/L; retentia® rate = 207 L/h; T, retentaiz39£1°C.

4.2 Influence of dissolved humic acid on the kinets of salts precipitation from NF
retentate

Figure 30 shows the experimental data relativdnéocumulative fractional distribution
of the obtained crystals as a function of theie siz three different operative conditions
(details are reported in the corresponding legend).
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Figure 30: Cumulative distribution of crystals per unit of uole versus particle size. Retentate flow
rate=207 L/h, humic acid concentrarion =0.5 mg/ermpeate flow rate = 100 L/h;iTretentaic39£1°C;
AT;,=11.09°C.

Table 18 reports some experimental evaluationhefcoefficient of variation (CV),
the middle diameter (g and the density of the crystal slurry (M) as aied in the
carried out NF retentate crystallization tests ifexent humic acid concentrations.
They can be compared to the results obtained inctistallization of NF retentate
without humic acid in the same operative conditiffable 15), showing thatdvalues
vary between 22.36 and 44.46, and CV values vary between 25 and 45.59%.

Table 18: Evolution in function of time of the Coefficient ¥ariation (CV), middle diameter (J and
density of the crystal slurry (M). Parameters daieed from the experimentally obtained CSDs at two
different humic acid concentrations (Retentate floate=207 L/h; Permeate flow rate=100 L/h;
Tteed retentate side39+1°C,ATj,=12+1°C).

Humic acid concentration [mg/L]
0.5 1.0
Sample n° |  dy, [um] CV [%] M [g/L] Sample n® | dy, [um] CV [%] M [g/L]
1 17.48 41.12 - 1 16.32 41.67 -
2 24.22 41.67 0.9 2 19.68 48.57 2.1
3 33.49 43.33 1.6 3 37.02 67.19 4

For what concerns the experimentally achieved rexgofactors, they ranged from 74.9
to 78.1% in the carried out tests with humic aamheentrations equal to 0.5 and 1.0
mg/L, respectively.

Figure 31 reports the estimated population denddya versus crystal size for a
representative set of averaged samples=at260 min and M = 4.0 g/L. The linear
regression of equation=n® [exp- L/Gt) is used to determine both the crystals growth

rate G and the nuclei population density. A summary of the results achieved at
different humic acid concentrations is reported aile 19.
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Figure 31: Population-density plot for crystals producededentate flow rate equal to 207 L/h, [HA]=1
mg/L, retentate temperature equal to 39+18T,=12+1°C.

Table 19: Crystals growth rat& and nucleation rate at different humic acid comtregion.

Humic acid concentration [mg/L] 0.5 1.0
G [um/min] 0.0407 0.0612
In n° 21.75 21.87
B® [no/L*min] 116,200 197,000

In conclusion, the effect of humic acid is not oy membrane fouling but also on
crystals size (smaller particles), on CV (higher sCVcharacteristic of wider
distributions around the mean crystal size) andrgstals growth rate which is at least
one order of magnitude smaller than the one obddireen inorganic NF brine solutions
(Table 17). The achieved results agree with Zuddaal. [14] observations on calcite
precipitation from seawater solution. It was fouhdt the dissolved organic matter in
the form of HA inhibits the rate of calcite crystalbwth in strong electrolyte solutions
of ionic strength like seawater. They proposed that inhibition of crystal growth
results from a decrease of active growth siteseratiian a decrease in the amount of
free-calcium resulting from complexation with HAhi$ might indicate that the growth
inhibition is governed by large organic moleculdseato adsorb to more than one
growth site on the crystal surface.

These observations are in agreement with Mayer42d] Troy et al. [21] where it was
found that an incorporation of high levels of ongararbon in surface pore produces an
increases of the surface area of at least two sfanagnitude.
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5. Membrane cleaning

The cleaning of the membrane module and of theatlvplant is necessary in order to
try to restore the initial performance of the mean& fouled by humic acid and various
inorganic components.

Cleaning was performed by re-circulating first dfpaure water for 1 h, followed by 30

min of re-circulation of a citric acid solution (pBk4), successively 30 min of pure
water, then 30 min of a 0.1M NaOH solution. Finalythird rinse with distillate water

was performed. The pure water flux was measurest afth cleaning with pure water
and after 1 h chemical cleaning. The obtained traembrane fluxes were compared
with the water flux in a new module (Figure 32).
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Figure 32: Tran-membrane flux of pure water at the conditishewn in the legend. Retentate flow rate
= 200L/h, permeate flow rate = 100L/AT;,=9.5 °C,AT,,= 9°C.

The permeation flux recovery was 91% of the iniflak after water rinsing. Most of
the fouling layer was swept out with the water atne Besides, due to the good
dissociation and dissolution of humic acid at hagh 100% flux recovery was attained
after chemical cleaning.

In conclusion, humic acid fouling in membrane destion can be easily controlled and
managed since the mechanism is physical. The amthimsults are in agreement with
[8] which proved that the deposit of humic acid gualate on the membrane surface is
loosely packed and is rather easily removed.

6. Conclusions

The results achieved in the carried out experimeteats show the interesting
potentialities of membrane crystallizer for the lexation of some components
contained in seawater. In particular:
v around 98% of C4 ions have been precipitated as CaGfrough reactive
precipitation with anhydrous sodium carbonate bpgig 1:1.05 molar ratio of
Cd/CO;%". The Md* content in the precipitating solution has beerresed
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because of its integration into carbonate phasedeUnhe investigated
experimental conditions, the mole percent of “Mdncorporated in the
precipitated particles varied between 4 and 12 mof%e Md* concentration
in NF retentate;

v cubic NaCl crystals obtained by membrane crystilin show narrow CSDs,
with CVs lower than those from conventional equiptse

v the experimentally determined crystals growth ttews that the presence of
other ions accelerate kinetic rate of NaCl crystation;

v’ the presence of humic acid in NF retentate inhifnystals growth rate which is
at least one order of magnitude smaller than tleealtained from inorganic NF
brine solutions.

In conclusion, the integration of Membrane Crystalis on NF and/or RO brine might
offer the possibility of producing solid materiaté high quality, whose structures
(polymorphism) and morphologies (size, size distidn, shape, habit) can be adequate
to represent a valuable by-product, transformirggttaditional brine disposal cost in a
potential new profitable market.

From here the necessity to optimize the pre-treatnséep in order to control the
crystallization kinetics that, as over described, laked with the nature and the amount
of the foreign species existing in the highly cartcated brines emerging from the NF
and RO stages. These substances, besides causlimg fon RO membranes, would
easily hinder the crystallization kinetics via tteleterious effects of surface poisoning
of the growing crystals, thus leading either to t#essation of growth or to the
production of a product exhibiting inferior, undesi properties. Moreover, small
quantities of specific impurities can suppress t®wth, while others, being
crystallographic face-selective, might be used a&bith modifiers. Selective
crystallization of polymorphs requires control aménipulation of the nucleation and
growth processes and may be influenced by the pcesaf additives. The manipulation
of polymorphism, morphology, and crystal size atnoi and nano-scale levels is a very
relevant challenge from an application point ofwileecause of their strong influences
on materials properties.
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CHAPTER 7 : Pressure-Driven Membrane Operations and
Membrane Distillation Technology Integration for Water
Purification: Analysis and Comparison
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1. Introduction

The recent and worrying studies on the effects exdusy the presence of some
pollutants in the waters have stimulated the stalg the analysis of other integrated
membrane based systems for reducing the concemtratfithese contaminants below
their maximum recommended value, as well as thesipiisy to use membrane

distillation as an innovative technology for thesmoval.

In the wide spectrum of the harmful substancesainat! in the polluted waters, in the
present work the attention has been focused oratladysis of different membrane
systems for the elimination or the reduction ofdroand arsenic concentrations.

In the last years, boron and arsenic are gainirdg vaittention in the water treatment
community due to their adverse effects both on miaramal health and on agriculture,
and to their growing consumption in the currenuistdy.

For what concerns boron, although it is vital dsage element for plant growth and is
supplied in fertiliser, it can become detrimentat@ncentrations higher than 0.3 mg/L.
Among the more sensitive crops are citrus treesclwbhow massive leaf damage at
boron levels of more than 0.3 mg/L in the irrigatizvater [1]. Excess boron also
reduces fruit yield and induces premature ripenomgother species such as kiwi.
Moreover, in the lab tests, it has been noticed tharon has toxic effects at
concentrations as low as 0.5 mg/L, because it im@aimal growth and causes nerve
damage. As a consequence, boron limits in the tesholuments for medium and large
membrane desalination plants range between 0.30ahdng/L. The World Health
Organization (WHO) recommends a maximum boron cotnagon in the drinking
water below 0.3 mg/L as a provisional guidelineueal while the Japanese Water
Quality Standard for Drinking Water of 1998 tolemta boron concentration of 1.0
mg/L [2]. Boron concentration in standard seawatanposition is approximately 4.5
mg/L and, in general, it is difficult to bring bar@ontent down to WHO levels in one-
stage due to its size and charge.

For what concerns arsenic, it is used in a largetyaof industries, such as:

v" chemical industrial, primarily as wood preservasy@ the form of a compound
called chromated copper arsena{€CA). CCA is added to wood used to build
houses and other wooden structures. It preventanamgs from growing in the
wood and causing it to rot;

v' agricultural chemicals Today agricultural use of arsenic is limited the't
insecticides, herbicides, algicides, growth stimtdafor plants and animals, for
weed control in cotton fields. Prior to the intration of DDT in the 1940s, most
pesticides were made from inorganic arsenic comg®un

v" Ceramics and glass product&rsenic compounds remove dispersed air bubblds an
colour in glass manufacturing.

v' Electronics and nonferrous alloyExtremely high-purity arsenic (99.999%) is used
to make gallium arsenide (GaAs) or indium arsenidech are employed in the
manufacture of semiconductors. GaAs is used irt-gghitting diodes (LEDs) and
solar cells. Indium arsenide is used to produceietl devices and lasers. Arsenic is
added tagermaniumandsilicon to make transistors.

Arsenic serves a variety of other functions in #hectronics industry: it is used in
the manufacture of microchips, in the processingyafium arsenic crystal, as a
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dopant in silicon wafers, to manufacture arsine @akich is used to make
superlattice materials, lightwave devices and tpghformance integrated circuits).
Arsenic metal also increases corrosion resistamee tansile strength in copper
alloys and strengthens posts and grids in leadlzatigries.

Between 1990 and 1995 U.S. consumption of As gnen 20,500 metric tons to

22,300 metric tons. In Massachusetts, As consumphoreased 13% between 1990

and 1996. Driving the increase in use was the r@eis industry, which did not report

any use of arsenic in 1990, but reported almo€i0Bpounds in 1996.

People are exposed to arsenic on a daily basis:

v’ residents living near metal smelters or faciliieat burn plywood or other arsenic-
treated wood products may be exposed to elevatetslef inorganic arsenic;

v the refuse from discarded electronics producty &lsown as e-waste (Table 1),
often ends up in landfills or incinerators instedideing recycled. That means toxic
substances like lead, cadmium, mercury and arsiuaic are commonly used in
these products, can contaminate the land, wateaiand

Table 1: Toxic substances contained in the refuse from dischelectronic products.

Substance | Occurrence in e-waste

Heavy metals and other metals:

Arsenic Small quantities in the form of gallium emgde within light emitting
diodes

Barium Getters in CRT

Beryllium Power supply boxes which contain silicoontrolled rectifiers and xi
ray lenses

Cadmium Rechargeable NiCd-batteries, fluorescemrl@CRT screens), printér
inks and toners, photocopying-machines (printenu

Chromium VI Data tapes, floppy-disks

Lead CRT screens, batteries, printed wiring boards

Lithium Li-batteries

Mercuri Fluorescent lamps that provide backlightimg.CDs, in some alkaling
batteries and mercury wetted switches

Nickel Rechargeable NiCd-batteries or NiMH-batteriglectron gun in CRT

Rare Earth elements (Ytrium, Fluorescent layer (CRT-screen)

Europium)

Selenium Older photocopying-machines (photo drums)

Zinc sulphide Interior of CRT screens, mixed widiner earth metals

Halogenated compounds:

PCB (polychlorinated biphenyls)| Condensers, Tramséos

TBBA (tetrabromo-bisphenol-A)
PBB (polybrominated biphenyls)
PBDE (polybrominated diphenyl

Fire retardants for plastics (thermoplastic compdsie cable
insulation). TBBA is presently the most widely udne retardant i
printed wiring boards and casings.

ethers)

Chlorofluorocarbon (CFC) Cooling unit, Insulatiaraim

PVC (polyvinyl chloride) Cable insulation

Others:

Toner Dust | Toner cartridges for laser printerspiers

Radio-active substances

Americium Medical equipment, fire detectors, actsensing element in smoke

detectors
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Several studies have linked long-term exposurederdgc in drinking water to cancer of
the bladder, lungs, skin, kidney, nasal passages, and prostate. Non-cancer effects
include cardio-vascular, pulmonary, immunologiaa¢urological and endocrine (e.g.
diabetes) disorders. Besides its tumorigenic p@krarsenic has bees shown to be
genotoxic [3]. A National Academy of Sciences’ rdpan the potential adverse health
effects from arsenic in drinking water at the arigt50 ug/L Maximum Contaminant
Level (MCL) prompted the U.S. Environmental Proi@ttAgency (EPA) to change the
50 years old MCL to 1@ug/L (an 80% reduction). This new law has taken ctfia
January 2006 [4, 5]. The Agency estimates that Sob#e nation’s 54,000 community
water systems and 5.5% of the 20,000 non-commuwatier systems (about 4,100 in
all) would need to take measures to achieve comgig5]. Further, an additional 40
million Americans who obtain their water from prigawells, which are not protected
by the new standard, may want to invest in newreldyies that ensure that their water
supply is safe [5].

As a consequence, nowadays, the number of watatneat plants equipped with
boron and arsenic removal facilities is growing, la# in the case of boron, also arsenic
removal is complicated because of its size andgehar

The objectives of the work presented in this Chapte: 1) to examine the efficiency of
different pressure driven membrane processes foonband arsenic removal from
water; 2) to test experimentally the performanceMambrane Distillation for water
purification; 3) to analyse the efficiency of artegrated membrane system for the
contaminants removal from water. In the proposealvflsheet, pressure-driven
membrane operations have been synergically joinéith \membrane distillation
technology. In order to evaluate the conveniena thie feasibility of the proposed
integrated membrane system, the characteristicngeas of the process (such as
energetic consumption, exergetic efficiency and)ca® compared with those obtained
in conventional membrane treatment plants.

2. Boron and arsenic chemistry

Seawater ordinarily contains-8 pug/L of arsenic with an average of 2u§/L [4, 6]. The
concentration of arsenic in unpolluted fresh watgmcally ranges from 410 pg/L,
rising to 106-5000ug/L in areas of sulphide mineralization and min#g6]. In natural
environment, arsenic is rarely encountered as the &€lement. It can occur in four
oxidation states (-3, 0, +3, +5). Occurrence, ifigtron, mobility and forms of arsenic
rely on the interplay of several geochemical fagtsuch as pH conditions, reduction-
oxidation reactions, distribution of other ioniesges [4].

Pentavalent arsenic is normally found in waterragsrac acid which ionizes according
to the following equations [7, 8]:

H3AsO, = HoAsO; +HY  pKa=2.2, K = 5.10°
H,AsO; = HASOF ™ +H*  pK.=7.08 K = 4.10°

HAsSOF = AsOj +H? pKas= 11.5, K = 4.10'°
(where pKa is the pH at which the disassociatiothefreactant is 50% complete).
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Groundwater is often reducing. In reducing watarsenic is found primarily in the
trivalent form (As(lll)) as same forms of arseniad which ionizes according to the
equations:

H3AsO3 = HpAsO3 +HT  pKa=9.22, K = 6.10"
H,AsO; = HAsO3 ™ +H'Y  pK,=12.3, K = 1.10*

HASO3™ = AsO3 +H*

Dissolved As(V) and As (lll) have been found to gitaneously exist in many
contaminated groundwaters. Experience has showrtrttialent arsenic is difficult to
remove from water using the normally available tireent processes. It is usually
necessary to change the arsenic to the pentavatemtoy adding an oxidant, generally
chlorine.

Human activities, geological factors and microlagkents can influence the oxidation
state of arsenic in water and can mediate the rfaiby of inorganic arsenic to form
organic arsenic compound [3]. Microorganisms caidia® arsenite to arsenate, reduce
arsenate to arsenite or even to arsine @hsBiacteria and fungi can reduce arsenate to
volatile methylarsines. Marine algae transform mase into non-volatile methylated
arsenic compounds such as methylarsonic acid;A€BI(OH),) and dimethylarsinic
acid ((CH)2,AsO(OH)) in seawater. Organic arsenical compounei®eweported to have
been detected in surface water more often thanoungl water.

Methylated forms of arsenic may be present in lglally active waters, however these
arsenic forms are generally thought to be unimportadrinking water sources [9].

In drinking water the two common oxidation state® drivalent (As(lll)) and
pentavalent (As(V)). Pentavalent arsenic is therntioelynamically stable form of
inorganic arsenic in water, particularly in oxygtth conditions and generally
predominates in surface water. The ratio of As@/)As(lll) based on thermodynamic
calculation should be #B1 for seawater at pH 8.1 [6]. In reality, it isl@ to 10:1.
This unexpected high As(lll) content is causectast in part by biological reduction in
seawater [6]. Both As(lll) and As(V) occur in sealeforms; at near-neutral pH, the
predominant species are/AsO; for As(lll), and HAsO, and HAsQ* for As(V). It
means that at typical pH in natural water (pHBh As(V) exists as an anion, while
As(lll) remains as a neutral molecule.

For what concerns boron, its average concentratioraw water is 4.5 mg/L [10].
Boron is usually present in water as boric acidolwhis not well rejected by RO
membranes. The boron rejection performance is ase@ in the alkali region by the
two following effects:
a. effect of atomic or molecular siz8oron exists as boric acid in the natural
water. It is a weak acid and its dissociation pests as shown by the following
formulas [11]:

H3BO3 = HT +H,BO3 pKa=9.14
H,BO3™ = HT +HBO3 pKa=12.74
HBO3*” = H* +BOJ pKa=138
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At high pH values (alkali conditions), dissociatipnoceeds, ionization takes
place and a hydration radius is achieved whichréatgr than that of the boron
molecule. The rejection performance of the RO memértherefore improves.

b. Effect of electrical charge of the molecula.the alkali region, ionization of
boron causes a negative charge and, since the Rimaee also has a negative
charge, the two repel each other and the rejegberiormance of the RO
membrane is enhanced.

As normal seawater is in the range of neutral pienff 7 to 8.5), boron doesn’t
dissociate and the boron molecular form exists auttelectrical charge. Therefore, the
two effects described above do not occur and tmerbrejection by the RO membrane
is low. A treatment in which normal seawater woublel directly rendered alkali to
achieve the boron to dissociation cannot be adopiechuse the many hardness
components contained in the seawater would givengcproblems at high pH levels.
Given the above conditions, nowadays, the moss paErseawater desalination plants
use RO systems with several pass-stages. At stepluss-stage, the salt in the seawater
is removed along with most of the boron. By tregtihe resulting product water with
other boron removal RO membrane elements at wWtkapressure working at high pH
and, eventually, with boron selective resins, theh concentration is brought to below
the regulation value.

3. Pressure Driven Membrane Processes for PollutawRemoval from Water

Membrane filtration is a viable method to removeide range of contaminants from
water. As described in detail @hapter 1 pressure driven membrane operations can be
divided into four overlapping categories of incliegsselectivity: Microfiltration (MF),
Ultrafiltration (UF), Nanofiltration (NF) and Reva& Osmosis (RO).

In general, driving pressure increases as selgctiuncreases. Separation is
accomplished by MF and UF membranes via mechaagieging, while capillary flow

or solution diffusion is responsible for separatioNF and RO membranes. However,
membrane composition combined with solvent andteatharacteristics can influence
rejection via electrostatic double layer interagsi@r other hindrances. When a solution
containing ions is brought in contact with membrapessessing a fixed surface charge,
the passage of ions possessing the same chardee ameimbrane (co-ion) can be
inhibited. This condition is termed Donnen ExclusidMore specifically, when a
solution with anionic arsenate is brought in cohtaith a membrane possessing a fixed
negative charge, the rejection of arsenate may reatey than if the membrane is
uncharged. Hence, the selection of a membrane ggisgea slight negative charge may
be advantageous for the removal of arsenic andhdooon drinking water.

3.1 Pressure Driven Membrane Processes for Boron BRwval. Current situation

Recently Toray [12], Hydranautics [11] and FILMTBC[13, 14] have focused
attention on the development of RO membranes with boron-rejection.
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The Hydranautics proposes the following RO memisaioe the first-pass: SWC3,
SWC3+, SWC4 or SWC4+. The boron rejection of thesenbranes is 89%, 91%, 92%
and 93%, respectively, higher than that of the eotienal elements. However, these
values still do not produce desalted water withoboconcentration that satisfy the
WHO drinking water quality guidelines. Therefores described above, the product
water from the first-stage seawater desalinationr®nbrane is treated to raise its pH
to the level of 9.5 and then sent to a second-sR@emembrane for boron removal.
Finally, the product water from the second-stagenbrane is treated by adding acid to
adjusted the pH until the value recommended by WM@mbranes to be used in the
second-stage are, for example, ES20 or ES20B byargditics.

The ultra-low pressure RO membrane ES20B for boeamoval has been adopted by a
seawater desalination plant in Fukuoka (50,060d)rand is now on operation since
May 2005. The RO membrane SWC4 has been introdincadseawater desalination
plant at Tampa (Florida), which has a productiopacity of 100,000 fid and a water
production cost of 0.53 $finless than that of a conventional distillationqess but still
far too high for agricultural use.

Toray proposes instead to use single stage RO topesawith TM820A membranes.
The boron rejection in these membrane elementg4-8696, values that allow to meet
only Japanese Water Quality Standard. But in sesenéition, for the WHO guideline
grade or the Middle East seawater treatment (With Highest boron concentration),
rejections between 97 - 99% are needed.

FILMTEC SW30HR LE-400 has a boron rejection perfante of 91%. Therefore, a
boron concentration less than 1.0 mg/L can usumlachieved with a single pass. For
boron removal less than 0.3 mg/L, also in this caseecond pass is required, as well as
the use of a boron-selective resin.

More than 40,000 FILMTEC RO membrane elements amgtained in the world's
largest desalination plant in Ashkelon, Israel, whkigh boron ion reduction was an
important design consideration. In fact, the desdilon facility consists of 32 RO
treatment trains and uses a multi-stage RO andnbmoval procedures capable of
delivering a boron removal efficiency of more tHg9% [15, 16].

One pass SWRO has been proposed for projects ireguit8 to 1.0 mg/L boron
concentration in the RO permeate, where boron enstawater feed is in the order of
4.0-5.0 mg/L and the sea-water temperature rang@&8i26°C. The typical water
production cost for this concept is in the rang&/8%0.38-0.52/rhof product [14].
Seawater desalination systems characterized byasses with increased pH have been
widely proposed for processes where the produarboEquirement is between 0.3 and
0.5 mg/L and the boron concentration of the seawiatdl ranges between 4.0 and 6.3
mg/L. They have also been used for water tempegatup to 34°C. The typical unit
cost for this option is in the range ofUS$0.45-0%5product water [14].

3.2 Pressure Driven Membrane Processes for ArseniRemoval. Case study.

Two types of membrane processes have been dentedstoabe effective in removing
arsenic from water: RO and NF. Moreover, in litaratmany examples show that both
of these processes are more effective in removs(y)Athan As(lll) (Table 2). Thus, to
achieve the best results, the feed water must daenl with an oxidizing agent to
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convert As(lll) to As(V) in order to obtain substiah arsenic reduction in the permeate,
that is the water produced by membrane process.

Table 2: NF membranes rejection (%) for Arsenic removal.

Membrane and Water origin Rejection (%) Reference
manufacturer As(lIl) As(V)
NF70 4040B, Film Tec (Dow Pilot studies at various 50% 99% [9]
Chemical) ground-water sites (USA
HL-4040F1550, Desal Idem 20% 99% [9]
4040-UHA-ESNA Idem 30% 97% [9]
Hydranautics
ES-10, Aromatic polyamid | Groundwater spiked with 50-89% 90-97% [17]
(Nitto) 0,6 mg/l As (Japan)
NF45 Filmtec (Dow| Synthetic water - 90% [18]
Chemical)
ES-10, (Nitto Electrid Synthetic water and 60-80% 95% [19]
Industrial, Japan) groundwater 60-80% >95%
NTR-729HF, (PVA),| Synthetic water and 10-23% 91-94%
(NittoElectric Industrial,| groundwater 10-23% 95% [19]
Japan)
NTR-7250 (PVA), Synthetic water and 10% 86%
(NittoElectric Industrial, groundwater 10% >90% [19]
Japan)

The purpose of this section is to analyse the dyant arsenic in the fresh water
produced by NF and/or RO membrane processes. Arseroften measured as total
arsenic concentration. However, it is necessamagasure the individual concentrations
of arsenic compounds because they have differgattien characteristics and also
different toxicity. According to literature, theti@of As(V) to As(lll) should be 4:1 for
groundwater and river [19, 20]. Analysing samplesif a 65,000 ifd water treatment
NF plant, Sato et al. [19] have determined As(Bphd As(V) rejections and the
following conclusions were obtained:

1. arsenic removal efficiency increased slightly (unded%) with the increase in
applied pressure for each of the three NF membrahkezed (Table 3). This was
attributed to the growth in permeate flux as thplied pressure increased, which
resulted in lower arsenic concentration in the ated water [19, 21].

Table 3: As(lll) and As(V) rejections. Applied pressurelid MPa. Temperature is 20°C. Total arsenic
and trivalent arsenic concentrations are about 0 amd 10 mg/l, respectively [19].

Membrane types As (III) rejection [%] As (V) rejection [%]
ES-10 80 97.5
NTR-729HF 22 94
NTR-7250 11 86

2. Removal efficiency of As(V) and As(lll) was almoste same in both synthetic
water and groundwater (Figure 1). Therefore, it t@nsaid that other ions in
groundwater have no effect on the removal of As@uiyl As(lll). Because both
As(V) and As(lll) removals by NF membranes were afiected by source water
composition, it is suggested that NF membrane eamsled in any types of waters.
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3. The rejection of As(V) seemed not to be sensitivehie change in operating
temperature [21].

4. The As(lll) rejection decreases with increasingklzdncentration, an effect that
was attributed to its enhanced diffusion and coneecahrough the membrane
[22].

By considering the NF membrane modules with thdlAs{nd As(V) rejection values
reported in Table 3 and a ratio of As(V) to As(iqual to 4:1 [19, 20], Table 4 shows
the total permeate arsenic concentration when é&wsel fwater is treated by [HF
operation. According to the table, ES-10 shows an arsenmneate concentration
below 10 ppb (EPA and WHO recommended As limit),aamaximum total As
concentration in feed water of about 200 ppb.

Table 4: Permeate arsenic concentration by a single st&gepdration*.

Total As concentration Permeate As concentration [ppb]

in the feed water [ppb] ES-10 NTR-729HF NTR-7250
50 3 10,2 14,5
100 6 20,4 29
200 12 40,8 58

* The cells reported in grey refer to limit As camtration recommended by EPA and WHO.

As already said, the feed water can be treatgd an oxidizing agent to convert

As(lll) to As(V) in order to improve removal effiencies. For example, chlorine
oxidizes approximately 95% of arsenite in arsen@eless than 5 s at chlorine
concentration of 1.0 mg/L); monochloramine at tbaaentration of 1.0 mg/L oxidizes
45% of As(lll) in As(V) [3]. Table 5 shows the tbtgermeate arsenic concentration
when the feed water is pre-treated with chlorinoitgeto be sent in a single stage NF
operation. According to the table, the membranelBSllows to obtain a permeate
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stream with arsenic concentration below 10 ppbraf@imum total As concentration in
feed water of about 400 ppb.

Table 5: Permeate arsenic concentration by a single st&gepdration with pre-oxidation.

Total As concentratior] Permeate As concentration [ppb]

in the feed water [ppb ES-10 NTR-729HF NTR-7250
50 1,3 3,4 7.4
100 2,7 6,7 14,8
200 54 13,4 29,5
300 8,0 20,2 44,3
400 10,7 26,9 59,0

Table 7 shows the total permeate arsenic concamtrathen the feed water is treated
by a RO operation, without and with pre-oxidation. The TFC-ULP reserosmosis
membrane, from Koch Membrane System, has beendmmesi (Table 6).

Table 6: As(lll) and As(V) rejections with RO membrane [20]

Membrane RO type

As (Ill)

As (V)

TFC-ULP

0.925

0.975

Table 7: Permeate arsenic concentration by a single st@gegderation.

Total As concentration in the¢ Permeate As concentration| Permeate As concentratiof
feed water [ppb] [ppb] with pre-oxidation [ppb]*
50 1.75 1.3
100 3.5 2.6
200 7 5.1
300 10.5 7.7
400 14 10.2

According to the Table 7, the RO membrane employegthout and with the pre-
oxidation step, shows an arsenic permeate contemntraalue below 10 ppb at a
maximum total As concentration in feed water of @@00 and 400 ppb, respectively.
Therefore, RO membrane allows to treat water withhegher As concentration feed
water than NF membrane.

RO and NF membrane processes have both an exceliegic removal efficiency.
However, an integrated NF/RO membrane system, iictwthe feed water is firstly
treated with a NF unit and its permeate is sewt RO unit, can become more and more
interesting than the single membrane operatiofiadh the integrated system allows to
be below the EPA and WHO recommended As limit ateating feed water with As
concentration equal to 3000 ppb (Table 8).
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Table 8: Permeate arsenic concentration by a NF/RO operatio

Total As Permeate As concentration [ppb]
concentration |
the feed water] ES-10and | NTR-729HF | NTR-7250 and
[ppb] TFC-ULP and TFC-ULP TFC-ULP
50 0,18 0,65 0,81
100 0,35 1,29 1,62
200 0,70 2,58 3,23
300 1,05 3,87 4,85
400 1,40 5,16 6,46
500 1,75 6,45 8,08
600 2,10 7,74 9,69
700 2,45 9,03 11,31
800 2,80 10,32 12,92
900 3,15 11,61 14,54
1000 3,50 12,90 16,15
2000 7,00 25,80 32,30
3000 10,50 38,70 48,45

4. Integrated Membrane Processes for Water Purificéon

The possibility of designing innovative processasda on the integration of different
membrane operations is becoming quite attractiveaasvay for increasing the
performance of the desalination/purification preess(Table 8). As already stated and
proved in theChapters 1, 2 and,3n the last decade the success of RO technokgy i
also the consequence of the development of otlesspre driven membrane operations
which often are combined with the RO unit for thie-freatment or post-treatment steps
in order to overcome the limits of the single units

In this logic, the introduction of MD on RO brindaavs to increase the recovery factor
of the water treatment plant. Moreover, since Mrapes on the principles of vapour-
liquid equilibrium, 100% (theoretical) of ions, mmamolecules, colloids and other non-
volatile components are rejected. As a consequevibeprocess can be used for the
treatment of polluted water in order to converinto pure water and in a concentrate
containing the substances present in the feedicolut

Therefore, MD can be used also for boron and azsemoval from water in order to
obtain a their substantial reduction in the permetieams of desalination plants.

A possible integrated membrane system able to remmwon and arsenic from
raw/brackish/sea-water is represented in Figure 2.
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Figure 2: An integrated membrane flow-sheet.

The proposed system is constituted by a Reverse€lsrstep followed by a Membrane
Distillation one. Seawater is treated with chemagénts and then it is fed to RO units.
In order to achieved the desired boron and arsamtent in the fresh water produced, a
fraction of the RO permeate is sent to the MD medul

In the flow sheet, as feed water composition thaeddrd seawater composition with an
arsenic concentration equal to 400 ppb (Table 9)deen considered.

Table 10 shows the RO and MD rejection values artbpmance. They are referred to
a SW1 PA and MD020CP-2N Enka Microdyn membrane resjuespectively. The
RO and MD feed water flow rates and operation domis has been taken from [23,

24].
Table 10: Rejection values and recovery factors [23, 24].
Membrane Type RO MD

Table 9: Standard seawater composition [25] Recovery factor [%] 40.08 77
Chloride: 19,345 mgL Rejection values [%

Sodium: 10,752 mg/ HC+03 98.46

Sulphate: 2,701 mg/ Na 98.92
Magnesium: 1,295 mgl/l cr 98.95

Calcium: 416 mgl/l SO~ 99.63

Potassium: 390 mg/| ca’ 99.69 | =100%
Bicarbonate: 145 mg/ Mg** 99.56

Boron: 4.5 mg/l As(lll) [20] 92.50

Arsenic: 0.400 mg/Ly As(V) [20] 97.50

TDS: 35,000 mg/L - pH: 8.1 Boron 90.00

According to literature, the ratio of As(V) to AHjlconsidered in the feed has been 4:1
[19, 20].

In Table 11 the achieved fresh water compositiaep®rted. In the proposed system, in
order to obtain a boron and arsenic concentratioineish water equal or less than the
recommended values by EPA and WHO, only 36.4% ofp@fneate must be treated in
the MD unit while, nowadays, in the current wateatment plants, all the'stage RO
permeate must be treated in tH& RO stage [11-14].
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Table 11: Fresh water composition.

lon Concentration [g/L
Cl 1.354 E-01
Na 7.741E-02
SO4 6.662E-03 Material Polypropylene
Mg 3.799E-03 Type Hollow fiber
H(C::gg ?ig;ggg No. of fibers 40
As(l) 4.000E E)G Available area [f] 0.1
. - A . 0
As(V) 5 333E-06 Packing density [%] 70
As (I;otal) :? 30303584? Table 12: Structural Parameters of an Enka Microdyn
: - MDO020CP-2N Module.
Total 0.23

5. Evaluation of Membrane Distillation technique f@ Boron and Arsenic removal
from water

In order to test the performance of membrane tisth for total boron and arsenic
removal from water, several experimental tests Heaen carried out.

The used experimental apparatus (Figure 3) emdmka Microdyn MDO020CP-2N
membrane module (Table 12). The plant is suppligt eentrifugal pumps and with
the necessary tools for the control of the mostiB@ant parameters of the system: flow
rate and temperature. Flow rate control is achigheodugh Brooks Instruments mass
flow-meters, with a capacity of up to 5.7 L/minapéd at the outlet of the pumps on the
retentate and permeate lines; four platinum theouples (Pt100) disposed at the inlet
and outlet of the module on the retentate and patenknes allow a quantification of
the thermal drop.

The estimation of the trans-membrane flux occurewaiuating weight variations in the
distillate tank with a Precisa 6200 DSCS balance.

Figure 3: Schematic
flow sheet of the lab
plant: (A) pump; (B)
flow-meter; ©
balance; (D) distillate
tank; (E) cooler; (F)
feed tank; (G) heater;
(H) membrane module;
() retentate tank.

()]
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In order to carry out the experimental tests, sstithaqueous solutions have been
prepared by dissolving the appropriate quantitfeshemical reagents in demineralised
water also utilized as condensing liquid on thermste side.

The concentration of arsenic and boron in feed padneate solutions has been
measured with Optima 2100 DV Optical Emission Spmuaweter supplied by
PerkinElmer precisely. Because it allows to idgntihe arsenic content in water
solution but it does not distinguish between ateeand arsenate, than two different
series of experimental tests have been conductéedhé beginning, only arsenate
agueous solutions and the MD performance for Aséwoval have been investigated.
Then, a second series of lab-tests with arsenitgigos have been conducted to check
the absence of As(lll) in the fresh water obtaibgdD process.

Such as chemical reagent has been emplogBD As,O5 - 3HO and AsOs supplied

by Sigma-Aldrich.

5.1 Experimental tests

In order to have mass trans-membrane flux from feeegermeate it is necessary a
driving force that, in membrane distillation prosess represented by the partial
pressure difference across the membrane, whichbeaimposed by a temperature
difference across the membrane.
For this reason, experimental tests varying thdoWohg parameters have been
conducted:

» concentration of boron and arsenic in feed solytion

» temperature of the solution fed to the membraneuteodrom 25 to 35°C);

« MD retentate flow rate (from 100 to 250L/h), whMD distillate flow rate was

kept constant and equal to 100 L/h.

In literature there are many studies that showrasn& rejection changes with pH of
feed solution in fact, an increase (about 20%Y)seiaic (both As Il and As V) removal
has been observed at pH value rising from 7 to @ flom 3 to 5 respectively,
indicating the importance of finding the optimumeogtiing pH values even for
membrane treatments. As already said MD allows 1Q&oretical) rejection of non-
volatile components. In any case, in order to yehfat and to show if trans-membrane
flux changes with pH, it has been chosen to conduperimental tests at different pH
(from 5 to0 9).

5.2 Results and discussion

Permeate samples have been withdrawn from thdlatisttank every 60 minutes and
analysed in order to measure the amount of contmtsrpassed through the membrane.
All the analysed samples have proven the absend®, &s(V) and As(lll) in the
permeate streams. Therefore, the application of bnane distillation allows to achieve
the total boron and arsenic rejection, value ndilgaeachable with other removal
technologies.
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The experimental tests have also allowed to tegh Wtuid-dynamic and feed
temperature/concentration effect on membrane ldistih operation and, in particular,
on trend of solvent trans-membrane flux.

For each test, the water fluxes J at different fis@operatures and concentrations have

been evaluated and the results are shown in Figurés
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Figures 4 - 6 show that trans-membrane flux in@saghen feed temperature increases
(since MD is a temperature driven membrane operpémd when feed concentration
decreases. The latter trend is because concentratituences viscosity: when it
increases, vapour pressure and transport coefficidecrease and, as a consequence,
polarization phenomena accentuate themselves. Hawat steady-state the fluxes are
close each other confirming that, in membrane I@isbn operation, concentration
polarization phenomena do not play a significafg.ro
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Figure 7 shows how water trans-membrane flux ireggavith retentate flow rate due to
the enhancement of transport coefficients.
Analogous results were obtained also with As @hyl B aqueous solutions.

6. Economical Evaluation, Energetic and Exergetic Aalysis of four different
Membrane-Based Desalination Systems for water putitation

From the achieved results through the experimetdsis, adoption of membrane
distillation system appears a promising processviter purification since it permits to
remove completely boron and arsenic from waters.

The main obstacles impeding the implementation$/1bf processes are, as seen in
Chapter 3 the relatively high energy consumption, membrdoeling and, as a
consequence, high membrane maintenance and re@ateamwst. In particular, it is
necessary to guarantee the hydrophobic characteedfiD module.

In order to check if the coupled system RO+MD (diésd in Section 4 can really
represent an interesting and economically advaotegealternative to conventional
water treatment plantdour different flow sheets for water treatment have rbee
analysed: the first one is constituted only by R@ unit; in the second, feed water is
pre-treatedwith an oxidizing agentto convert As(lll) to As(V) in order to improve
removal efficiencies and, then, sent to the RO (inithis work 1.0 mg/L of chlorine
was used to oxidize approximately 95% of arsemitersenate) [3]. The third flow sheet
use RO systems with two pass-stages: at the fasd-ptage, the salt in the seawater is
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removed along with most of the boron; by treatihg tesulting product water with
other boron removal RO membrane elements workinghigh pH, the boron
concentration is brought to the regulation valug\Fe 8). In the forth, a fraction of RO
permeate is sent to MD operation (Figure 2).

In all the analyzed flow sheets the same feed flate and composition has been used
(see Tables 9 and 13).

v o

Feed RO 1 _ RO 2 v
Fresh water
B =0.3 mg/L

Hiah pressure pur As<=10pg/L

NaOH

Valve Valve

RO_1 brine RO_2 brine

Figure 8: Two RO passes with increased pH.

In the flow sheet with two RO passes (Figure 8ypweries of 40.1% in the®'l and
85% in the 2 pass have been considered [14]. Depending ongbiteyrecovery, Ca
and Mg rejection of the membranes, care needs taken for CaC@and Mg(OH)
scaling. Anti-scalant use was considered. Moreotee, fraction of first-stage RO
permeate sent to the RO second-stage has beenzggtim order to obtain a boron and
arsenic concentration in the fresh water streanaletputhe maximum recommended
values.

Table 13 shows energy consumption, product charsiits and desalted water cost for
the analysed systems.
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Table 13: Product characteristics, energy consumption arséltisl water cost for four different flow

sheets.
Flow Sheet RO R(_) w!th pre- RO-RO RO-MD
oxidation step
Feed flow rate [rih] 1048E+03 1048E+03 1048E+03 1048E+(Q3
Brine flow rate [ni/h] 628 628 654 666
Brine concentration [g/L] 57.6 57.6 55.4 54.4
Fresh water flow rate [ffh] 421 421 395 383
Fresh water concentration [g/L] 0.339 0.339 0.211 226
Recovery rate [%] 40.1 40.1 37.6 36.4
As concentration in fresh watg
1.400E-05 1.020E-05 6.417E-06 | 9.333E-06

[9/L]
B concentration in fresh water [g/L 4.500E-04 4.500E-04 3.000E-04 | 3.000E-04
Elect. energy consumption [KWh/H] 2206 2206 2577 o2
Gv [Kg/h](c) / / / 9327
Primary Energy (PE) [Mcal/h] (d) / / / 7462

uantity of energy required per’m
Q Y 9 red P 5.24 5.24 6.53 28.4/5.76
of fresh water produced [KWhAn

uantity of energy required per’m
Q Y 9 red P 2.69 2.69 3.70 25.6/2.96
of fresh water produced [KWh/jf
Unit cost [$/m] 0.614 0.616 0.740 | 0.967/0.797
Unit cost [$/m’] 0.398 0.399 0.50 0.729/0.559
Wu [KJ/h] 7.942E+06|  7.942E+06 9.279E+06  7,942E406
W TKJ/h] 0 0 0| 4,950E+0¢
Dex [KJ/h] -1,972E+04 -1,972E+04 -1,973E+D4 1,1604&+
RsTo [KJ/h] 7,962E+04 7,962E+(06 9,298E+H06 1,288E+07
RsTo [KJ/hY 7,962E+06 7,962E+06 9,298E+06 7,930E+P6

(a) If Pelton turbine is used as energy recoveoge
(b) If thermal energy is available in the planttloe stream is already at the operating temperatutiee

MD unit.

(c) The term G represents the steam mass flow required to warthaimD feed flow rate.
(d) PE represents the energy supplied by fuel caetitouto produce thermal energy.

The values reported in Table 13 clearly show timdy the two integrated systems RO-
RO and RO-MD allow to obtain fresh water with boeord arsenic concentration below
the WHO and EPA maximum recommended values. Moredkie achieved desalted
water cost for the third flow-sheet with Peltonbime like energy recovery system is in
good agreement with the corresponding values (0.85-$/nf) found in literature [14].
For what concerns energy consumption and water tustsystem with MD unit (the
fourth) has the higher energy demand due to thentate flow rate which has to be
heated. However, in membrane distillation the resglioperating temperature is much
lower than that of a conventional distillation cmlo because it is not necessary to heat
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the process liquids above their boiling temperaufderefore, low-grade, waste and/or
alternative energy sources, such as solar and gy@o#th energy, can be coupled with
MD systems for a cost and energy efficient liquegaration system. As a consequence,
if the water streams are already available ateéhgperature needed for carrying out the
MD operation or thermal energy is available in gt@nt, the energy requirements, the
entropic losses and the desalted unit water costhef RO-MD process decrease
reaching competitive values with those of the ofirecesses.

Further improvements in membrane distillation pescand, as a consequence, in water
cost, can be achieved through the reduction ohifjle cost of MD membrane modules.
This is due to the fact that, currently, there ilaek of commercially available MD
units. The membranes used in most of the MD studresusually manufactured for
other processes (i.e. microfiltration) rather th@anMD. The need for new membranes,
manufactured especially for MD purposes, have beedely accepted by MD
investigators, also if the required features to Mfembranes are met with the
commercially available membranes. The new membrahnesld have to improve trans-
membrane fluxes, through minimizing of boundaryelayheat and mass transfer
resistances. Moreover, for potential commercialliappons of MD technology, larger
membrane modules, with the effective required serfarea, should have to be
investigated.

Merely through a more intensive and focused reseaffort both in experimentation
and modelling, and through the construction oftpilants for scale-up studies, it will
be possible to have, in future, the production #mel commercialization of larger
modules, expressly designed for MD applicationsaratterized by a higher trans-
membrane flux and, therefore, by a lower total cbshe process.

7. Analysis of water systems through the use detrics

The proposed flow-sheets have been analyzed atsogh the use of the following
metrics(seeChapter 3 — section fbr more details about metrics).
Total mass(seawater+reagents)
Massof product (fresh water + salts)’
Total waste .
Massof product (freshwater + salts)’
Total processnergy(electrical +thermal)
Massof product (fresh water + salts)

1) Massintensity =

2) Wastelntensity =

3) Energy Efficiency =

Table 14 shows the value of the quantitative indisafor the proposed membrane
systems.
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Table 14 Metrics for the three proposed flow-sheets.

RO RO-OX RO-RO RO-MD
Mass Intensity kool 5495 2405|2663 2744
Waste intensity kolkal 0861 00861 00021  0,0049
Energy efficiency MIKAl 50189 00189 00236  0,1026
Energy efficiency (a) [MJ/kg] 0,0208
Energy efficiency with Pelton turbine [MJ/kg] 0.0097 0.0097 00133 0.0925
Energy efficiency with Pelton turbine (a) [MJ/kg] 0,0107,
Cost [Bimfreshwater] o 5149 06157 07306  0.9670
Cost (a) [$/n? fresh water] 0,7969
Cost with Pelton turbine [$/fresh water | 0,398 0,399 0,499 0,729
Cost with Pelton turbine (a) [$/fresh water] 0,559

(a) if thermal energy is available in the plantloe stream is already at the operating temperatutiee
MCr unit.

The achieved results agree with those obtainedugiirahe exergetic and economic
analyses. In fact they show that thermal energys@mption is one of the items that
more influences water cost: in the flow sheets outhMD unit, the presence of the
Pelton wheel, as Electrical Energy Recovery Devisesufficient to reduce energy
consumption and, then, desalted water cost; insgis¢em with MD, instead, thermal
energy is the term that more influences energy, aogact the introduction of a Pelton
wheel leads to a low reduction of the plant enegfficiency and water desalination
cost. In order to observe a substantial reductioplant energy efficiency and water
cost, thermal energy has to be already availabilearplant.

8. Conclusions

In this work a variety of membrane processes haenlevaluated for their ability to
reject both boron and arsenic.

The successful application of membrane technologthé¢ As removal from drinking
water will depend upon matching the proper membranéhe characteristics of the
feed-water: if arsenic in the feed-water is prityampresent as As(lll), only RO
membranes or tight NF membranes appear to be aldastain high rates of arsenic;
pre-oxidation of As(lll) to As(V) followed by NF nyaachieve high rates of arsenic
removal; As(V) can be effectively treated by RO aN#&; an integrated NF/RO
membrane system, in which the feed water is firgthated with a NF unit and its
permeate is sent to a RO unit, allows to obtaimgeaite streams with As concentration
below the maximum recommended limit also treatimgdf water with As total
concentration equal to 3000 ppb.

In the present work also the potentialities of bbb and an integrated membrane
desalination system RO-MD have been analyzed. Kperamental tests proved that
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MD is a promising technology for the total borordaarsenic removal from water. In
fact, by treating polluted aqueous solutions wittiviB plant, the obtained permeate
samples were completely devoid of the dangerousaotnants. MD operation has
another important advantage: it allows total B &sdremoval from water without the
use of chemical agents which results in less enmental impact.

The use of energetic, exergetic and economic agslixsve shown that, if the water
streams are already available at the temperatueelede for carrying out the MD
operation or thermal energy is available in thenpléhe energy consumption and unit
water cost of the RO-MD process decrease reaclongpetitive values with those of
the other processes.

From this analysis, adoption of the integrated nmraimé systems appears an interesting
possibility for improving desalination operationsdameeting the increasing pure water
demand.
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General conclusions

The aim of the work presented in this thesis hanlte analyze the potentialities of
different integrated membrane systems for seawdgsalination and to check,
experimentally, the performance of membrane criyatdilon technology particularly
for reducing the brine disposal problem and foreasing the recovery factors of the
desalination plant.
In order to reach the first goal, seven differdatwvfsheets have been analyzed. In each
of them, except for the first (FS1) constitutedyoy the RO unit, different membrane
operations have been integrated: RO operates ogpelfkeate in FS2; both MF and NF
have been introduced for feed water pre-treatmedtlead reduction to the following
reverse osmosis unit in FS3. In the remaining fibowv sheets, at the basis process
represented by FS3, a membrane crystallizer (M@s) leen added. It has the task to
increase the quantity of desalted fresh water coatbito solid salts production: MCr
operates on NF brine in FS4, on RO brine in FS®H ba RO and NF brine in FS6. In
the last flow sheet (FS7), MCr has been introduoadNF brine while membrane
distillation (MD) operates on RO brine.
A first comparison of the achieved results has shawcontinuous improvement in the
qguality of the produced desalted water when mendoperations are used as RO pre-
treatment (that means shifting from FS1 to FS3):

v the presence of MF provides an NF/RO feedwaterooidgquality in view of

lower capital and operating cost;
v the introduction of NF allows to increase up to 52% recovery factor of the
coupled system NF+RO without scaling problems.

The introduction of a MCr unit as RO post-treatmesmt one or on both retentate
streams, as well as the presence of MD, has iretlealant recovery factor so much to
reach 92.8% in FS6, higher than that of a RO wbb(t 40%) and much higher than
that of a typical MSF (about 10%). However, thespreee of MD and/or MCr has
allowed not only to increase the recovery factat, &lso to extract the salts naturally
present in the concentrated streams of the desalinglants thus decreasing brine
disposal problem and its negative environmentabictg
Energetic and exergetic analyses have been usedién to establish, respectively, the
energy requirements of the membrane integrate@msgsand their exergetic efficiency
evaluated in terms of entropic losses.
From an energetic point of view, FS1, FS2 and F8%egsses use only electrical
energy. The introduction of MCr and/or MD (in F§45, FS6 and FS7) introduces a
thermal energy requirement (PE), due to the reteritaw rate which has to be heated
and which increases the global energy demand. Hemyef/ the water streams are
already available at the temperature needed foyiogrout the MCr/MD operation or
the thermal energy is available in the plant, ttienenergy requirements of the last four
integrated systems decrease, reaching competitaleey with those of the other
desalination processes.
The exergetic comparison of the proposed systermsihawn that, FS1, FS2 and FS3
exergetic efficiencies are interesting becauser tberiropic losses are moderate with
respect to the other flow sheets; in the last foases, instead, the presence of MCr
and/or MD increases exergy destruction. In gendmgher is the flow rate to heat,
higher are the entropic losses; in fact the totargy destroyed and transformed in
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irreversible production of entropy reaches the égjlvalue in FS6 and FS7, where both
retentate streams have to be heated. However,l ith@lproposed flow sheets the
entropic losses are reduced when thermal energyeiady available in the plant.

The use of exergy destruction distribution has aBowed to identify the sites of
greatest losses in the proposed desalination sgst€he primary locations of exergy
destruction have been (i) the membrane moduleshicshathe saline water is separated
into the brine and the permeate and (ii) the thngttvalves where the pressure of liquid
is reduced. Meanwhile there is nothing that cardbee to eliminate or decrease the
exergy lost in the membrane module, the most redderand practical way to increase
efficiency or reduce the power input of the plaigingicantly has been shown to be
replacing the throttling valves on the brine strdaman energy recovery system (like a
Pelton turbine or a pressure exchanger systemkeTltievices lead to a reduction of the
energy consumption because they transfer the Ipriessure to the low-pressure feed
water, while discharging the brine at low pressiitee analysis of the alternative design
has been based always on the exergy analysisslb&an seen that the process that
more gains profit from the use of an ERD is FSlabse is in this system that the
turbine or the pressure exchanger, working with liighest RO retentate flow rate,
permits to have the major reduction of energetiuimement. Exergetic efficiencies of
the integrated systems with MCr unit are lower tttzose of the systems without MCr
unit; this is due to the increase of exergy inketduse of the thermal exergy necessary
to heat the retentate streams.

In any case, exergetic efficiency of membrane desidn systems is greater than that
of thermal systems (such as MSF) which are highigversible and with exergetic
efficiencies in the range 1.12 ~ 10.4% due to g Bnergy consumption.

The economical evaluation of the analyzed flow shd®s been made in order to
determine the unit cost of fresh water produced #uedgain for the salts sale. The
achieved results have shown that fresh water codower than that of thermal
desalination processes (about 1.5%/and ranges from 0.39 $rfor FS3 with Pelton
turbine like energy recovery system, to 0.74 %fon FS7 if the gain for the salts sale is
not considered. The higher water cost in the iatesgt system with MCr module is due
to the thermal demand of the unit and to the anme&ahbrane replacement cost. In fact,
only when thermal energy is available in the plam possible to observe a significant
reduction in water cost. However, through the uté¢he MCr, the quality and the
guantity of produced crystals are high enough thatgain for the salts sale can cover
more than entirely the cost of desalination processticularly in the case of FS6.
Therefore, the overall desalination process becoresy attractive also from an
economical point of view.

However, the estimation of water cost and energyngais an important but not a
determining factor for the use of these operati@@ne other aspects, such as those
related to the environmental impact of the dest@ibngplants, must be considered.

The possibility of designing innovative processasda on the integration of different
conventional pressure driven membrane separatiots with membrane contactor
technology is proved to be quite attractive alsa &gy for increasing the performance
of the water purification processes, in particditarboron (B) and arsenic (As) removal
from polluted water. The successful application mémbrane technology for the
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removal of these pollutants from drinking water elegls upon matching the proper
membrane to the characteristics of the feed-water:
v if arsenic in the feed-water is primarily presestfas(lll), only RO membranes
or tight NF membranes appear to be able to sustginrates of arsenic;
v pre-oxidation of As(lll) to As(V) followed by NF nyaachieve high rates of
arsenic removal,
As(V) can be effectively treated both by RO and NF;
the application of MD allows to achieve the totardn and arsenic removal
from water without the use of oxidant agents whioksults in less
environmental impact;
v the integrated water treatment system constituted RO step followed by a
MD stage permits to produce fresh water with bagiad arsenic concentration
equal or less than the recommended values by EBAMGHO when only 36.4%
of RO permeate is treated in the MD unit, while therent water treatment
plants use RO systems with two pass-stages wheteedf" stage RO permeate
must be treated in thé“RO stage.
The comparison of four different membrane basedesys for water purification (the
first constituted only by RO; the second by a pxetation step followed by a RO
operation; the third uses RO systems with two gé&ges; the forth constituted by a RO
stage followed by MD) has shown that only the twtegrated systems RO-RO and
RO-MD allow to obtain fresh water with boron andgemnic concentration below the
WHO and EPA maximum recommended values. Moreovetthermal energy is
available in the plant, the energy consumption tieddesalted unit water cost of the
RO-MD process decrease reaching competitive valithsthose of the other processes.
Therefore, adoption of integrated membrane systppgars an interesting possibility
not only for improving desalination operations, bigo for meeting the increasing pure
water demand.

v
v

In the present work, an extensive experimental @las been also carried out in order
to check the good operation of the membrane chiggablnd to test its potentialities for
the exploitation of some components contained aws¢er. The experimental tests have
also allowed to test fluid-dynamic effect on menm@arystallization operation and, in
particular, on trend of solvent transmembrane fumd crystals growth rate. Crystals
distribution has been characterized by the coefficiof variation (CV) and middle
diameter @. Moreover, the distribution of crystal dimensionsicleation and growth
rate have been studied as a function of the retemitme and slurry density. The kinetic
parameters, investigated by using a mathematicaleifor continuous crystallizers of
the mixed-suspension or circulating-magma type,ehbgen joined in a power law
relation describing the nucleation rate of thessak a function of the growth rate and
magma density.

The evaporative crystallization of sodium chlorate epsomite from aqueous solution
of these salts has been used as vehicle for prelipmiexperimental study. The interest
for NaCl and for MgS®7H,0 crystallization is due to the fact that they ianslved in
sea and brackish water desalination processes.

The achieved results have shown that transmemlbi@nercreases with retentate flow
rate and temperature. Therefore, the time for negckupersaturation and crystals
formation decreases when these parameters riseolthmed CVs are lower than those
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from conventional equipments and are therefore actaristic of narrow crystal size
distributions and of qualitatively better produdisr what concerns the achieved kinetic
parameters, they are in substantial agreement thibse reported in literature for
conventional crystallizers. Of course, also somalkdiscordances are present because
of the differences in the hydraulic characterist€she compared crystallizers and due
to the presence, in the MCr, of a membrane thatawgs the nucleation process.
Moreover, the experimentally determined crystalewgh rate has shown that the
presence of other ions accelerate kinetic rateagINrystallization while the presence
of humic acid (the main component of the Naturaj@ic Matter contained in waters)
in NF retentate inhibits crystals growth rate.

From here the necessity to optimize the pre-treatnséeps in order to control the
crystallization kinetics that are linked with thatare and the amount of the foreign
species existing in the highly concentrated bremegrging from the NF and RO stages.
These substances, besides causing fouling on RObraess, can easily hinder the
crystallization kinetics, thus leading either toe tltessation of growth or to the
production of a product exhibiting inferior, undesl properties.

In conclusion, the use of membrane crystallizatbton NF and/or RO brine and the
choice of a suitable NF/RO pre-treatment can dffier possibility to utilize the added
value of the retentate streams of the desalingpiamts, increasing plant recovery
factor, reducing brine disposal problem and itsimmental impact, and producing
solid materials of high quality, whose structureges, shapes and habits can be
adequate to represent a valuable by-product, wamgig the traditional brine disposal
cost in a new and potential profitable marketslexpected that, in the next future, all
the different available membrane operations, frommore traditional pressure driven
units (as RO, NF, UF, MF), to the membrane reac(MBR), to the membrane
contactors (Membrane Distillation and Membrane Giiger), will be considered for
realizing new integrated water production, purifica and reuse processes. These
systems are able to solve problems from water tyadi brine disposal, to water costs,
to recovery factors, etc. The success of thiseggathowever, requires the realization of
the complete advanced integrated water system woitp the 3PE and Process
Intensificationapproach along all the lines, from the RO pretineat to the RO post-
treatment steps.
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Attivita scientifica del triennio

SCUOLE
1) Partecipazione all&XIll EMS Summer School on Membranes, 3-6 September
2006, Prague.

LISTA PUBBLICAZIONI su RIVISTE INTERNAZIONALI
1) E. Drioli, E. Curcio, G. Di Profio, F. Macedoni@. Criscuoli, Integrating
Membrane Contactors Technology and Pressure-DrMembrane Operations for
Seawater Desalination: Energy, Exergy and Cost ysigl Chemical Engineering
Research and Design, 84 (A3) (2006) 209-220.

2) F. Macedonio, E. Curcio, E. Driolintegrated Membrane Systems for Seawater
Desalination: Energetic and Exergetic Analysis, Bwmmic Evaluation,
Experimental StudybDesalination203 (2007) 260-276

3) F. Macedonio, G. Di Profio, E. Curcio, E. Dridintegrated Membrane Systems
for Seawater Desalinatigribesalination, 200 (2006) 612-614.

4) F. Macedonio, E. DrioliPressure-driven membrane operations and membrane
distillation technology integration for water pudétion, Desalination, 223 (2008)
396-409.

5) Efrem Curcig Sulaiman Al-Obaidani, Francesca Macedonio, GianicBrofio,
Silvia Gualtieri, and Enrico DrioliAdvanced Membrane Systems for Seawater
Desalination. Kinetics of Salts Crystallization fmo RO brines Promoted by
Polymeric Membraneskorean Membrane Journal, Vol. 17. No 2 June, 2037

98.

6) Al Obaidani S. , Curcio E. , Macedonio F. , Dofo G. , Al Hinai H. , Drioli E. ,
Potential of Membrane Distillation in Seawater Disation: Thermal Efficiency,
Sensitivity Study and Cost Estimatialournal of Membrane Science, 323 (2008)
85-98.

7) Annarosa Gugliuzza, Marianna Carmela Acetonégaca Macedonio, Enrico
Drioli, Water Droplets as Template for Next-Generation -8s#embled
Poly-(etheretherketone) with Cardo MembrangsPhys. Chem B, 112 (34), 10483-
10496, 2008.

CAPITOLI di LIBRI
1) Capitolo dal titolo  "Integrated Membrane  Operasi In
Water Desalination”, facente parte del libro "Peiaen, Pereira Nunes (Eds.:):
Membrane Technology, Vol. 4", casa editrice WILEYGM Weinheim|n press.
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LISTA PUBBLICAZIONI su ATTI di CONVEGNI INTERNAZIONALI
1) Partecipazione BuroMed 2006 Desalination Strategies in South Megthinean
Countries, May 21-25, 2006, Montpellier, Fran@®n il seguente lavoro accettato
come presentazione oralee pubblicato sugli atti del convegndntegrated
Membrane Systems for Seawater Desalination: Eniergetd Exergetic Analysis,
Economic Evaluation, Experimental StuelyMacedonio, E. Curcio, E. Drioli.

2) Partecipazione Advanced Membrane Technology Ill: Membrane Enginger
for Process Intensification, June 11-15, 2006, @et(Calabria), Italy con il
seguente lavoro accettato copustere pubblicato sugli atti del convegno:
Integrated Membrane Systems for Seawater Desalmdti Macedonio, G. Di
Profio, E. Curcio, E. Drioli.

3) Partecipazione &€HISA 2006, 1% International Congress of Chemical and
Process Engineering, 27-31 August 2006, PragueciCERepublic con il seguente
lavoro accettato compresentazione orale pubblicato sugli atti del convegno:
Membrane-Based Systems for Seawater Desalinatioalysis and Comparisof,.
Drioli, F. Macedonio, E. Curcio, G. Di Profio.

4) Partecipazione Aetwork Young MemBrains, 8th Meeting, September 23,
2006, University of Calabria, Arcavacata di Rendealy), con la seguente
presentazione oralpubblicata sugli atti del convegnconomical Evaluation and
Sustainable Metrics: two techniques for evaluatiwogv much a desalination system
is a reliable and sustainable desalination progéssviacedonio.

5) Partecipazione Buromembrane 2006, 24-28 September 2006, Taorrahg,

con il seguente lavoro accettato come poster, maiblsugli atti del convegno e
con cui é statainta la sessione postdntegrated Membrane Systems for Seawater
Desalination F. Macedonio, G. Di Profio, E. Curcio, E. Drioli.

6) Partecipazione ab™ Italy-Korea Workshop on “Membranes and membrane
Processes for Clean Environment”, 29-30 Septenf6, Giardini Naxos —
Taormina- Italiacon la seguente presentazione orAldvanced membrane systems
for sea water desalinationifrem Curcio, Enrico Drioli, Gianluca Di Profio,
Sulaiman Al-Obaidani e Francesca Macedonio.

7) Partecipazione ATSE National Symposium, Sidney, Australia, 20-@ielber,
2006 con il seguente lavoro accettato copnesentazione orale pubblicato sugli
atti del convegnoNew Integrated Water Treatments and Production Mdde City
Planning F. Macedonio, E. Drioli.

8) Partecipazione dnternational Conference and Exhibition on Water &

Wastewater Treatment (Asia Pro Eco Project InnoveasuRs), 01-04 April, 2007,
Sylhet, Bangladeslton il seguente lavoro accettato copustere pubblicato sugli
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atti del convegnoMembrane Distillation Technology for Water Purificm, F.
Macedonio, S. I. Mozumder, T. Uddin, A. Criscudi,Drioli.

9) Partecipazione &onference on Desalination and the Environment,kidal,
Greece, April 22-25, 20Q7con il seguente lavoro accettato copresentazione
orale e pubblicato sugli atti del convegnBressure-driven membrane operations
and membrane distillation technology integration ¥eater purification Francesca
Macedonio, Enrico Drioli.

10) Partecipazione adsian Conference on Desalination & Water Reuse 2007
Qingdao, China, July 4-6, 2007con il seguente lavoro accettato come
presentazione orale pubblicato sugli atti del convegnBrogresses in Integrated
Membrane Operations for Desalination and Wastewdr@atment Enrico Drioli,
Francesca Macedonio.

11) Partecipazione adsian Conference on Desalination & Water Reuse 2007
Qingdao, China, July 4-6, 2007con il seguente lavoro accettato come
presentazione orale pubblicato sugli atti del convegnidembrane Distillation as

a Viable Optino for Seawater Desalinatioifrem Curcig Sulaiman Al-Obaidani,
Francesca Macedonio, Gianluca Di Profio, EnricaDri

12) Partecipazione a#turopean Congress of Chemical Engineering (ECCE-6),
Copenhagen, Denmark, September 16-20, 2@07 il seguente lavoro accettato
come keynote e pubblicato sugli atti del convegn®rogresses on Seawater
Desalination and Wastewater Treatment in the LagficProcess Intensification
Strategy Enrico Drioli, Francesca Macedonio.

13) Partecipazione alMSTEC 07, The 6th International Membrane Science a
Technology Conference, University of New South SYalydney, Australia,
November 5 - 9, 200%¢on il seguente lavoro accettato cokegnotee pubblicato

sugli atti del convegnolntegrated Membrane Systems for Water TreatmEnt
Macedonio, E. Curcio, G. Di Profio, E. Drioli.

14) Partecipazione atDA Forum 2007, Tokyo, Japan, Novembef, 12007 con il

seguente lavoro accettato comeesentazione oralee pubblicato sugli atti del
convegno: Advanced Membrane Research in Desalination and WRgxycle,
Enrico Drioli, Francesca Macedonio.

15) Partecipazione aAll India Conference on "Zero Effluent Dischargetdst
Development in Recycling”, Kolkata, India, Decem®2+23, 2007 con il seguente
lavoro accettato compresentazione orale pubblicato sugli atti del convegno:
Progresses in Membrane Processes for the Ratiataliz of Industrial
Productions and Waste Water Treatmédririco Drioli, Francesca Macedonio.

16) Partecipazione al 5th Chemical Engineering €amrfce for Collaborative

Research in Eastern Mediterranean Countries, @etitatia, 24-28 Maggio 2008,
con il seguente lavoro accettato coptestere pubblicato sugli atti del convegno:
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Crystals Recovery from NF Retentate Streams thradgmbrane Crystallizer
DevicesF. Macedonio, Ji Xiaosheng, E. Drioli, E. Curcia, @ Profio.

17) Partecipazione a "IFMSTED 2008 Asian-Pacifimfeoence on Desalination &
Water Reuse", Qingdao, China, May 28-30, 2008, iteaguente lavoro accettato
come presentazione orale pubblicato sugli atti del convegno (pp. 326-329)
MF/NF/RO and Membrane Crystallizers for seawatesali@ation, F. Macedonio,
E. Curcio, G. Di Profio, E. Drioli.

18) Partecipazione a Membranes in Drinking WateydBction and Wastewater
Treatment, Toulouse, France, October 20-22, 2008 ilcseguente lavoro accettato
come presentazione orale pubblicato sugli atti del convegnBxperimental and
economical evaluation of a membrane crystallizanplF. Macedonio, E. Drioli, E.
Curcio, G. Di Profio.

LISTA PUBBLICAZIONI su ATTI di CONVEGNI NAZIONALI
1) Partecipazione al Convegno GR.I.C.U. 2008, Letéla (KR), Italia, 14 - 17
Settembre 2008, con il seguente lavoro accettatepostere pubblicato sugli atti
del convegnoApplicazione dei Sustainable Metrics per I'’Analidei Sistemi nella
Logica del Process IntensificatignF. Macedonio, E. Drioli.

PREMI
v' Award for poster presentation, ricevuto nel corsellad conferenza
Euromembrane 2006, 24-28 September 2006, Taorritedg, per il seguente
lavoro: Integrated Membrane Systems for Seawater Desadimef. Macedonip
G. Di Profio, E. Curcio, E. Drioli.

ALTRE ATTIVITA’ di ORGANIZZAZIONE e RICERCA SCIENTFICA
v' Coinvolta nelle attivita di ricerca nell’lambito derogetto Membrane-Based
Desalination: An Integrated Approach (acronym MEB)N finanziato
dall'Unione Europea nell'ambito del™6Framework Program come Specific
Targeted Research Project, presso il Dipartimentogegneria Chimica e dei
Materiali, Universita della Calabria, Rende (CS).

v' Coinvolta nelle attivita di ricerca nell’ambito detogettoExpanding membrane
macroscale applications by exploring nanoscale matgroperties (acronym
NanoMemPro) finanziato dall’'Unione Europea nell’lambito dé! Bramework
Program come NOE, presso I''TM-CNR c/o Universi@lla Calabria, Rende
(CS).
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